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Abstract
Recently, the chemical industry is a growing field in the application of membranes, which,
however often requires membrane materials with exceptional stability. Membranes have
gained an important place in chemical technology and are used in a broad range of
applications. In the last few decades the use of membrane technology has grown significantly
also in wastewater treatment. Nanofiltration has proven to be a very effective method for the
removal of wide variety of organic and inorganic compounds from wastewater. Also reverse
osmosis can be considered as the state of the art in wastewater treatment. In case of process
water treatment e.g. dehydration of water containing solvents, pervaporation can offer a good
solution. Certainly other membrane technologies can also be applied in wastewater treatment
but this study is focused on pervaporation, nanofiltration and reverse osmosis.

The primary goal of this dissertation is to study whether pervaporation is suitable for the
treatment of organic solvents and verify the applicability of modified Rautenbach model for
the pervaporation transport. Due to industrial considerations isopropanol is chosen as volatile
organic solvent, and the dehydration of isopropanol-water mixtures are investigated with
pervaporation. The effects of temperature and water concentration of the feed are studied. The
modified solution-diffusion model of Rautenbach, which is verified earlier for the
pervaporation of ethanol-water mixtures, is used for modelling the pervaporation of
isopropanol-water mixtures. The model parameters are set to experimental data with the helps
of two different softwares: the GAMS Software Package and Microsoft Excel Software. The
comparison of the results of the two different modelled and measured permeate fluxes shows,
that the parameters determined by Excel is in better agreement with measured fluxes in case
of mixtures with low water concentration, than that of modelled fluxes using the GAMS
parameters. On the whole concentration range examined, the modelling, which uses the
parameters set by GAMS gives a good agreement with the measured fluxes. The modelling
shows that the model is in good agreement with the measured fluxes at low water containing
feed mixtures, which is important of the point of view of dehydration of azeotropic mixture.

The secondary goal is to investigate: nanofiltration and reverse osmosis of heavy metal
containing test process waters. The measured permeate fluxes are modelled using several
models. Solution-diffusion model is applied at first, and the parameters of the flux calculation
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are set to the experimental data. A simplification for the determination of the product of
diffusion and sorption coefficient of minor component, assumed by Baker is examined, and
theoratically and experimentally verified that the assumption is valid for salts as minor
components.
Secondly, the resistances in series model is studied, and the objective of this aim is to
determine the parameters which have influence on the fouling resistance included in the
resistances in series model and to obtain the relationship between them. An equation is
derived by dimensional analysis for the calculation of fouling resistance. The derivation
proves that the transport through the membrane is influenced by hydrated ionic diameter of
the components. In case of the modelling, the influence of cation composition is studied in
presence of the same anion, so all the constant parameters are included in one term.

The treatment of wastewater streams containing low amount of volatile organic compounds is
still quite difficult to handle. Therefore the third aim of the dissertation is find a treatment
procedure for a wastewater from pharmaceutical industry. In this work an alternative solution
for a given wastewater is offered, presenting a hybrid separation process. The hybrid
separation process consists of the following steps: i) conventional filtration to remove solid
particles; ii) rectification to clean the wastewater from volatile organic content; iii)
nanofiltration or reverse osmosis to concentrate the not biodegradable components.
A novel hybrid treatment method for the treatment of a given wastewater from pharmaceutical
industry is designed.

The chemical stability of membranes limits their applicability in waste- and process water
treatment. The chemical compatibility of membranes given by the membrane producer always
has to be taken into account. However, in most cases the compositions of waste-, and process
waters are not known and the applicability of membranes for each waters need to be
determined. The fourth aim of the work is to study the applicability of membranes at
extremely different conditions on a bench-scale continuous flow apparatus are investigated. It
is verified that commercially available membranes can be applied at extremely different
conditions, and they can keep their mechanical stability and rejection character, too.
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1 Introduction
1.1 Motivation
The chemical industry is arguably the most successful and diverse sector of the manufacturing
industry. The range of chemical products in today’s society is enormous and these products
make an invaluable contribution to the quality of our lives. The increasing population,
however, demands larger quantities of chemical products, but the questions to be answered is:
whether the growth and further development is sustainable? The now commonly accepted
definition of sustainable development is:
“Development which meets the needs of the present without compromising the ability of
future generations to meet their own needs.”
This definition includes that, it is our responsibility to provide healthy but economically
developed environment for the next generations. Sustainable development is accepted by
governments, industry and the public as a necessary goal for achieving the desired
combination of environmental, economic and societal objectives. The challenge for chemists
and chemical engineers is to develop new products, processes and services that achieve all the
benefits of sustainable development. This requires a new approach whereby the materials
and energy input to a process is minimized and thus utilized at maximum efficiency. The
dispersion of harmful chemicals in the environment must be minimised or, preferably,
completely eliminated. We must maximize the use of renewable resources and extend the
durability and recyclability of products, and all of this must be achieved in a way that
provides economic benefit to the producer (to make greener product and process
economically attractive) and enables industry to meet the needs of society. The greening of
chemistry and chemical industry is a long-lasting process, which is started at the end of the
twentieth century. The term “green chemistry” is becoming the world-wide term used to
describe the development of eco-friendly, sustainable chemical products and processes. The
principles of sustainable development and green chemistry can be summarized with ensuring
that:
•

Zero emission technology if possible; and the maximum amounts of raw materials are
converted to useful product (atom economy)

•

Production of wastes is minimized (solvent recovery; waste/process water treatment
with so-called clean technologies)
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•

Recovery and recycling of used natural resources, raw material or processed raw
material

•

Production of renewable raw materials and energy, and use of renewable feedstocks

•

Processes are designed to be inherently safe.

The greening of the chemical industry, as it is mentioned above, is a long-lasting process; and
the production technologies cannot be changed dramatically in a short term, so the attention is
focused on the treatment of wastes.[1] Achieving the goals of green chemistry and green
technology, a complex coalition of forces is needed, in which technology, society,
governments and industry play an important role. Environmental management is developed,
which establish connection between technology & industry and government, in order to
provide sustainable development.
Several environmental policies have been created for the different technologies to
provide clean air, drinkable water, less waste, less wastewater etc.
The frame of an efficient environmental policy is influenced by lots of parameters, e.g. the
state of the economy of the country, the political approach, the state of the environment, the
attitude of citizens and international connections. According to the aims, the chosen
techniques, and measures; different environmental policies exist and the principles of them
are different. The types of the environmental policies are as follows:
•

Remedial environmental policy

•

Effect-oriented environmental policy

•

Source-oriented environmental policy

•

Preventive environmental policy

The selection of the appropriate environmental policy is a complex decision. The main
objective is the environmental protection, taking into account economic, political,
management, and other aspects. The frames of integrated pollution prevention and control are
also needed to be integrated into the selection. [2]

IPPC (Integrated Pollution Prevention and Control) and BAT (Best Available
Techniques)
European Community framed the COUNCIL DIRECTIVE 96/61/EC concerning integrated
pollution prevention and control. The objectives and principles of the Community's
environment policy consist in particular of preventing, reducing and as far as possible
eliminating pollution. The objective of an integrated approach to pollution control is to
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prevent emissions into air, water or soil wherever this is practicable, taking into account waste
management, and, where it is not, to minimize them in order to achieve a high level of
protection for the environment as a whole. The directive is harmonized by the Hungarian
legislation as 314/2005. (XII.25.) decree.
In lot of cases the preventive environmental policy cannot be applied, since the
production technologies cannot be changed basically, so the attention is focused on the
treatment of wastes. The Directive also proposes to reduce the emissions by using the best
available techniques, but there’s no prescription for the use of one specific technique or
technology. Several techniques are available attaining the aim of preventing or reducing
pollution. “Available” means that the technology is applicable in the industry from the point
of views of technology and economics. The “best” refers to the efficiency of the technique.
BREF, the Best Available Techniques Reference Documents give templates for each sector
of the industry, and align the techniques should be used for the treatments and also for the
prevention of emissions. It serves as information and guidance for regulators within the
procedure of issuing permits to chemical installations. The document offers guidance for
anyone preparing an application for an integrated permit, preparing a decision concerning the
issue of an integrated permit and for operators of installations subject to integrated prevention
regimes in the course of their performance of obligations ensuing from EU Directive
96/61/EC concerning integrated pollution prevention and control. On the website of European
Integrated Pollution Prevention and Control Bureau the BREF documents of each sector are
available: http://eippcb.jrc.ec.europa.eu/pages/FActivities.htm.
The Technical Working Group (TWG) of Common wastewater and waste gas
treatment and management in the chemical sector organized a meeting in 1999 in Sevilla, for
the purposes of information exchange under Article 16.2 of the Council Directive 96/61/EC
concerning Integrated Pollution Prevention and Control. As a result of the meeting a
consensus about the outline of the BREF was created. The scope of the wastewater/waste gas
horizontal document is to be helpful in the decision which treatment system is to be installed
or which steps are to followed in implementing a wastewater/waste gas management system
that obeys the demands of the IPPC-Directive in article 1 under consideration of Annex IV of
the Directive. The existing CWW BREF was finalized in 2001 and formally adopted by the
European Commission in 2003. The TWG on the review of the Reference Document on BAT
in Common Wastewater and Waste Gas Treatment/Management Systems in the Chemical
Sector (the CWW BREF), held its first plenary meeting in Seville, Spain on 16 – 18 June
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2008. The revised CWW BREF gives a list of Techniques to consider in the determination
of BAT assorted to individual and combined treatment techniques.
BREF document names techniques commonly used in or applicable to the chemical industry.
Wastewater and waste gas management is a cross-sectional problem relevant to the entire
chemical industry. The document mainly addresses the use of wastewater and waste gas
treatment technologies commonly used in or applicable to the chemical sector, including
sewage sludge treatment technology, if used in the chemical industry. Aside from various
treatment technologies, it also includes the use of environmental management systems and
instruments, which should make it possible to achieve optimum prevention and reduction in
waste production.
Because of the complexity of the European chemical industry sector, eight BREFs have
been elaborated to cover the entire sector and the CWW BREF is the only one of this series of
chemical BREFs, which covers horizontal aspects of wastewater and waste gas treatment. The
other seven chemical BREFs (called 'vertical' BREFs because they only cover a part of the
whole chemical sector) are:
•

Chlor-Alkali (CAK) BREF

•

Large Volume Inorganic Chemicals – Ammonia, Acids and Fertilizers (LVIC-AAF)
BREF

•

Large Volume Inorganic Chemicals – Solids and Others (LVIC-S) BREF

•

Specialty Inorganic Chemicals (SIC) BREF

•

Large Volume Organic Chemicals (LVOC) BREF

•

Organic Fine Chemicals (OFC) BREF

•

Polymers (POL) BREF.

However the IPPC prefers the prevention of emission, in many cases the emission reduction is
materialized in en-of-pipe treatment methods.
In most cases the preventive environmental policy cannot be applied, since the
production technologies cannot be changed basically, so the attention is focused on the
treatment of wastes. It is precisely so in the chemical, electrochemical industries. The
selection of the appropriate end of pipe treatment method is based on economic, social, and
environmental considerations. Membrane separation technologies are held as environmental
friendly treatment methods. Taking into consideration the economical side of the application,
in lots of cases it is advised to combine the membrane separations processes with other
physicochemical or biological treatment methods. Therefore a more effective and more
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economic treatment method can be reached. Hybrid separation processes including membrane
separation processes can offer a good alternative for wastewater reduction.
In order to prove the efficiency of membrane separation processes, the applicability of
several membrane separation processes for the treatment of wastewaters of different origin are
studied. The wastewaters are partly real and partly test wastewaters. The tested procedures are
membrane pervaporation, nanofiltration, reverse osmosis, and distillation followed by
membrane filtration. In case of the test wastewaters pervaporation and nanofiltration are
investigated, in case of the real wastewaters nanofiltration, reverse osmosis and a combined
method: distillation followed by nanofiltration or reverse osmosis is investigated.
Not only the applicability but the feasibility of membrane separation processes is an
important factor in wastewater treatment. When designing a treatment process, engineering
calculation and considerations are needed to be taken into account. Therefore it is very
important to know the appropriate models and transport equations. In case of pervaporation
the solution-diffusion model is applied, meanwhile for the simulation of filtration of heavy
metal containing solutions several models are applied. The aim of this work is to prove that
membrane separation processes and hybrid processes can be applied in wastewater treatment
and to develop a more efficient model, able to describe the separation process with fewer
experimental data than before.

1.2 Aims of the work
The aims of the present work can be classified into four groups:
I. Study the membrane pervaporation process: whether it is suitable for the treatment of
organic solvents. The volatile organic compound-water mixture chosen is isopropanolwater. The reason of the solvent choice is that a widely used herbicide is synthesized
in absolute isopropanol in the industry, therefore at the end of the synthesis watercontaining isopropanol arise in great amount. (It should be mentioned that the
electronics industry also apply isopropanol as a cleaning agent in great amount.) I
study the applicability of pervaporation for the dehydration of isopropanol-water
mixtures. The concentration of the test solutions are selected to existing industrial
needs. After the experimental work I study the modified solution-diffusion model of
Rautenbach, which is verified earlier for the pervaporation of ethanol-water mixtures
[3], whether it is suitable for modelling the pervaporation of isopropanol-water
mixtures. The experimental results then applied for the determination of transport
coefficients. Besides determining the transport coefficients the other model parameters
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are also fitted to the experimental data. The measured data are then compared to model
values.
II. The second aim of my work is to study the applicability of nanofiltration and reverse
osmosis for the treatment of heavy metal containing test process waters and model the
experimental results using several models. Implement the planning of experiments into
practice. The objective of this aim is to determine the parameters which have influence
on the fouling resistance included in the modified osmotic pressure and to obtain the
relationship between them.
III. In the pharmaceutical industry several synthesis methods are known for the production
of active ingredients. During synthesizes great amount of substantial componentcontaining wastewaters and process waters form, which are to be treated and the
substantial components are to be recycled. The third aim in my dissertation is to
design a novel hybrid treatment method for the treatment of a given wastewater from
pharmaceutical industry.
IV. The wide variety of industrial processes makes the arising wastewaters and process
waters multifarious. Membrane separation processes can offer environmental friendly
treatment methods for the arising waste- and process waters, but the question is to be
answered, whether the membranes are applicable for all types of waters. Therefore I
study the applicability of membranes at extremely different conditions on a benchscale continuous flow apparatus.

1.3 Scope and contribution
The scope of the dissertation firstly, is to prove the applicability of simplified models for the
modelling of transport through membranes (pervaporation, nanofiltration and reverse osmosis
membranes); secondly, is the demonstration of the applicability of membrane and hybrid
separation processes in the environmental engineering, herein waste- and process water
treatment.
In the field of modelling the transport through a pervaporation membrane, an actual
industrial problem i.e. solvent recovery is selected. The recovery and recycling of waste
solvents are one of the most important environmental directives of the European Union.
Dehydration of organic solvents by membrane pervaporation is applied as clean technology.
For the modelling and simulation, an earlier developed simplified model and user added
pervaporation module within the ChemCad software package is applied. On the other hand, I
established a model for the transport through nanofiltration and reverse osmosis membranes,
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which is applied then to model the membrane filtration of heavy metal containing process
waters. The successful application of simplified models verifies the designability of such
separation processes, which then help the assigns to make proper decisions for the sake of
environmental protection.
In the field of demonstration of applicability of membrane and hybrid separation
processes (see the definition of hybrid processes in chapter 2.7.3) in environmental
engineering, several waste and process waters are treated by mainly membrane filtration, but
other supplementary processes are applied. In this work a complete treatment technology is
worked out for the treatment of a given wastewater from pharmaceutical industry. It is also
proved that membranes are stable at extremely different conditions, and using membrane
separation processes can lead to such emissions, which correspond to the actual regulations.
This works aims at helping decision makers by the selection from the alternative treatment
methods.

1.4 Outline of the dissertation
To develop the objectives mentioned above in the previous section, the dissertation is
distributed into seven chapters, which are as follows:
Chapter 1 is an introduction, which includes motivation, aims of the work, the scope and
contributions, and outlines of the dissertation.
Chapter 2 introduces the theoretical background of the membrane processes examined and
gives a short overview about membrane applications in sustainable treatment technologies.
Chapter 3 describes the applied devices and membranes for the experiments. It reviews the
techniques and methods applied during the experiments.
Chapter 4 shows in all of the analytical techniques applied during the experiments.
Chapter 5 presents the dehydration of isopropanol-water mixtures by membrane
pervaporation. It details the parameter setting of the modified Rautenbach model, which is
advisable for modelling the transport through a pervaporation membrane. Then it shows the
results of modelling of the transport using the ChemCAD flow sheeting software, and the
comparison of the measured and modelled fluxes.
Chapter 6 deals with the membrane filtration of heavy metal solutions through nanofiltration
and reverse osmosis membranes. It shows the results of the experiments, and the comparisons
of measured and modelled permeate fluxes using solution-diffusion transport model. It
introduces a simplified model of another transport model, namely the resistances in series
model, which contains a newly developed term, called fouling resistance. It contains the
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derivation of the equation of fouling resistance on dimensional analysis basis. It also shows
the comparison of the measured and modelled permeate fluxes using the simplified transport
model.
Chapter 7 shows a novel hybrid treatment method, which combines the advantages of
membrane separation with other separation techniques, for the treatment of a given
wastewater from pharmaceutical industry. It presents an applicability study of membranes at
extremely different conditions, using wastewaters of different origin.
Chapter 8 comprises the major new results determined in the different studies of this work.
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2 Theoretical background
Membranes have gained an important place in chemical technology and are used for a broad
range of separation problems. The key property that is exploited is the ability of a membrane
to control the permeation rate of a chemical species through the membrane. In separation
applications, the goal is to allow one component of a mixture to permeate the membrane
freely, while hindering permeation of other components. The membrane separation processes
can be categorized based on the driving force of the process. Microfiltration, ultrafiltration,
nanofiltration and reverse osmosis belong to the group of pressure-driven membrane
processes while in case of dialysis, gas separation the driving force is the concentration
difference between the two sides of the membrane. Pervaporation and membrane distillation
belong to the third group, where the partial pressure difference of the components and
temperature play a great role in this complex mechanism of permeation. Table 1 summarizes
membrane processes and gives a short description about the types of membranes used in the
given process, the driving forces and the applicability of given membrane process.
Microfiltration is a pressure-driven process, where ideally only suspended solids are
rejected, while even proteins pass the membrane freely.
Ultrafiltration is a process where high molecular weight compounds, such as protein, and
suspended solids are rejected, while all low molecular weight compounds pass through the
membrane freely. There is consequently no rejection of mono- and disaccharides, salts, amino
acids, organics, inorganic acids or sodium hydroxide or ions.
Nanofiltration (NF) membrane rejects multivalent ions having more than one negative and
positive charge, such as sulphate or phosphate, while passing single charged ions. NF also
rejects uncharged, dissolved materials and positively charged ions according to the size and
shape of the molecule in question. The rejection of sodium chloride with NF varies from 0-50
percent depending on the feed concentration.
This effect has proven desirable for a number of applications where moderate salt removal is
acceptable since operating pressures and power consumption are significantly lowered.
Reverse Osmosis (RO) is the tightest possible membrane process in liquid/liquid separation.
Water is in principle the only material passing through the membrane, but gases can also pass
through it; essentially all dissolved and suspended material is rejected.
MF, UF, NF and RO altogether are called membrane filtration.
The most widespread application of Dialysis is the kidney dialysis. The blood and dialysate
flows in counter current by the membrane. Due to the concentration difference between the
16

two sides of the membrane the solutes and fluid pass through the membrane. Thus the high
levels of undesired minerals and chemicals within the blood are replaced by healthy levels of
these chemicals and the wastes are removed.
In case of Electrodialysis not only the concentration difference but the electrical potential
difference provides the driving for the selective flows through the membrane in a constant
electric field. By the process ion exchange membranes are used, which are needed to be
regenerated after each use.
Vapour permeation is process applied in the treatment of gaseous mixtures. The driving
force is supplied by different vapour pressures and therefore the concentration gradient.
Similarly to vapour permeation Gas separation offers a treatment method for the separation
of gaseous mixtures. Due to the concentration difference the permeable component passes
through the membrane, while the other components are retained.
Pervaporation (PV) is a combined method of liquid/liquid and gaseous/gaseous membrane
separation, because a liquid phase solution is feed onto one side of the membrane, and due to
the vacuum or sweeping gas flow on the permeate side; the permeable component leaves the
membrane in vapour phase. In this case the temperature has great influence on the transport
though the membrane.
Membrane distillation is a process governed by the vapour pressure gradient, which is
influenced by the temperature gradient. It is applied for the separation of volatile species also.
In case of Liquid membrane processes the selective separation of metal ions and separation
of gaseous or liquid mixtures can be investigated due to the concentration gradient. This
process is similar to that of liquid/liquid extraction. [4]

It can be seen from Table 1 that not only the driving force but the pore size also influences
transport i.e. the quality of the rejected material. In case of nanofiltration, the membranes can
own charged surface which also provides higher rejection of ions.
In this chapter the theory of pervaporation, nanofiltration, and reverse osmosis is described in
detail.
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Table 1: Membrane processes and their applicability

Membrane
Processes
Microfiltration
MF
Ultrafiltration
UF
Nanofiltration
NF
Reverse osmosis
RO
Dialysis

Type of membrane,
(pore size)
Symmetrical,
asymmetrical, micro
porous
(0.1-10µ
µm)
Asymmetrical, micro
porous or composite
(0.01-0.1) µm
Asymmetrical, nano
porous or dense
(0.001-0.01)µ
µm
Asymmetrical, dense
or composite
<1nm
Symmetric, micro
porous
0.01-0.1 µm

Driving force

Applicability
(filtration of)

Transmembrane
pressure 1-3 bar

Particles, starch,
pigments, bacteria

Transmembrane
pressure 1-10 bar
Transmembrane
pressure 5-35bar

Macromolecules,
polysaccharides,
colloids, vira, proteins
Mono-, di- and
oligosaccharides,
dyes, multivalent ions

Transmembrane
pressure 15-80 (200)
bar

Monovalent ions,
glucose, amino acids

Concentration
gradient

Separation of salts
and small molecules
from big molecules

Electric potential
gradient

desalination of ionic
solutions

Electrodialysis
ED

Ion-exchange
membrane

Vapour permeation
VP

Homogeneous
polymer membrane

Vapour pressure and Separation of vapour
concentration gradient
components

Gas separation
GS

Asymmetric, dense
homogeneous
polymer membrane

Vapour pressure and separation of gaseous
concentration gradient
mixtures

Pervaporation
PV

Asymmetric,
homogeneous
polymer membrane

Vapour pressure and
temperature gradient

Membrane distillation
MD

Symmetric,
hydrophobic porous
membrane

Vapour pressure
gradient

Liquid membrane
processes

Liquid membrane

Concentration
gradient

Breaking azeotropes,
dehydration of
organic solutions,
separation of close
boiling point mixtures
Separation of organic
mixtures, recovery of
organic compounds
from a solution
Selective separation
of metal ions,
separation of gaseous
mixtures

2.1 Fundamentals used in membrane characterization
In this paragraph the fundamentals of membrane characterization are introduced, but only
those which are used in the dissertation. A wide range of parameters exist, and literatures
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sometimes assign different meaning to the same parameter e.g. selectivity. Researchers work
on a uniform nomenclature. However, the basic parameters alike permeate flux posses a
definite meaning.

2.1.1 Permeate flux (J)
Permeate is the mass or volumetric flow, which pass through the membrane as a result of the
driving force. The measurement unit of permeate flux is [kg/(m2h)] in case of pervaporation,
and [dm3/(m2h)] in case of membrane filtration.
J=

1 dm
⋅
A dt

or

J=

(1)
1 dV
⋅
A dt

(2)

where A [m2] is the effective area of the membrane, m [kg] is mass of the permeate, t [h] is the
operating time, and V [dm3] is the volume of the permeate.

2.1.2 Pure water permeability coefficient
The simplest characterization experiment in case of membrane filtration processes is the
determination of the pure water permeability. This is done by determining the water flux as a
function of the pressure and from the slope the pure water permeability coefficient (PWP) is
determined. [5]
J water = PWP ⋅

dp
dx

(3)

where Jwater is the water flux, and dp/dx is the pressure gradient through the membrane.

2.1.3 Rejection (R)
Rejection measurements of both charged and uncharged solutes can be considered as
performance parameter since it gives direct information on the performance of a membrane.
Rejection of a membrane is defined as in Equation (4)

R = 1−

cp

or it can be expressed in percentage (×100%)
(4)
cf
where cp is the concentration of the permeate and cf is the concentration of the feed. When
calculating the rejection of membrane it does not matter which measurement unit is applied
for the concentrations; the important is the use of same units for both of them. It is not
necessary to have the rejection values in percentage, but it is more apprehensible, when
drawing a figure.
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2.1.4 Selectivity
The selectivity of a given pervaporation membrane can be estimated by using the following
parameters:

Separation factor (α): The separation performed by a pervaporation can be characterized by
the separation factor, defined as: α ij =

Yi / Y j
Xi / X j

, where X and Y are feed and permeate

concentrations (expressed in weight fraction) of the components i and j.

Selectivity or enrichment factor (β ): β =

Yi
. It shows the distribution of component i
Xi

between the permeate and the feed.
The definitions of these two parameters are not numbered since they are not applied directly
when modelling the flux of a pervaporation membrane.

2.1.5 Yield
In case of membrane filtration in batch mode, when treating a given volume of feed solution,
the solute content is concentrated and reduced in volume. The operation time depends on the
quality of the feed solution to be filtered, the membrane type, the applied pressure and also
the volume reduction, i.e. the ratio of feed volume to the final volume of retentate. As the time
goes by, and filtration goes forward, the volume of permeate increases while the volume of
feed decreases. When modelling the permeate flux in the function of operation time, the
function does not give information about the state of filtration, i.e. how much part of the feed
solution is treated already? Instead of time-dependence, yield-dependence of permeate flux
should be used. This option can directly inform us about the condition and the concentration
circumstances of the membrane filtration. Yield is defined as the ratio of permeate volume to
initial feed volume.

2.1.6 Concentration polarization
In membrane separation processes, the feed mixture contacts the feed side of the membrane,
and permeate is enriched in one of the components of the mixture is withdrawn from the
downstream side of the membrane. Because the feed mixture components permeate at
different rates, concentration gradients form in the fluids on both sides of the membrane. The
phenomenon is called concentration polarization. Concentration polarization creates a high
solute concentration at the membrane surface compared to the bulk solution. The retained
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solutes are brought into the boundary layer by convection and removed by a generally slower
back diffusion. This back diffusion of solute from the membrane is assumed to be in
equilibrium with the convective transport. The concentration in the boundary layer is critical
for both fouling and rejection.

Two approaches have been used to describe the effect of concentration polarization.
One has its origin in the dimensional analysis used to solve heat transfer problems. In this
approach resistance to permeation across the membrane, and the resistance in the fluid layers
adjacent to the membrane are treated as resistances in series. Nothing is assumed about the
thickness of the various layers or the transport mechanisms taking place.
The second approach to concentration polarization is to model the phenomenon by
assuming a thin layer of unmixed fluid, thickness δ, exists between the membrane surface and
the well-mixed bulk solution. The concentration gradients that control concentration
polarization form in this layer. This boundary layer film model oversimplifies the fluid
hydrodynamics occurring in the membrane modules and still contains one adjustable
parameter, the boundary layer thickness. Nonetheless this simple model can explain most of
the experimental data. In any process, if one component is enriched at the membrane surface,
then mass balance dictates that a second component is depleted at the surface. By convention,
concentration polarization effects are described by considering the concentration gradient of
the minor component. In Figure 1 (a) concentration polarization in reverse osmosis is
represented by the concentration gradient of salt, the minor component rejected by the
membrane. In Figure 1 (b), which illustrates dehydration of aqueous ethanol solutions by
pervaporation, concentration polarization is represented by the concentration gradient of
water, the minor component that preferentially permeates the membrane.
Taking account the diffusivity of salt and expressed by Fick’s law, and the mass
balance equation integrated over the thickness of the boundary layer, the well-known
polarization equation first derived by Brian [6] for reverse osmosis forms. The equation
expresses concentration polarization modulus. The concentration polarization modulus can be
defined as the ratio of the concentration of component i at the membrane surface and the
concentration of component i in the bulk solution (cim/cib)

c im
cib

=

exp( J v δ / Di )
1 + E0 [exp( J v δ / Di ) − 1]

(5)
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where E0 is the enrichment obtained in the absence of the boundary layer, and Jvδ/Di is the
Peclet number. Jv stands for the volumetric permeate flow [m3/(m2s)], δ symbolises the width
of the boundary layer [m] and Di is the diffusion coefficient of component i [m2/s].
(a)

Component enriched at the membrane surface
(for example, salt (componenti) in
desalination of water by reverse osmosis
Volume flow

cim
cib

(b)

cip

Component depleted at the membrane surface
(for example, salt (componenti) in
dehydration of ethanol by pervaporation

cip
cib: concentration of

cib

component i in the
bulk of feed

cim: concentration of

cim
bulk of feed

membrane
boundary
layer

component i at the
membrane surface

permeate

cip: concentration of
component i in the
permeate

Figure 1 Concentration gradients formed as a result of permeation through the membrane in case of
reverse osmosis (a) and pervaporation (b) [6]

Figure 2 Peclet numbers and intrinsic enrichments for the membrane separation processes [6]

Figure 2 shows the value of the concentration polarization modulus in the function of the
Peclet number for the membrane separation processes. It can be clearly seen that in case of
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pervaporation and reverse osmosis, the modulus can be regarded as unity. Nanofiltration is
treated as loose reverse osmosis, so during the modelling of my experimental fluxes, the
concentration polarization is neglected, according to Figure 2.

Figure 3 The concentration polarization modulus in the function of Peclet number observed by Baker et
al. in case of pervaporation of organic solutions [6]

Figure 3 shows the variation of the concentration polarization modulus in case of
pervaporation of several organic solutions [6]. It can be clearly seen that out of the tested
volatile organic carbon mixtures, isopropanol showed the least polarization. It shall be
mentioned that Baker et al carried out the experiments on silicone rubber spiral-wound
modules, but the trend can be applied with assurance to other membrane modules.

2.2 Filtration techniques
Particle filtration is usually investigated by conventional dead-end filtration. The bulk flow is
to be treated flows perpendicular to the filter medium and filtrate flows in the same direction,
i.e. perpendicularly away from the filter media. The filtered particles remain on the surface of
the filter media forming a cake, which increases the total resistance of filtration. Contrary to
the conventional filtrations, the membrane separation processes apply mainly cross-flow
filtration. The feed fluid flows parallel to the membrane surface; meanwhile the permeable
components pass through the membranes perpendicularly due to the driving force. The
turbulent flow of the bulk solution over the surface minimizes the accumulation of particulate
matter on the membrane, and facilitates continuous operation of the system. Therefore the
concentration polarization can be minimized and the fouling of the membrane can be avoided.
A schematic drawing of the comparison of dead-end and cross-flow filtration can be seen in
Figure 4.
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Figure 4 Comparison of dead-end and cross-flow filtration

2.3 Module types and characteristics
Modules are designed to achieve improved membrane properties, i.e. higher flux and rejection
or selectivity, and better stability, and reduced concentration polarization. Based on these
considerations different modules are designed. The simplest module is the flat sheet (see
Figure 5), which is mainly used for test experiments. When applying cross-flow filtration on a
flat sheet membrane, the characteristic of the feed flow (temperature, concentration etc.)
changes along the membrane surface. These changes can be neglected in case of a bench scale
membrane, but not in industrial scale. Attaining better efficiency, flat sheet membranes are
built into plate and frame module. In this module membranes sitting on a plate that provides
a porous support for the permeate outlet, and they are connected serial or parallel. Membranes
are separated from each other by a spacer.
Higher flux can be achieved using membranes larger in area. If the flow is to be treated
contains suspended solids, it is very important not to damage the membranes by fouling.

Tubular membranes can offer a good choice for the treatment of high suspended
solids containing solutions. Tubular membranes are generally constructed as a membrane
layer cast on a sturdy backing material. This backing material supports the thin inside
membrane layer. Tubular membranes operate inside-to-outside: the pressurized feed stream
flows through the inside of the tube, while the water permeates through the membranes on the
outside of the tube; or outside-to-inside: the module is merged into the mixture, which is to be
separated, and vacuum is applied at the inside part resulting in cleaned water inside.
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Capillary module is a special class of tubular membrane, in which the diameter of a
tube is as wide as capillary tube. Flat sheet membrane, tubular module and capillary module
can be seen in Figures 5, 6 and 7, respectively.

Figure 5 Flat sheet module
(www.sterlitech.com)

Figure 6 Tubular module

Figure 7 Capillary module

(www.kochmembrane.com )

(www.enwa.no )

Hollow fibre modules (Figure 8) are membranes that are self supporting, i.e., the
walls are strong enough to avoid collapse. The outer diameters are typically less than 1.0 mm.
Hollow fibre modules contain thousands of fibres arranged in a ‘bundle’ and potted by epoxy
in an outer shell. Conceptually the design is similar to the capillary and tubular design, but
can be operated with shell side or lumen side feed depending on the membranes and
application.

Spiral wound membrane (Figure 9) uses flat sheets wound around a central tube. The
membranes are glued along three sides to form leaves attached to permeate channel (tube)
along the unsealed edge of the leaf. The internal side of the leave contains a permeate spacer
designed to support the membrane without collapsing under pressure. This permeate spacer is
a porous and conducts the permeate to the permeate tube.

Figure 8 Hollow fibre module

Figure 9 Spiral wound module

(www.kochmembrane.com )

(www.kochmembrane.com )
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2.4 Pervaporation
Pervaporation is a new membrane technique which is used to separate a liquid mixture by
partly vaporizing it through a nonporous permselective membrane. A feed liquid mixture
contacts one side of the membrane, the permeate is removed as vapour from the other side.
The transport through the membrane is induced by the vapour pressure difference between the
feed solution and the permeate vapour. This vapour pressure difference can be maintained in
several ways. In the laboratory, a vacuum pump is usually used to draw a vacuum on the
permeate side of the system. Industrially, the permeate vacuum is most economically
generated by cooling the permeate vapour, causing it to condense; condensation
spontaneously creates a partial vacuum [6], [pp.355-392]. The permeate is finally collected in
liquid state after condensation. The permeate is enriched in the more rapidly permeating
component of the feed mixture, whereas the retentate is depleted in this component. The
retentate is the fraction of the feed, which does not permeate through the membrane [2].

Mass transport by pervaporation involves four consecutive steps:
1. selective sorption of the feed components between the flowing liquid mixture and the
surface layer of the membrane
2. phase transition from liquid to vapour phase
3. diffusion of components in the surface layer through the membrane
4. desorption of these components at the downstream surface of the membrane.
As it is mentioned above the driving force of pervaporation is the vapour pressure difference
between the two sides of the membrane, which is influenced by the temperature,
concentration, total pressure on the feed side, and the vacuum on the permeate side. Transport
properties of dense pervaporation membranes are commonly described using solutiondiffusion models [6], [7], [8].

2.5 Nanofiltration and reverse osmosis
In a tank of pure water and with the addition of a soluble salt, the "osmosis" is the natural
process involving the fluid flow of across a semi-permeable membrane barrier. The chemical
potential of the salt solution is reduced, and osmotic flow, from the pure water side
perpendicularly through the membrane to the salt solution side, will occur until the
equilibrium of chemical potential is restored. The osmotic pressure is a solution property
proportional to the salt concentration. In case of "Reverse Osmosis" (RO), application of an
external pressure to the salt solution equal to the osmotic pressure causes equilibrium.

Additional pressure raises the chemical potential of the water in the salt solution, and causes a
solvent flow to the pure water side, because it has now a lower chemical potential. The
driving force of the RO process is applied pressure. The amount of energy required for
osmotic separation is directly related to the salinity of the solution. Thus, more energy is
required to produce the same amount of water from solutions with higher concentrations of
salt. RO is a high-pressure membrane process (30 to 100 bars), used for separating low
molecular weight materials, less than 0.001 microns (10 angstroms) in size. RO is used for the
separation of dissolved materials (solute). Water selectively passes through the semipermeable membrane, and salts and macromolecules are retained, and progressively
concentrated [6].

Nanofiltration (NF) is a technique that has prospered over the past few years. Nanofiltration is
defined by many as a process between ultrafiltration (UF) and RO. In fact it is a process at the
UF/RO interface. NF and RO are pressure-driven membrane processes. Nanofiltration is a
low to moderately high pressure process (typically 10 to 35 bar) in which monovalent ions
mainly pass through the membrane but highly charged, multivalent salts, and low molecular
weight organics are rejected to a much greater degree. Certainly the rejection of salts is
influenced by the composition of the salts, i.e. the quality of cation-anion pairs. Many authors
describe nanofiltration as a process with pores in the near and sub-nanometer range. Others
argue that processes such as nanofiltration and reverse osmosis do not have pores, merely
voids in between polymer chains which determines the extend of passage of solute.
Taking into account these considerations several models can be applied for the modelling of
nanofiltration and reverse osmosis. If the NF and RO membranes are regarded as dense, nonporous membranes, the solution-diffusion model [6] can be applied, similarly to
pervaporation. Since the NF and RO are filtration procedures, i.e. the driving force is the
pressure difference between the two sides of the membrane, the flux can be expressed by the
Osmotic Pressure model [5], which takes into consideration the resistance of the membrane. If
we assume that the NF membranes have pores, then the Hagen-Poiseuille [5] type model can
be applied for modelling the permeate flux.

2.6 Transport through the membrane
The most important property of membranes is their ability to control the rate of permeation of
different species. Several models exist to describe the mechanism of permeation through the
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membrane. In this thesis work only the applied and modified transport models are given more
in detail.

2.6.1 Solution-diffusion model
The solution-diffusion model can be described as four consecutive steps:
•

the solution of permeants into the membrane material (selective sorption);

•

phase transition from liquid to vapour phase;

•

diffusion of permeants through the membrane;

•

desorption of permeants from the permeate side of the membrane.

The permeants are separated because of the differences of solubility in the membrane and the
differences in the rates at which the material diffuses through the membrane. The basic
equation of the transport is the Fick’s law of diffusion, which states
dc j

J j = −D j ⋅

(6)
dx
where Jj: rate of transfer of component j or flux [kg/s·m2]
dc j
: concentration gradient of component j
dx
Dj: diffusion coefficient [m2/s] of component j in the membrane. It is the measure of
the mobility of the individual molecule.
The minus sign shows that the direction of diffusion is against the concentration gradient.
Usually, diffusion is an inherently slow process. In practical diffusion control separation
processes, useful fluxes across the membrane are achieved by making the membranes very
thin and creating large concentration gradients in the membrane. The starting point for the
mathematical description of diffusion in membranes is the proposition, solidly based on
thermodynamics, that the driving forces of pressure, temperature, concentration, and electrical
potential are interrelated and that the overall driving force producing movement of a permeant
is the gradient in its chemical potential. Thus, the flux of a component k is described by the
simple equation:
J j = −L j ⋅
where

dµ j
dx

(7)

dµ j

: is the chemical potential gradient of component j
dx
Lj: is a coefficient of proportionality (not necessarily constant) linking this chemical
potential driving force to flux.
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Driving forces, such as gradients in concentration, pressure, temperature, and electrical
potential can be expressed by this equation.
Several assumptions must be made to define any permeation model. The main assumption
governing transport through membranes is that the fluids on both sides of the membrane are in
equilibrium with the membrane material. This means that the gradient in chemical potential
from one side to the other is continuous. Implicit in the assumption is that the rates of
absorption and desorption at the membrane is much higher than the rate of diffusion through
the membrane. According to the second assumption when pressure is applied across a dense
membrane, the pressure throughout the membrane is constant at the highest value. This
assumes, that the pressure within a membrane is uniform and the chemical potential gradient
across is expressed only as a concentration gradient.

2.6.1.1 Solution-diffusion model applied to pervaporation
Transport through a pervaporation membrane is induced by the pressure difference between
the two sides of the membrane, since vacuum is maintained on the permeate side of the
membrane. A schematic figure of steady state mass transport through a composite membrane
is shown in Figure 10.
membrane porous support layer
ckm

liquid feed

vapour

pk1

vacuum
pk2

pk3

Jk
0

pk1: partial pressure of component k
on the feed side
pk2: partial pressure of component k
at the interface of active layer and
porous support layer
pk3: partial pressure of component k
at the permeate side
Jk: is the flux of component k
through the membrane
l: is the membrabe thickness
ckm: is the concentration of
component k in the active layer

l

Figure 10 Schematic figure of the mass transport of component k through a composite membrane

The molar flux of component k (Jk) occurs due to the gradient in the chemical, i.e. in the
concentration and pressure of the component.
According to Rautenbach [6] the molar flux of component k (Jk) can be expressed using the
fugacity as driving force:
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Jk = −

c k ⋅ Dk 0 1 df k
⋅ ⋅
fk0
γ k dx

(8)

where ck is the concentration of component k [mol/m3], Dk 0 diffusion coefficient [m2/s], fk0 is
the fugacity of pure component k [Pa], and γ k [-] is the mean activity coefficient component
k, calculated due to Equation (13). Regarding membrane thickness to l [m], the equation can
be expanded as follows:

Jk =

c k ⋅ Dk 0  f k 1 − f k 3 
⋅

l ⋅ γ k  fk0 

(9)

The concentration drop of the components in the active layer is significant. When using
concentrations in the mathematical description of the transport, the concentration dependence
of the diffusion coefficients should be taken into account. Obviously, the concentration
dependency of diffusion coefficient makes the calculation very complicated. Installing
transport coefficient ( Dk ) [mol/(m2·s)] instead of diffusion coefficient ( Dk 0 ), a simpler
equation forms.
D

k

Jk =

=

c

k

⋅ D
l

k 0

(10)

Dk  f k1 − f k 3 
⋅

γ k  fk0 

(11)

Mizsey et al. [3] stated that in case of applying vacuum on the permeate side and moderate
pressures on the feed side, partial pressures can be used instead of fugacities. They modified
the Rautenbach model, which expresses the flux through the membrane induced by partial
pressure difference and it takes into account the resistance of the non-selective porous support
layer, too. The molar flux of component k through the composite membrane can be calculated
using Equation (12):

Jk =

1

Dk
1 +
 Q0 p k 0 γ k

⋅

Dk

 γk



⋅

( p k1 − p k 3 )
pk 0

(12)

The indexes stand for the same as in Figure 10. In Equation (12) Dk is the concentrationindependent transport coefficient of component k; Q0 [mol/(m2·hr·Pa)] is the permeability of
the non-selective porous support layer; pk 0 [Pa] is the vapour pressure of component k at the
feed temperature; pk 1 [Pa] is the partial pressure of component k in the feed, and pk 3 [Pa] is
the partial pressure of component k in the permeate. γ k [-] is the geometric mean of the
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activity coefficients of component k in the feed and in the permeate. γ k [-] can be calculated
according to Equation (13). Since there is a vacuum on the permeate side γ k 3 [-] can be
regarded as unity.

γ k = γ k1 * γ k 3

(13)

As Equations (12) and (13) show, interactions of the transported molecules are taken into
account by the calculation of liquid side activity coefficients that can be calculated by well
known equations (e.g. UNIQUAC, UNIFAC, WILSON etc.) Binary interaction parameters of
these equations can be regressed to the measured data, or as a simplification, parameter values
applied at vapour liquid equilibrium calculations can be used.
According to the model of Rautenbach [6], and the model of modified Rautenbach [3],
temperature dependence of the transport coefficient Dk is described using an Arrhenius-type
equation [6] (p. 186).

 E  1 1 
*
Dk = Dk exp  k  * − 
T 
 ℜ T

(14)

*

where Dk is the value of the transport coefficient at a reference temperature T*. In our case
T* is taken 20 °C. In Equation (14) Ek stands for the activation energy [J/mol] and ℜ [=8.314
J/(K·mol)] is the universal gas constant.

2.6.1.2 Mathematical algorithm-aided simulation of pervaporation
Mizsey et al. [3] have developed a user added module that can simulate pervaporation units
within the ChemCad process simulator software. Development of the user added module
enables the user to simulate pervaporation units together with the standard unit operations of
ChemCad. The user added module applies the modified transport model of Rautenbach. In
case of the water-isopropanol system the software requires the specification of the following
parameters:
•

∗
∗
Q0, Disopropanol
, Dwater
, Eisopropanol , Ewater (When simulating the experimental results, the

parameters determined by GAMS software are applied.)
•

Area of the membrane

•

Retentate side pressure drop of the membrane unit

•

Number of area sections

•

Temperature (process is adiabatic or isotherm)

•

Pressure at the permeate side
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During the calculation, the area of the membrane is divided into a large number of
consecutive area sections. If the number of sections is large enough then it can be assumed
that inside a section the temperature and the feed composition are constant, therefore, the
local permeate flux of the particular area section can be calculated according to Equation (12).
Figure 11 illustrates the way of the calculation. The feed of the pervaporation unit enters
section 1. In section 1 Equation (12) is used to calculate the local component fluxes of the
permeate. The amount and composition of the local retentate stream is calculated from the
local mass balances of the section. The temperature drop of the retentate is calculated from
the local enthalpy balance of the section. The retentate of section 1 is the feed of section 2,
etc. The overall permeate rate of the pervaporation unit is calculated by summing up the
permeate rates of the different area sections, while the retentate stream of the pervaporation
unit is identical to the retentate stream leaving the last area section.

mknretentate
,

mknfeed
,
T1=const

T2=const

T3=const

...

J kn,

xkF,1=const xkF,2=const xkF,3=const

area
section n

area sections
feed

retentate side
1
Jk,1
xkP,1

2

3

Jk,2

Jk,3
xkP,2

...

xkP,3

membrane

N

retentate

permeate side
permeate

T: temperature
xkF: weight fraction of
component k at the feed side
xkp: weight fraction of
component k at the permeate side

Figure 11 Adiabatic calculation of a membrane unit based on isotherm area sections

Considering N area sections with a running index of n, the local component mass balance of
component k in the area section n is the following:
retentate
mkfeed
, n = J k , n ⋅ A + mk , n

n = 1 ... N

(15)

where mkfeed
[mol/s] is the molar flow of component k in the feed of area section n; mkretentate
,n
,n
[mol/s] is the molar flow of component k in the retentate of area section n; and A is the surface
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of an area section (A=total area of the membrane / N). J k ,n is the molar permeate flux of
component k in area section n. J k ,n is calculated according to Equation (12).
As Figure 11 shows, the retentate of an area section is the feed of the consecutive area section.
This can be expressed by the following model equation:

mkretentate
= mkfeed
,n
, n +1

n = 1 ... N − 1

(16)

Temperature drop of the retentate at an area section is calculated from the local enthalpy
balance of the particular area section
c p ,n ⋅ m& nfeed ⋅ ∆Tn
A

= ∑ λk ⋅ J k ,n

(17)

k

where c p ,n [J/(mol K)] is the heat capacity of the feed in section n; m& nfeed [mol/s] is the total
molar flow of the feed of section n; ∆Tn [K] is the temperature drop of the feed in section n; A
[m2] is the surface of an area section; λk [J/mol] is the heat of evaporation of component k;
and J k ,n is the molar permeate flux of component k in area section n. Physical properties of
the streams are calculated using the ChemCad settings.
The calculated temperature drop of the retentate for the entire surface of the membrane
enables the user to choose an appropriate membrane surface whereas the temperature drop is
relatively low. Usually, many membrane units are to be connected both in series and in
parallel when simulating an industrial pervaporation apparatus. Re-heating of the retentate
stream between the consecutive units is necessary, of course.
The main idea behind the simple model outlined above is that modelling of the adiabatic
behaviour of a pervaporation unit is based on isotherm lab-scale experiments that are
relatively easy to carry out. As one can see, the model does not consider the detailed geometry
of the membrane module that is used; only the area of the membrane is specified.

2.6.1.3 Solution-diffusion model applied to nanofiltration and reverse osmosis
The NF and RO are filtration procedures, i.e. the driving force is the pressure difference
between the two sides of the membrane. If a pressure higher than the osmotic pressure is
applied at the feed side of the membrane, then the solvent activity difference across the
membrane increases, resulting in a solvent flow from the feed solution through the membrane.
Thus, the initial equation when describing the transport of component i for NF and RO is
Equation (7). This approach is extremely useful because, many processes involve more than
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one driving force. Restricting the approach to driving forces by concentration and pressure
gradient, the chemical potential is written as:
dµ i = ℜ ⋅ T ⋅ ln (γ i ⋅ ni ) + υ i ⋅ dp

(18)

where γi [-] activity coefficient of component i
ni [mol/mol] mole fraction of component i

νi [m3/mol] molar volume of component i
p [Pa] is the pressure.
Concerning the second assumption (see chapter 2.6.1) the pressure is constant through the
active layer of the membrane. Thus, the chemical potential is reduced to the concentration
gradient. By solving Equation (6), taking into account the thickness of membrane is l [m], and
applying linear driving force approximation gives the mass flux (Ji) [kg/(m2·s)]:
Ji =

Di ⋅ (ci1( m ) − ci 3( m ) )
l

(19)

where Di [m2/s] is the diffusion coefficient of component i, ci [kg/m3] is the concentration of
component i, indices (m), (1) and (3) stand for the membrane, feed side, and permeate side,
respectively.
Equating the chemical potentials in the solution and in the membrane phase at the feed side
interface of the membrane gives:
ci1( m ) =

γ i1 ⋅ ρ m
⋅ ci1
γ i1( m ) ⋅ ρ1

(20)

where γ [-] is the activity coefficient, and ρ [kg/m3] is the density of solution. Hence, defining
a sorption coefficient Ki [-] as
Ki =

γ i1 ⋅ ρ m
γ i1( m ) ⋅ ρ1

(21)

Equation (20) becomes
ci1( m ) = K i ⋅ ci1

(22)

On the permeate side of the membrane, the same procedure can be followed. A pressure
difference exists at the permeate interface from p1 within the membrane to p3 in the permeate
solution. Equating chemical potentials across this interface gives the concentration on the
permeate side at the membrane surface. The expressions for the concentration within the
membrane at the interface can be now substituted into Fick’s law expression (6):

Ji =

Di ⋅ K i
l


( p − p 3 ) 

⋅ ci1 − ci 3 ⋅ exp − ν i ⋅ 1

ℜ ⋅ T 



(23)
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where νi [m3/mol] is the molar volume of component i, (p1-p3) [Pa] is the pressure difference
between the feed and permeate sides of the membrane. The equivalent expression gives the
water flux and the salt flux across the membrane in terms of the pressure and concentration
difference across the membrane. This equation is simplified by assuming that the membrane
selectivity is high, that is

Dwater ⋅ K water
D ⋅ K salt
>> salt
. This assumption is good for most of
l
l

the nanofiltration membranes used to separate salt from water. At the point at which the
applied hydrostatic pressure balances the water activity gradient, the flux of water across the
membrane is zero.
At hydrostatic pressure higher than the osmotic pressure the flux of component k can be
expressed by Equation (24):

Ji =

Di ⋅ K i ⋅ ci1
l


(∆p − ∆π ) 

⋅ 1 − exp − ν i ⋅

ℜ ⋅ T 



(24)

where ∆p [Pa] is the difference in hydrostatic pressure across the membrane (p1- p3), ∆π [Pa]
is the osmotic pressure difference between the feed and permeate sides of the membrane. The

(∆p − ∆π )  is small under normal conditions for nanofiltration. So Equation (24)

term  −ν i ⋅

ℜ ⋅T 

can be written with good approximation as:

Ji =

Di ⋅ K i ⋅ ci1
l

 (∆p − ∆π ) 
⋅ ν i ⋅
ℜ ⋅ T 


(25)

Equation (25) can be simplified to

J i = A ⋅ (∆p − ∆π )
where A [s/m] is a constant equal to

(26)

Di ⋅ K i ⋅ ci1 ⋅ν i
, and called water permeability constant
l ⋅ℜ ⋅T

[6]. If the osmotic pressure difference of feed solution is not negligible, then Equation (24) is
suggested to apply.
Similarly, an expression for the salt flux, Js [kg/(m2·s)] through the membrane can be derived,
starting with the equivalent to Equation (23).

Js =

Ds ⋅ K s
l


( p − p3 )  

⋅ c s1 − c s 3 ⋅ exp − υ s ⋅ 1

ℜ ⋅ T 



(27)

( p − p3 ) 

where index s stands for the salt. Because the term  − υ s ⋅ 1
 is small, the exponential
ℜ ⋅T 

term in Equation (27) is close to one and Equation (27) can then be written as
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Js =

Ds ⋅ K s
⋅ (c s1 − c s 3 )
l

(28)

When modelling the nanofiltration and reverse osmosis of several heavy metals, the total flux
is equal to the sum of water and salt flux through the membrane.

J total = J water + J Salt

(29)

2.6.2 Osmotic pressure and resistances in series model
Pure water flux through a porous barrier may be described according to Carman [9] by
Equation (30).

J=

∆p
η ⋅ Rm

(30)

where ∆p is the trans membrane pressure, η is the dynamic solvent viscosity and Rm the clean
membrane resistance (i.e. the porous barrier). If a solution is filtrated instead of pure water,
additional resistances may occur. Additional resistance can result from several reasons:

•

the exposure of the membrane to a solution containing foulants,

•

due to concentration polarization,

•

due to adsorption,

•

due to gel formation,

•

due to internal pore fouling,

•

due to external deposition or cake formation.

If the solution to be filtered does not contain foulants, and the filtration conditions are
adjusted to avoid concentration polarization, the first two resistances can be neglected. When
dilute solution is filtered, the resistance due to gel formation can also be neglected. The
external deposition and cake formation occurs when filtering macromolecule containing
solutions. If the membrane is dense, then the resistance due to internal fouling can be
neglected. After filtration of a coloured dilute solution, the colour of membrane is similar to
those of filtered components, which proves the adsorption of components on the membrane
surface, which can result in a kind of fouling and adsorption resistance. Express these
resistances in a common resistance and call it Rf, i.e. fouling resistance. Taking into account
the osmotic pressure difference through the membrane, the driving force will be the subtract
of the applied transmembrane pressure and the osmotic pressure. These considerations result
in Equation (31), which is called the modified osmotic pressure model.
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J=

∆p − ∆π
η (R f + Rm )

(31)

where ∆π is the osmotic pressure difference across the membrane. The osmotic pressure
difference can usually be neglected in MF and UF, since the rejected solutes are large and
their osmotic pressure is small. However even polymeric solutes (macromolecules) can
develop a significant osmotic pressure at boundary layer concentrations, so in case of
nanofiltration and reverse osmosis ∆π should be taken into account.
Based on the considerations above, in case of pervaporation the solution-diffusion
model can be applied for modelling the transport through the membrane. The molar flux can
be calculated according to Equation (12). Taking into account the considerations in point
2.1.6, the concentration polarization can be neglected in case of pervaporation.
Regarding nanofiltration and reverse osmosis both the solution-diffusion and resistances in
series model can be applied. Regarding the first model the water flux, the salt flux and the
total flux are calculated according to Equations (24), (28) and (29), respectively. Regarding
the resistances in series model, Equation (31) can be applied for the transport modelling.

2.7 Overview of membrane applications in environmental friendly
treatment technologies
In the last few decades the use of membrane technology has grown significantly in process
water and in wastewater treatment also. This chapter shows the wide range of applicability of
pervaporation, nanofiltration, reverse osmosis, and the combined processes (e.g. distillation
followed by pervaporation) in solvent regeneration, process water treatment and treatment of
several types of wastewater (e.g. textile, agricultural, wastewater from pharmaceutical
industry, dumpsite leachate).

2.7.1 Pervaporation
In the chemical and allied industries, pervaporation is increasingly the preferred process for
dewatering of organics, especially which form an azeotrope with water. Most of the plants
today use composite polymer membranes where the active layer is a thin film of cross-linked
polyvinyl alcohol (PVA), supported on a micro porous substrate. Although composite
polymer membranes are acid-resistant, fluxes are modest and operating temperatures are
restricted to below 110°C.
Atra et al. [10] studied the dehydration of isopropanol by pervaporation to produce
anhydrous solvent, and found that the tested composite membranes are suitable for attaining
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this aim. They studied the dehydration of ethanol-water mixtures [11] also and found similar
good results.
Li et al. [12] prepared a composite polydimethylsiloxane (PDMS) membrane
supported by Cellulose acetate (CA) by pre-wetting method for the separation of methanol,
ethanol, n-propanol and acetone from water. They studied the pervaporation performance and
the results showed that the membranes exhibited high total permeation flux.
Sulzer Chemtech [13] introduced a new pervaporation technology called the Pervap
Silica Membrane System (SMS), making pervaporation competitive for a wider range of
dehydrations. The SMS was tested by many, among others by Gallego-Lizon et al. [14]. They
studied the performance of commercially available polymeric and micro porous SMS with
respect to the dehydration of binary mixtures of isopropanol/water. The range of
concentrations investigated (CH2O ≤ 20 wt %) was selected according to existing industrial
needs. They found that over this range, both water and isopropanol fluxes generally decreased
with water concentration. Increasing the operating temperature resulted, as expected, in larger
water fluxes for both polymeric and silica membranes. For the range of conditions
investigated, they recommend the silica membrane, because higher water fluxes could be
reached than that of polymeric membrane.
Van Baelen et al. [15] studied whether acids (namely acetic acid) can be dehydrated by
pervaporation. The results were compared to pervaporation of alcohol-water mixtures. They
stated that the polarity of a molecule has influence on the permeation. Better separation could
be reached when the polarity of organic molecule was small.
Shaban et al. [16] published their results, which is focused on dehydration of dioxan,
butanone and butyric acid under constant operating conditions by pervaporation. The PVA
membrane applied confirmed its hydrophilic characteristics by not allowing butyric acid and
butanone to permeate. This also proved the efficiency of pervaporation.
Won et al. [17] proved that composite chitosan membranes can be applied with
success for not only the dehydration of methanol but for the separation of dimethyl
carbonate/methanol azeotrope mixture.
Smitha et al. [18] in their review article dealt with separation of organic–organic
mixtures by pervaporation. They emphasized that pervaporation was considered as a basic
unit operation because of its efficiency in separating azeotropic and close-boiling mixtures,
isomers and heat-sensitive compounds. They focused on the great importance of
pervaporation in chemical and petrochemical industries. Examples out of the separation of the
four

major

categories

of

organic–organic

mixtures,

polar/non-polar

mixtures,
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aromatic/alicyclic mixtures, aromatic/aliphatic mixtures were introduced in the article. This
review sought to define the current scientific and technological factors that govern the field of
application of membranes for separation of organic mixtures.
Many authors investigated the dehydration of organic solvents and breaking azeotropic
mixtures and found that pervaporation is suitable for producing anhydrous solvents and for
the separation of components which form azeotrope. [7, 19-25]

2.7.2 Nanofiltration and reverse osmosis
Nanofiltration has proven to be a very effective method for the removal of wide variety of
organic and inorganic compounds from wastewater. Also reverse osmosis can be considered
as the state of the art in wastewater treatment. Historically, nanofiltration and reverse osmosis
were primarily applied in water softening and desalination, but these works all prove that the
membrane processes are getting more and more frequently and efficiently used also for
wastewater treatment. In certain cases the required water quality can be achieved only by the
combination of membrane separation processes, e.g. nanofiltration (NF) followed by reverse
osmosis (RO). Previous studies have shown that membrane separation processes can be
applied with success for the reduction of chemical oxygen demand (COD) of several
wastewaters. RO processes for wastewater treatment have been applied in the chemical,
textile, petrochemical, electrochemical, pulp and paper, and food industries as well as for the
treatment of municipal wastewater [26].
Agricultural wastewaters were examined by Reimann et al. [27]. Organic and
inorganic membranes were compared regarding COD reduction of several agricultural
wastewaters. It was found that the inorganic membranes had the better COD-rejection than
that of the organic ones. The COD-rejection were 87% in case of milking plant wastewater,
79% in case of pig slurry treatment, 72% in cattle slurry filtration, and 28% in potato wash
water filtration, respectively.
Treatment of wastewater from dairy industry with organic RO membranes was
examined by Del Re et al. [28]. They stated that reverse osmosis can be used to concentrate
milk whey in the dairy industry thus obtaining a water stream that can be re-used for the
process needs. About 90% COD–rejection was observed. Balannec et al. [29] implemented a
dead-end filtration of dairy effluent and tested nine different nanofiltration and reverse
osmosis membranes. The initial COD of 36,000 mg/l was reduced with 99% with the
membrane filtration.
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Braeken et al. [30] examined test wastewaters including organic compounds which can
be found in little concentration in natural waters (e.g. estradiol, salicine, tartaric acid, etc.). In
their study the relationship between the hydrophobicity of organic compounds and their
retention in nanofiltration were demonstrated. Due to the different hydrophobicity of the
organic compounds, the retention of nanofiltration membranes varied from 7-82%.
In treatment of seafood processing wastewaters Ferjani et al. [31] achieved good
results using UF and NF membranes: the COD reduction of UF membranes was 50-65%. In
case of NF membranes the COD reduction up to 93% was achieved.
As it can be seen wide variety of applications of membrane processes can be found in
process and wastewater treatment. Several studies deals with combined membranes processes,
in which higher rejection, and better separation performance can be reached. Here are some
examples, which confirm that using combined processes the desirable purity degree is
available.
Treatment of dumpsite leachate from several dumps was investigated by Rautenbach
et al. [32]. With the combination of reverse osmosis, nanofiltration, and high pressure reverse
osmosis (in this case the transmembrane pressure was between 120 and 200 bar), water
recovery rate (permeate volume compared to the feed volume) more than 95% and CODrejection of above 90% was achieved. The membrane filtration system extended with
crystallization unit resulted in a higher water recovery of 97%. Also higher rejection of
organics (COD) of about 92% was achieved. Rautenbach et al. [33] studied the effectiveness
of the combination of “reverse osmosis-nanofiltration-crystallization-high pressure reverse
osmosis” in dumpsite leachate treatment. In COD-rejection approximately 96% was achieved.
Madaeni et al. [34] complied case studies for the treatment of wastewater coming from
an alcohol manufacturing plant. Eight polymeric membranes were tested for COD reduction.
It was experienced that none of the membranes was able to ensure COD-rejection above 50%.
Neither of them could reduce COD to a desirable level in one step. They emphasized that at
least two consecutive membrane units were needed.
In many cases the biological wastewater treatment plants cannot remove all the
pollutants or decrease their concentrations to the recommended level, because of the nondegradable COD. Al-Bastaki [35] studied the filtration of secondary and tertiary treated
effluent from a wastewater treatment plant. He compared the performance of ultrafiltration
and reverse osmosis to UV/TiO2 (UV radiation along with suspended TiO2 catalyst generates
hydroxyl radicals, which can decrease the COD) photocatalytic pilot plant. It was found that
the COD was reduced by about 50, 64, and 86% with UV/ TiO2, ultrafiltration, and reverse
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osmosis, respectively. Their results showed that the membrane separation processes proved to
be more effective than the UV radiation processes.
Ten different types of membranes (MF, UF, NF, and RO) were examined by Bottino
et al. [36] in treatment of textile wastewater. The performances of the membranes regarding
the COD retention were: UF: 21-77%, NF: 79-81%, RO: 89-91%. They experienced that the
quality of the feed had an effect on the performance of the membranes. Due to their
experiments they proposed at least a two-stage filtration to reach the desired pollutant
removal.
Noronha et al. [37] developed a process concept for the treatment of process water
from food industry. The biological reduction of COD was carried out using a membrane
bioreactor (MBR) in which the active biomass as well as other particulate matters were
completely retained by means of immersed hollow-fibre MF membranes. The reduction of
bacterial germs, residual organics as well as of inorganic constituent compounds was carried
out by means of downstream two-stage nanofiltration (nanofiltration followed by
nanofiltration) with integrated UV disinfection. This hybrid process was tested by operating a
pilot plant for six months in a fruit juice company. The treated water fulfilled both the
chemical and bacteriological standards required by the German Drinking Water Act.
The separation of surfactants from Cleaning-in-Place (CIP) rinsing waters in a liquid
detergent production plant was accomplished by Forstmeier et al. [38] using UF followed by
NF membranes. The applied membrane processes resulted in up to 96% of COD-rejection.
The occurrence of pharmaceutically active compounds (PhACs) in aquatic
environment was recognized as one of the emerging issues in environmental chemistry. These
compounds increased not only the chemical oxygen demand of water but they are health
hazard, too. In recent years several studies have dealt with the removal of PhACs using
membrane processes ([19]; [39]; [40]). They all proved that nanofiltration and reverse
osmosis can be applied with success for the separation of PhACs, although in some cases the
modification of the membrane surface was required.
The reduction of COD in case of dairy process water was investigated by Akoum et al.
[41] using a vibratory shear-enhanced filtration system with various NF and RO membranes.
Their results showed that the vibratory shear-enhanced filtration system outperformed
conventional cross-flow filtration in NF and in RO both in terms of flux and COD-rejection.
Nanofiltration and reverse osmosis are applicable for the treatment of heavy metal
containing process waters in acidic environment. Szöke et al. [42] studied cobalt containing
process waters, Neomagus et al. [43] carried out experiments with nickel containing process
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waters, Mehiguene et al. [44] worked with copper containing solutions, and all of them
verified that both nanofiltration and reverse osmosis can be applied with success for
concentration and recovery of heavy metals.
Several studies compare the effectiveness of nanofiltration and reverse osmosis
membranes for various wastewaters. Some of them show that the required water quality can
always be achieved by membrane processes- if necessary in cascaded operation ([29]; [32];
[35]; [36]; [37]; [45]).

2.7.3 Hybrid processes
Hybrid processes are such separation processes, where different kinds of unit operations are
combined so that their combination, the hybrid process, can be more efficient than that case if
only similar, homogenous units are used. In the case of hybrid processes the combination of
the different kinds of unit operations can strengthen and mutually explicit each others’ merits
and such separation process can be designed that can realize special separations that couldn’t
be carried out without the hybrid processes.
Membrane processes are known as clean technologies, because they do not require
reagents for the operation, (certainly cleaning agents are required when washing the
membrane) and they can separate components with high selectivity. The newly developed
membranes own high chemical stability and resistance, however pre-treatment is required in
many cases to avoid the damage or fouling of the membrane or just to make the process more
economic. If a flow to be treated contains particles, conventional filtration as a pre-treatment
method is recommended before the membrane process. Sometimes the process- or
wastewaters can contain aggressive detrimental, which can hurt with the membrane and
causes its damage. Therefore another process (e.g. distillation, adsorption on active coke etc.)
as a pre-treatment is needed to eliminate this component. If the process- or wastewater does
not contain aggressive detrimental, but the wide range of molecules with different molecular
weight are present, then different membrane processes can be connected, and two- or threestage filtration can be applied. Therefore the different segments of the polluted flows can be
retrieved. The following studies strengthen the efficiency of hybrid separation processes.
Considering landfill leachate, the elimination of nitrogen, organic components and
salts are major challenges, which can be achieved in multiple ways. While biological
treatment, stripping and reverse osmosis treatment are the only options to remove ammonia,
organics can be removed by biological treatment, adsorption, oxidation, and dense
membranes. The salt content can only be decreased significantly by the application of reverse
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osmosis membranes. Possible process combinations are aligned by Schäfer et al. [5] in the
book Nanofiltration (page 404) [5].
A special membrane system for COD removal from the effluent of anaerobic digestion
of agricultural waste was developed by Castelblanque et al. [46]. After the biological
treatment the effluent consisted of ammonia-salts and non-degradable COD which was treated
by semi-permeable membranes. The membrane system consisted of a dual media
sand/anthracite filter, included an ultrafiltration (UF) spiral-wound membrane followed by a
NF and/or a RO membrane. COD-rejection of about 80% was achieved, therefore attaining
the environmental standards. The preparation of boiler feed water can also be classified into
hybrid processes since the hardness and chlorine content of the tap-water is removed by
adsorption on anthracite filter, and the remaining ions are removed by reverse osmosis to
reach ultra pure water.
The application of hybrid processes including membrane separation processes is widespread in different areas of the industry. In case of small volume flows of solventcontaminated off-gas streams in the chemical and pharmaceutical industry, the advised hybrid
technology consists of a stripping column and a membrane unit. Inert gas is used to strip the
solvent from the off-gas, and then the mixture of the solvent vapour and the inert gas is cooled
down in order to eliminate the condensed solvent. The remaining mixture is cleaned by
membrane process and the inert gas can be recycled. [47]
Considering the adsorption units in several areas of the industry, old vapour-recovery
units often do not meet the new and more stringent clean air requirements. One possibility of
retrofitting of an adsorption unit is the installation of a membrane unit in the feed line before
the entrance into the adsorption unit. Ohlrogge and Stürken [47] (Part II) recommend the use
of a membrane stage before the adsorption unit to shave peaks at fluctuating hydrocarbon
concentrations and to reduce the amount of higher hydrocarbons.
Membrane processes are effectively applicable as a part of a hybrid process in solvent
regeneration. A novel hybrid process for the industrial recovery of tetrahydrofuran (THF)
from two different highly non-ideal mixtures is designed by Koczka et al. [48]. The novel
hybrid processes combine the advantages of batch and/or continuous distillations, extractive
distillation, and pervaporation for efficient separation of highly non-ideal mixtures.
Pervaporation is the last step in the separation technologies and it is used for the final
dewatering of the THF. Considering other volatile organic carbon like acetone, absorption and
pervaporation is combined and applied with success by Márki et al. [49, 50]. Acetone is
absorbed in water using a packed absorption column, and then its removal from water is
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carried out with pervaporation. Therefore a hybrid process is worked out, which is technically
feasible and economically attractive. More examples can be found in literatures which deal
with the application of hybrid process including membrane separation processes. In this paper
a novel hybrid separation process is introduced for the treatment of a pharmaceutical
wastewater.
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3 Experimental apparatus applied
This chapter covers the applied devices and techniques, experimental conditions and the
analytical methods used during the experiments in case of pervaporation, nanofiltration and
reverse osmosis, hybrid process, and the applicability studies, respectively. For the
pervaporation, and membrane filtration experiments, the same laboratory –scale universal
membrane apparatus (CM-CELFA Membrantechnik AG P-28) is applied. The photo of this
universal membrane apparatus is shown in

Figure 12 Photo of CM-CELFA Membrantechnik AG P-28, universal test membrane apparatus

3.1 Pervaporation
3.1.1 Experimental apparatus and method
The pervaporation experiments are carried out in a laboratory-scale universal membrane
apparatus (CM-CELFA Membrantechnik AG P-28). The applied laboratory set-up is shown
schematically in Figure 13. Pervaporation of analytically pure isopropanol-water mixtures are
investigated. The liquid feed mixture is kept at constant temperature in a stainless steel tank.
The constant pressure in the tank is 2⋅105 Pa. The feed mixture that is circulated by a pump
contacts one side of the pervaporation membrane. The effective area of the membrane is
0.0028 m2. Throughout in our pervaporation experiments PERVAP 2210 hydrophilic
membranes of Sulzer Chemtech are used. The PERVAP 2210 type of membrane has been
developed for the dehydration of alcohols. This type of membrane can be operated at a
maximum of 90°C temperature and it can tolerate no more than 30 weight percent water in the
feed. The typical parameters of PERVAP 2210 membrane are summarized in Table 2. The
permeate side of the membrane is kept under controlled low vacuum to supply the necessary
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driving force for pervaporation. During the experiments constant 2 torr (~264 Pa) vacuum is
maintained. Due to the partial pressure difference, the permeable component is transported
through the membrane. The vapour-state permeate is condensed in the trap which is cooled by
liquid nitrogen.

Figure 13 Schematic drawing of the experimental apparatus (pervaporation mode)

The flux and composition of the permeate are measured for different feed compositions. The
experiments are carried out in a batch way, i.e. the tank is filled up then the pervaporation is
started. After reaching steady state the permeate is collected until its amount is sufficient for
analysis. The amount of the permeate is so small, that can be neglected compared to the feed
quantity in the tank (0.5 dm3), therefore, during the measurements, the composition of the
feed mixture can be regarded as constant. The composition of the feed is in the range of 0 to
15 wt% water. This is the concentration range near and over the azeotropic point of the IPAwater mixture, therefore the most important range from the point of view of dehydration.
Measurements at 60, 80 and 90°C are carried out in the above feed concentration range.
Table 2: Typical operating conditions of PERVAP 2210 membrane

Parameters
Membrane producer
For the dehydration of
Maximum water content of feed (wt%)
Maximum operating temperature, continuous (°C)
Maximum operating temperature, short term(°C)

PERVAP 2210
Sulzer Chemtech Ltd.
Neutral solvents
(e.g. ethanol, isopropanol)
30
95
100
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3.2 Nanofiltration and reverse osmosis
3.2.1 Experimental apparatus and method

Figure 14 Schematic drawing of the experimental apparatus (filtration mode)

During the nanofiltration and reverse osmosis experiments although the same universal
laboratory-scale membrane apparatus (CM-CELFA Membrantechnik AG P-28) is used, but in
a modified set-up (Figure 14). The modification of the set-up is the over-pressure inlet, which
required as a driving force of nanofiltration and reverse osmosis. Since the permeate in this
filtration mode is in liquid state and at ambient conditions, the cooling of permeate with liquid
nitrogen is unnecessary. During nanofiltration and reverse osmosis analytically pure CuSO4,
Cu(NO3)2, FeSO4, and NiSO4 solutions are investigated. The feed solution is kept at constant
temperature in a stainless steel tank. In order to supply the driving force of the membrane
filtration, gauge pressure is used on the feed side of the membrane. The constant gauge
pressure in the tank is ensured by a reducer using an inert gas, in our case nitrogen gas. The
feed solution that is circulated by a pump contacts one side of the membrane. Due to the
circulation, cross-flow experiments can be achieved. In my experiments acid resistant SE
reverse osmosis membrane of Sterlitech Corporation and MPF44 nanofiltration membrane of
Koch Membrane Systems, Inc. are used. Both of them are thin film composite membranes.
The typical operating conditions of the applied membranes can be seen in Table 3.
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The permeate side of the membrane is under atmospheric pressure. Due to the pressure
difference, the permeable component is transported through the membrane. The permeate
leaves the membrane continuously.
Table 3: Typical operating conditions of SE and MPF44 membranes

Parameters
Membrane producer
Type of membrane
Typical operating pressure
(105 Pa)
Typical operating temperature
(°C)
Applicable pH range
Typical rejection for NaCl (%)

SE
Sterlitech Inc.
RO

MPF44
Koch Membrane
NF

30

30

25

30

2-11
98.9

2-10
25

Membranes are conditioned with distilled water at every pressure applied in order to
achieve the expected flux and also to determine the product of diffusion and sorption
coefficient of water (Dw·Kw) which is used for modelling the permeate flux (see in Equation
(24)) and also to determine membrane resistance (Rm, see Equation (30)). Measurements at a
constant temperature of 25°C, and in the range of 15 ⋅ 10 5 - 35 ⋅ 10 5 Pa are carried out.

The flux, conductivity and copper concentration of the permeate are measured for
different feed compositions and at different pressures. The experiments are carried out in a
batch way, i.e. the tank is filled up then the filtration is started. The total amount of the feed is
0.5 dm3. The permeate is collected in given quantities: until its amount is sufficient for
analysis. The amount of the total permeate is about 80% of the feed quantity.
The compositions of feed solutions are adjusted according to typical metal concentration
range of process waters from a textile coating plant and planning of experiments.

3.3 Continuous-mode-test membrane apparatus (NF&RO)
3.3.1 Experimental apparatus and method
The experiments of the applicability study are carried out in a “3DTA” type cross-flow testmembrane apparatus. The real wastewater is pumped from the feed tank into the membrane
unit with a high pressure pump. Flat sheet NF and RO membranes with an effective area of
0.015 m2 are tested. The experiments are carried out in a continuous mode. The real
wastewater feed is pumped continuously into the membrane unit where it is circulated above
the membrane surface to avoid fouling of the membrane and also to investigate cross-flow
filtration. The velocity of the fluid on the membrane surface is 1.09 m/s. The permeate leaves
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the membrane continuously. The retentate flow is also taken away to close the mass balance.
Before starting the experiments, the membranes are washed with distilled water. The photo
shows the continuous-mode test membrane apparatus.

Figure 15 Photo of the continuous-mode test membrane apparatus

The schematic drawing of the “3DTA” cross-flow test membrane apparatus can be seen in
Figure 16.

Figure 16 Schematic drawing of “3DTA” type cross-flow test-membrane apparatus

When performing the applicability study of membranes at extremely different conditions two
nanofiltration and two reverse osmosis membranes are applied. The typical operating
conditions of the membranes are summarized in Table 4.
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Table 4: Typical operating conditions of membranes applied to the applicability study (see chapter 7)

Parameters

DL

DK

AD

SC

Membrane producer

DESALINATION SYSTEMS Inc.

Type of membrane

NF

NF

RO

RO

Typical operating
pressure
(105 Pa)

5-28

5-28

55

55

Maximum operating
pressure
(105 Pa)

35

35

70

70

Applicable pH range

2-11

2-11

4-11

2-11

-

-

99.5

99

96

98

-

-

Typical rejection for
NaCl (%)
Typical rejection for
MgSO4(%)

3.4 Supplementary unit operations applied
3.4.1 Experimental apparatus and method
•

Conventional filtration: filter, grade 1290, is located on a filter flask and used for pretreatment of the wastewater from pharmaceutical industry. The feed to be filtered is
poured on a conical tank, in which the filter media is placed in. In order to accelerate
the velocity of filtration vacuum is applied.

•

Rectification: after the conventional filtration the pre-treated wastewater (the filtered
liquid) is fed into the bench-scale distillation column. The distillation column has 14
theoretical plates. The distillate contains the volatile organic compounds. The high
molecular compounds remain in the bottom product, which is to be further treated.
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4 Analytical methods
In case of dehydration of isopropanol-water mixtures by pervaporation, hydrophilic
membrane is applied, so the major component of the permeate is water, and isopropanol is
present only in traces. The experiments last until the amount of permeate is analysable, that is
the amount of permeate is so small, that can be neglected compared to the feed quantity.
Therefore the composition of retentate is practically the same as the feed. The permeate
composition is analysed by gas chromatography, the water content of feed and retentate is
analysed by Karl-Fischer titration.
When filtering heavy metal containing solutions by nanofiltration and reverse

osmosis, the temperature, conductivity and pH of the permeates are tracked continuously.
Heavy metal (copper, iron and nickel) content of the permeates are analysed by atomic
absorption. The viscosity of the permeate is measured, since this value is important from the
point of view of modelling.
When studying the applicability of several membranes, organic compound containing
wastewaters are treated by nanofiltration and reverse osmosis, and the efficiency of
filtration is determined by the rejection of organic content. The organic contents of feed,
permeate and retentate associate with the chemical oxygen demand (COD), which is analysed
using standard ISO 6060:1989.
When applying a hybrid separation processes for the treatment of a wastewater from
pharmaceutical industry, the chemical oxygen demands of end products of each separation
steps are measured according to the standard ISO 6060:1989. After the rectification step, the
two phases of distillate, which contains methanol, ethanol, isopropyl-acetate, and toluene, is
analysed using gas chromatography.

4.1 Gas chromatography
Volatile organic content (e.g. methanol, ethanol, isopropanol, isopropyl-acetate, toluene) of
samples is analyzed by gas chromatography using a flame ionization detector. The applied
chromatograph is a Shimadzu GC-14B (column: WCOT fused silica, stationary phase: CPSIL-5CB, length 0.5 m, inside diameter: 0.32 mm, outside diameter: 0.45 mm, film thickness:
1.2 µm). During the analyses the chromatographic column is kept at a constant temperature of
60°C, while the injector and the detector are thermostated at 250°C. The error of the
analytical method is around ±1%.
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4.2 Karl-Fischer titration
Water concentrations of the feed and the retentate of pervaporation experiments are measured
using potentiometric Karl-Fischer titration. The error of titration is around ±1%.

4.3 Temperature, conductivity and pH
Temperature, pH, and conductivity of the permeate are continuously measured by a WTW
340i pH/conductivity meter.

4.4 Atomic absorption
Heavy metal (namely copper, iron and nickel) concentrations of permeate and retentate are
determined by the method of atomic absorption using a Perkin Elmer 3100 spectrophotometer
at a wavelength of 324.8, 248.3 and 232 nm, respectively.

4.5 Viscosity
Permeate viscosity is measured by a Hoeppler viscosimeter at 25°C temperature.

4.6 Chemical oxygen demand (COD)
Chemical oxygen demand of filtered liquid, bottom product of distillation and permeate of
membrane filtration are determined by the K2Cr2O7 standard method. This method is
equivalent in technical content and fully corresponds to the International Standard ISO
6060:1989.
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5 Pervaporation of isopropanol-water solutions
5.1 Experiments
Experiments are carried out at three different temperatures (60, 80 and 90°C), in order to be
able to investigate the temperature dependence of the transport. 90°C is the highest
temperature at that the PERVAP 2210 membrane can be operated. On the other hand, fluxes
below 60°C are very low. Since the surface of the applied membrane is just 28 cm2, the
operating temperatures are selected so that the measurements would not last too long (less
than 6 hours). From the same reason, a very low (264 Pa or 2 Hgmm) vacuum is used on the
permeate side in order to get the highest possible driving force for the permeation.
According to my experience, the time necessary for reaching steady state depends on
the temperature, the water content of the feed, the membrane area, and the liquid circulation
speed applied on the feed side. Since the effective area of the membrane is fixed, the
circulation speed is sufficiently high, and the water content of the feed is relatively low
(0-15wt%), it is mainly the temperature that determines the length of the time necessary for
reaching steady state. According to my experience, 10, 15 and 20 minutes are necessary to
reach steady state at 60, 80, 90°C temperatures, respectively.

Table 5: Azeotropic compositions of isopropanol-water mixtures measured, and according to different
activity coefficient calculating models

wt% of isopropanol in
Applied model

the isopropanol-water
mixture

Literature [51]

Measured

87.90

NRTL

84.15

Wilson

88.52

UNIQUAC

87.38

UNIFAC

87.90

Calculated

Dehydration experiments are carried out in the range of 0-15 wt% (0-32 mol %) water content
in the feed. This is the most important concentration range from the point of view of
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dehydration. The azeotropic point of the isopropanol-water mixture at 105 Pa pressure is
located at 31.46 mol% [51], i.e. 12.10 wt% of water and depends on the applied activity
coefficient calculating model (see Table 5). On the other hand, the PERVAP 2210 membrane
cannot be used over 30 wt% of water contents in the feed.
Figure 17 illustrates the measured permeate fluxes versus the feed concentration at
different temperatures. As Figure 17 shows, the permeate fluxes do increase with the water
content of the feed and with increasing temperatures. The same trend has been observed by
other authors in case of dehydration of aqueous isopropanol solutions using hydrophilic
membranes [10, 14, 52]. Similar characteristics are reported in the recent paper of Qiao et al.,

2

permeate flux [kg/(m hr)]

too [53].

3.0

60°C

2.5

80°C

2.0

90°C

16.52

10.65
15.83

1.5
1.0

11.15

5.26

0.5

15.00

11.01

5.05
5.21

0.0
0

5

10
wt% water in feed

15

20

Figure 17 Influence of feed concentration on the permeate flux at different temperatures in case of
dehydration of isopropanol-water mixtures by pervaporation

The labels show the water content of feed mixture, which are applied to observe the
temperature dependence of the permeate flux at three different feed compositions, see Figure
18. It can be seen that the permeate flux increases exponentially with the temperature. Figure
18 also shows that the permeate flux increases with the feed water concentration. The highest
flux in our case could be measured at 90 °C temperature and 15wt% of feed water content.
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55
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Temperature (°C)
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Figure 18 Temperature dependence of the permeate flux at three different feed compositions

5.2 Parameter estimation for the binary system
As it is mentioned in Chapter 2.6.1.1 the solution-diffusion model of Rautenbach [54] is
applied when modelling the permeate flux. According to this model transport model
parameters have to be fitted to the experimental data. The fitted parameters are as follows: Q0,
∗
∗
Disopropanol
, Dwater
, Eisopropanol , Ewater . Additionally, the binary interaction parameters of the

applied liquid activity coefficient model should be fitted, too. The parameter estimation is
executed in two ways: using the GAMS software at first, and later using the solver of
Microsoft Excel. The second method is also needed, because Lovasz et al. [55] published the
value of Q0 for the same membrane. Therefore using the value of Q0 determined by Lovasz et
al. [55], the other four parameters are estimated by Excel. The method of least squares is
applied in both cases.

5.2.1 Parameter estimation using the GAMS software
The parameter estimation is handled as a mixed integer nonlinear programming (MINLP)
problem. It is carried out using the GAMS software package [56]. Optimization code of a non
linear optimization problem is formulated, that contains the equations of the transport model
and the measured flux data. Parameters are fitted to all the measured data using the method of
least squares. The objective function to be minimized is the sum of the square of the relative
differences of the calculated and measured component fluxes. Liquid activity coefficients are
calculated with the Wilson model.

55

The parameter determined can be used only as a whole. The value of an individual
model parameter in the parameter set does not have a physical meaning. They are the
parameters of a semi-empirical model, and they can be applied only in the temperature range
investigated (60-90°C). The value of the objective function in the optimum point is found to
be 6.492·10-5 [mol2/(m4h2)]. Comparing the transport coefficients calculated with the fitted
parameters, it can be concluded that the PERVAP 2210 membrane shows significantly higher
temperature dependence for water in the investigated temperature range. For instance, at 90°C
the transport coefficient of water is 600 times higher than that of the isopropanol.

5.2.2 Parameter estimation using the solver of Microsoft Excel
Based on the recommended methodology the pervaporation of ethanol-water is modelled
using the transport model of Rautenbach [54] and the results of the parameter estimation is
reported by Lovasz et al. [55] regarding the PERVAP 2210 membrane. Since the applied
membrane is the same, one component of the studied mixture is also the same, so it can be
assumed that the value of Q0 (the permeability of the non-selective porous support layer) is
the same.
The model parameters of the Rautenbach semi empirical model– although possessing
a physical meaning to a certain extent - are not true material properties. Consider the equation
of transport coefficient (Equation (14)). It can be clearly seen that a change in activation
energy causes greater change in value of the transport coefficient than the same change in the
transport coefficient at the reference temperature. This proves that the parameters are not real
physical-chemical parameters.
But if these parameters are treated as true material properties, then more constraints
are to be taken into account when fitting the parameters. Since the membrane studied is a
hydrophilic membrane, it let the water pass through it, and probably the value of the transport
*

coefficient at a reference temperature ( Dk ) of water is higher than that of isopropanol. After
these considerations the parameter fitting is performed by using the Microsoft Excel Software.
The objective function to be minimized is the sum of the square of the relative differences of
the calculated and measured component fluxes. The value of the objective function in the
optimum point is found to be 10.97 [mmol2/(m4h2)]. Liquid activity coefficients are calculated
according to the Wilson model and binary interaction parameters for vapour liquid
equilibrium are used (λwater,IPA=1319.976, λIPA,water=540.8163), similarly to parameter fitting
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∗
∗
using the GAMS Software. The re-fitted parameters are as follows: Disopropanol
, Dwater
,

Eisopropanol , Ewater .

5.2.3 Comparison of the parameter estimations
Model parameters estimated by GAMS and Excel are shown in Table 6. It can be clearly seen
from Table 6 that applying the permeability value (Q0=3 kmol/(m2hr·bar)) determined by
Lovasz et al. [55] for this membrane does not bring any great change in the values of the
transport coefficients at the reference temperature. Comparing the values of the parameters of
the two estimations, the only change observed is change in activation energy of isopropanol,
which is increased by two orders of magnitude.
Table 6: Fitted model parameters for the isopropanol-water binary system

Q0

Value by
GAMS [57]
2.84970

Value by
Excel
0.03 [55]

DIsopropanol *

0.2778

0.2744

mol / (m2⋅hr)

DWater *

0.5142

0.4190

mol / (m2⋅hr)

Eisopropanol

831.4

12497.65

J/mol

Ewater

73852.3

58807.19

J/mol

Fitted parameter

Measurement unit
mol / (m2⋅hr⋅Pa)

5.2.4 Comparison of the measured and modelled fluxes
Since the modelling is based on the molar flux, the comparison of the measured and modelled
fluxes is in mol/(m2·hr) in the function of water content of feed. Figure 19 shows the
comparison of measured and modelled water fluxes (using the parameters fitted by GAMS).
As Figure 19 shows, at lower water concentrations of the feed the measured and the simulated
fluxes are in a better agreement compared to that of at higher water concentrations. At higher
feed water concentrations the simulation underestimates the measured flux data. This is the
tendency even when taking into account that the measured flux data can have an error of 10%.
Using similar notations, the measured and modelled fluxes (using the parameters fitted by
Microsoft Excel) are shown in Figure 20.
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Figure 19 Measured and modelled molar fluxes the parameters fitted by GAMS
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Figure 20 Measured and modelled molar fluxes the parameters fitted by Excel

Trend is similar as before: measured and the simulated fluxes are in a better agreement at
lower water concentrations. Comparing Figure 19 and Figure 20 there is a significant
difference between the two figures: when using the parameters fitted by Excel, the model
much more underestimates the measured fluxes at higher than 10 mol% water of feed, than in
case of applying the parameters fitted by GAMS. If the comparison is focused on the range of
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0-10 mol% of water content, the parameter estimation result in better agreement between the
measured and modelled data (see Figure 21).
From the comparison it can be stated that the modelled fluxes based on parameter
setting by GAMS result in better agreement between the measured and modelled values in the
whole range of experiments, than that of model based on Excel parameter setting, in spite of
better agreement observed at lower water concentration range in case of estimation in Excel.
Regarding the comparison of the modelled fluxes using the parameters fitted by GAMS and
the measured fluxes, it can be stated that the model is in good agreement with the measured
data in the range of less than 30 mol% of water, which is interesting in the point of view of
dehydration. The semi-empirical model is applicable for the modelling the dehydration of
isopropanol-water binary system by pervaporation over the azeotropic point, where
conventional distillation can not be used.
60°C-measured
60°C-modeled

20

80°C-measured

2

Water flux [mol/(m hr)]

25

80°C-modeled

15

90°C-measured
90°C-modeled

10
5
0
0

2
4
6
8
water content of feed (mol% )

10

12

Figure 21 Focused part of Figure 20

5.3 Simulation of pervaporation in ChemCAD, model verification
5.3.1 Modelling of the measured data
The user added pervaporation module of ChemCad is used to model the measured permeate
fluxes that are obtained using a lab scale experimental apparatus. The isotherm experiments
can be simulated when specifying just one area section. The specified membrane area is
identical to that of the experimental apparatus. Comparisons of the measured and simulated
total permeate fluxes at different temperatures are shown in Figure 22.
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As Figure 22 shows, at lower water concentrations of the feed the measured and the
simulated fluxes are in a better agreement compared to that of at higher water concentrations.
At higher feed water concentrations the simulation underestimates the measured flux data.
The tendency is the same as observed when using the GAMS Software.
The pervaporation algorithm in the ChemCAD environment is applied for the
simulation of dehydration of isopropanol-water binary mixtures. Considering the comparison
of the measured and simulated permeate fluxes it can be stated in case of low water
concentration (around and over the azeotropic point) the simulation result in adequate
accuracy.

2
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3.0

60°C-measured
80°C-measured
90°C-measured
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80°C-simulated
90°C-simulated

2.5
2.0
1.5
1.0
0.5
0.0
0

5
10
15
water content of feed (wt% )

20

Figure 22 Comparison of measured and simulated fluxes using the ChemCAD Simulation Software

5.3.2 Modelling of an industrial distillation-pervaporation plant
A herbicide called “Propizoklor”, which is widely used in corn cultivation, is produced in a
Hungarian chemical plant whereas one of the organic synthesis steps is carried out in absolute
isopropanol. During the synthesis the isopropanol is contaminated by water, therefore, it
needs to be regenerated and recycled to the beginning of the process. The dehydration of
isopropanol at an organic synthesis plant is necessary, and is carried out with the help of
pervaporation. The regeneration consists of two steps: first the aqueous isopropanol is
distilled in order to get close to the azeotropic composition, then dehydration by
pervaporation follows.
Using our simulation tool for pervaporation units, various steady-state hybrid systems can be
built up and simulated, now in ChemCad. Figure 23 shows the representative structure of a
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hybrid, distillation-pervaporation system. Figure 23 shows what the user can see on the
graphical user interface of ChemCad.

Figure 23 Representative structure of a hybrid system: distillation followed by pervaporation

The isopropanol-water mixture to be processed is fed into the distillation column at first. By
distillation an azeotropic isopropanol-water mixture is produced. After preheating, the liquid
distillate is pumped into the first flat membrane module. Industrial flat membrane modules
consist of large numbers of small-surface flat membrane sheets connected in parallel. The
new ChemCad pervaporation unit allows the calculation the output of such a flat membrane
sheet, so for modelling an industrial system many sheets are to be connected in parallel and in
series. The number of parallel membrane sheets can be set in the simulator by applying stream
dividers and multipliers. These are represented by black-filled circles in the figure. The
permeate streams of the modules are collected, condensed and recycled into the inlet of the
distillation column. The retentate is re-heated between the modules; the retentate leaving the
last membrane module is the dehydrated isopropanol product. For the sake of illustration,
Figure 23 shows three membrane modules in series, whereas each membrane module consists
of several flat membrane sheets.
The industrial scale pervaporation system that I simulate consists of 12 consecutive
flat membrane modules. (It should be noted that this plant has been closed for few years by
economical reason.) One membrane module consists of 81 flat membrane sheets connected in
parallel, each sheet having a surface of 1/3 m2. Hence the industrial pervaporation apparatus
has a total membrane area of 324 m2. This structure can be built up similarly to the structure
shown in Figure 23.
In case of the industrial apparatus, 1000 kg/hr azeotropic isopropanol-water mixture is fed
into the pervaporation system. 1000 Pa permeate side pressure is ensured by a vacuum pump.
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The pressure of the feed of the pervaporation apparatus is 5 ⋅105 Pa. Pressure drop of a
membrane module at 1000 kg/hr feed flow rate is around 3 ⋅104 Pa. The temperature of the
retentate is always re-heated to 98 °C.
Structure of the industrial apparatus is built up in ChemCad, and the operating parameters
listed above are set. Pervaporation membrane transport is modelled using the transport model
outlined in section 2.6.1.1, with parameter values shown in Table 6. 119 (≈1/3m2 / 0.0028 m2)
area sections are chosen for the 1/3 m2 flat membrane sheets. The isopropanol product of the
real industrial pervaporation plant has a composition of around 1.0 wt% water, while the
simulation resulted in a retentate containing just 0.07 wt% of water. The difference can be
accounted for the fact that the present model of the membrane modules does not consider flow
patterns therefore it can predict higher product purities. Incorporating flow property relations
into the model of the membrane modules is subject of future developments of the software. It
can be concluded that the simulation tool applied describes the experimental data well enough
for carrying out preliminary simulations.
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6 Component transport through nanofiltration and reverse
osmosis membranes: modelling the transport of test solutions
representing process-waters
Among the principles of sustainable development and green chemistry states that the
production of wastes should be minimized (execute solvent recovery; waste/process water
treatment with so-called clean technologies).
Several examples prove the sufficient applicability of nanofiltration and reverse osmosis
in waste- and process water treatment (see Chapter 2.7.2). In this chapter an approximating
description of dewatering of metal ion-containing process waters by membrane filtration is
given. The effects of parameters like transmembrane pressure, heavy metal ion concentration,
pH and composition of feed are studied. The modelling of the process is given in detail.

6.1 Experiments
In order to study the transport through nanofiltration and reverse osmosis membrane and see
the effects of several parameters, test process waters are filtrated. A nanofiltration membrane
is tested at first. The heavy metal ions in test wastewaters are copper(II), iron (II) and iron(III)
(why iron(III), see explanation in Chapter 6.3.5) and nickel(II). To have comparable results of
filtration, the same anion i.e. sulphate is chosen. The composition of the feed is between 0.5
and 5 kg/m3 for copper in case of copper-sulphate and iron-sulphate solutions and 0.2 and 2
kg/m3 in case of nickel-sulphate solutions. Process waters may contain not only a single
cation and anion but other ions, too. In order to study the effect of changing anion
composition by constant copper content of 2 kg/m3, experiments using variable anion
compositions are carried out. The ratios of the copper-sulphate and copper-nitrate solutions
are varied as shown in Table 7.
Table 7: Ratios of copper(II)-sulphate and copper(II)-nitrate solutions at constant copper(II) content of 2
kg/m3, while studying the effect of anion composition

CuSO4 : Cu(NO3)2
1:3
1:1
3:1
0:1
1:0
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The concentration range of about 2 kg/m3 is close to the typical copper(II), iron(II), iron(III)
and nickel(II) ion concentrations of process waters from a textile coating plant. Therefore
these concentrations are the most important from the point of view of process water treatment.
A reverse osmosis membrane is also tested. Since a bit lower rejection of copper ion is
observed while filtration of copper-sulphate solutions, the further modifications in feed
composition are not adjusted in the case of reverse osmosis membrane.
The applied experimental apparatus, the filtration method correspond to the devices and
methods described in chapter 3.2, and analytical methods correspond to analysis described in
chapter 4.3, 4.4 and 4.5. The compositions and pressures adjusted in case of the nanofiltration
and reverse osmosis membrane are shown in Table 8 and Table 9, respectively.
Experiments are carried out according to an experimental plan, and the well-known
experiments in series, too. The feed concentration is selected at first and series of experiments
are carried out changing the applied transmembrane pressure. So that, the experiments in
series can result in reliable data, it requires many experiments. With the use of an
experimental plan, the number of experiments can be decreased.

6.1.1 Experimental plan
p

Part of the experiments is carried out according to a 2 –type-factor plan. The order of the
experiments is chosen randomly, in order to avoid any systematic effect due to the time.
When the effects of two parameters i.e. pressure and heavy metal ion concentration are
studied simultaneously, a 22 type experimental plan can be set. It means that at a selected
concentration and pressure range, four experiments are carried out. The extremums of the
parameters are adjusted to a minimum and a maximum value. The basic level of the factors is
the arithmetical average of the extremums. If the concentration is fixed e.g. at the minimum,
two experiments corresponding to the minimum and maximum pressure are carried out and
also two experiments at the maximum concentration.
In order to check the reproducibility of experiments, three experiments at the central point (in
the middle of the concentration and pressure range) are carried out. Experimental plan is used
in case of nanofiltration membrane for copper-sulphate, iron-sulphate and nickel-sulphate
solutions.
All the experiments are carried out at isotherm (T=25°C) conditions.
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Table 8: Feed compositions and applied pressures in case of nanofiltration according to the 2p-type
experimental plan, (in brackets the tested composition if there is any deviation)

Component
Coppersulphate

Concentration (kg/m3)

Pressure (105 Pa)

4

15, 20, 25, 30

2

15, 20, 25, 30

0.5

15, 20, 25, 30

0.5 (0.464; 0.318)

15, 35

2.75 (2.732; 2.764;
2.224)

Iron-sulphate

5 (4.670; 5.083)
0.5
2.75 (3.142; 3.077;
3.154)

Nickelsulphate

25 (3 experiments)
15, 35
15, 35
25 (3 experiments)

5 (6.615; 6.269)

15, 35

0.2 (0.1842; 0.1879)

25, 35

1.1 (1.2118; 1.2539;
1.1907)
2 (1.9114; 1.8693)

30 (3 experiments)
25, 35

Table 9: Feed compositions and applied pressures in case of reverse osmosis

Component
Coppersulphate

Concentration (kg/m3)

Pressure (105 Pa)

2

15, 20, 25, 30

4

30

0.05

30

6.1.2 Effect of transmembrane pressure
As it is mentioned above, the experiments in series result in reliable results, but many
experiments are needed to be carried out. Figure 24 shows the effect of transmembrane
pressure on permeate flux at different feed concentration of copper(II) in both cases of NF and
RO membranes. It can be clearly seen that the permeate flux increases with increasing
pressure, and decreases with increasing feed concentration. If the fluxes of nanofiltration and
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reverse osmosis membrane are compared, higher flux can be reached at the same pressure at
same feed composition using NF membrane than RO membrane, as it is expected. At lower
transmembrane pressure the difference in fluxes is not significant, but as the applied pressure
is increasing, the difference is also increasing. An explanation for this phenomenon can be,
that the applied pressure range fits the typical pressure range of NF membranes, but it is the
lower part of typical pressure range of RO. RO membranes requires higher pressure for better
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Figure 24 Permeate flux versus transmembrane pressure at different feed compositions of Cu(II)
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6.1.3 Effect of feed concentration
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Figure 25 Effect of feed concentration on permeate flux at different pressure using NF membrane
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If the same experimental data are plotted against Cu(II) concentration of feed, see Figure 25,
the above mentioned tendency can be observed, i.e. the permeate flux decreases with
increasing feed concentration and increases with increasing transmembrane pressure. It is also
visible, that there is no significant decrease in flux while increasing the Cu(II) concentration
of feed from 0.5 to 2 kg/m3, but significant decrease in flux can be observed while the feed
concentration is increased from 2 to 4 kg/m3.
From the aspect of RO membrane at the same pressure the drop of flux while
increasing the concentration from 2 to 4 g/l is not so significant than in case of the NF
membrane. The concentration dependence of permeate flux in case of the RO membrane is
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shown in Figure 26. It is measured only at 30 bar since it fits better into its application range.
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Figure 26 Effect of feed concentration on permeate flux at 30 bar using RO membrane

6.1.4 Effect of pH in acidic conditions
The pH of the test solutions of the applied heavy metal ions is acidic. Increasing pH makes
the heavy metal ions precipitate in hydroxide form. However in the industry the process
waters contain not a single anion and cation but other components too (e.g. cyanide ion,
complexing agents etc.), which can change the pH. The pH also depends on the process. For
example in case of acidic exhaustion of heavy metals the forming process water is acidic. In a
textile coating factory, process waters after the surface modification can have alkalic pH, but
due to complexing agents the heavy metals do not precipitate but remain solved. Using test
solutions the effect of acidic pH of permeate flux is studied. The original pH of the feed
solution is 4.38. In order to adjust the pH of feed solution sulphuric acid is used. The
influence of pH on permeate flux is shown in Figure 27. It is visible that permeate flux
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decreases with increasing pH of feed solution. Similar results were found by others: Murthy et
al. [58] studied the pH effect on the rejection and flux in case of nickel solutions and found
that the variation in pH is having not too high effect on the rejection, whereas the flux
decreases with the increase in pH of feed solutions. The phenomenon that increasing pH
causes permeate flux decline is valid not only in case of filtration of heavy metal ions, but
other components too. Ahmad et al. [59] studied the effect of pH on four nanofiltration
membranes while filtration of atrazine and dimethoate. It was found that increased pH
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Figure 27 Effect of acidic pH on permeate flux in case of NF membrane at 4 g/l Cu(II) at 30 bar

2

Permeate flux [l/(m hr)]

6.1.5 Effect of changing anion composition
50
45
40
35
30
25
20
15
10
5
0

♦ CuSO4:Cu(NO3)2=1:3
■ CuSO4:Cu(NO3)2=1:1
▲ CuSO4:Cu(NO3)2=3:1
● Cu(NO3)2
+ CuSO4
at 35 bar

0

20

40

60
80
Time (min)

100

120

140

Figure 28 Effect of changing anion composition on permeate flux at constant 2 g/l of Cu(II)
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Process waters can contain several anions of copper salts. Therefore experiments by constant
copper content of 2 kg/m3 and variable anion composition are carried out. The ratios of the
copper-sulphate and copper-nitrate solutions are 1:3, 1:1, 3:1, 0:1 and 1:0 regarding the
concentration of the copper. Figure 28 shows the measured fluxes of the different anion
containing solutions at 35 bar in case of the NF membrane. It can be stated that the flux
remains practically constant, namely 37 l/(m2h), and it seems to be independent of the anion
concentration at the studied conditions, however, the valence of ions has influence on the
permeate flux and rejection.

6.2 Modelling the permeate flux using the solution diffusion model
In paragraphs 6.2 and 6.3 the parameter fitting is carried out using STATISTICA Software
[60] to the experimental data. The equations and fitted parameters agree to 95% confidence
interval, and all of them have an R2>0.9800.
The transport through the membrane can be described with the solution-diffusion
model, see Equation (24) [6]. This equation is valid for continuous filtration. Since the
experiments are carried out in a batch mode, the time-dependence of the flux is important. So
that Equation (24) can be used for batch filtration modelling, the time-dependences of osmotic
pressure difference between the two sides of the membrane (∆π) and water concentration on
the feed side (cw1) are to be determined. The time, as a lonely parameter, can not inform us
about the actual state of filtration, because the permeate flux, is also changing in time, and the
flux depends on the applied pressure and concentration, too. The use of yield-dependence of
osmotic pressure difference and water concentration on the feed side can give more useful
information about the filtration instead of time-dependence. Using the definition of yield as
introduced in paragraph 2.1.5, the time-dependence can be converted into yield-dependence,
since in case of dilute solutions, the measuring time depends only on the applied pressure, so
the relation between operating time and yield is linear. Considering that during membrane
filtration mainly the water passes through the membrane, the diffusion and sorption
coefficients of the water are needed to be determined. Right before the experiments with the
test process waters, the filtration of distilled water is carried out due to the procedure detailed
in paragraph 3.2.1. Measuring the permeate flux of distilled water, and knowing that no
osmotic pressure difference exist between the two side of the membrane, and the value of
transmembrane pressure and temperature, the product of diffusion and sorption coefficients of
water can be calculated according to Equation (24).
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Similarly to parameter A (see Equation (26)), the product of Dw·Kw is assumed to be
independent of the concentrations on the both sides of the membrane. According to
Rautenbach for cellulose acetate membranes, parameter A decreases slightly as the operating
pressure increases. As it can be in Figure 29 in case of our tested NF thin film composite
membranes no tendency can be observed, but regarding the RO membrane, the statement of
Rautenbach is confirmed. The difference can be explained by different swelling time or the
aging of the membrane [61]. Due to this phenomenon, when modelling the permeate fluxes,
the appropriate Dw·Kw values for the given membrane at each transmembrane pressures are
applied. Baker [6] (see at pages 35-36) calculates flux of 20wt% n-decane solution in methyl
ethyl ketone (MEK). In these calculations, the ratio of the permeabilities of MEK and ndecane, DMEKKMEK/Dn-decaneKn-decane, is set at 10. Taking into account that this assumption
result in good agreement between measured and calculated fluxes, I extended the application
of this assumption for the filtration of salts. So, when modelling the total flux through the
membrane, the salt flux is modelled by Equation (28), in which the product of the diffusion
and solution coefficients of solute (Ds·Ks) are taken one-tenth of those of (Dw·Kw) of water.
The verification of this assumption is implemented in paragraph 6.2.1.
After the analysis of permeates, using the component balance the osmotic pressure
difference (∆π) [Pa] and water concentration on the feed side (cw,1) [kg/m3] are calculated.
The van’t Hoff equation [62] is applied for the calculation of osmotic pressure difference.
Then a function is adopted to the calculated osmotic pressure difference (∆π) and water
concentration on the feed side (cw,1). For the evaluation of the measured data, STATISTICA
Software is applied [60].
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Figure 29 calculated Dw·Kw in the function of transmembrane pressure in case of filtration of distilled
water through MPF44 NF membranes and SE RO membrane

The solution-diffusion model [6] in case of reverse osmosis ignores the effect of concentration
polarization, since the concentration polarization modulus is close to one at the studied
conditions. (See Figure 2.) Nanofiltration can be classified as loose reverse osmosis [6],
therefore the effect of concentration polarization can be neglected, also. Since cross-flow
filtration and relatively high feed velocity are applied, the Peclet-number is in the 10-7 order
of magnitude, that the concentration polarization modulus can be regarded as unity. Based on
these considerations, concentration polarization modulus is regarded as unity, and
concentration polarization is neglected in this section.

6.2.1 Derivation of equation for salt flux
In order to proof the applicability of the statement above, i.e. the Ds·Ks / Dw·Kw = 1/10
to the calculation of permeate flux of my experiments, the flux of salt is expressed by another
equation, which does not consist the diffusion and sorption coefficient of the salt. Establishing
the equation for the calculation of salt flux is as follows:
The initial equation is the rejection (Equation (4)), but leaving the percentage. The permeate
concentration then can be expressed as:

R = 1−

m salt
1
⋅
M salt ⋅ V p c f

(32)

where R [-] is the rejection, msalt [kg] is the mass of the salt, Msalt [g/mol] is the molar mass of
the salt, Vp [m3] is the volume of the permeate, and cf [mol/m3] is the feed concentration.
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Rearranging the equation and multiplied by the membrane surface A (m2) and the measuring
time t (s) forms:

m salt
A⋅t
⋅
= A ⋅ t ⋅ (1 − R )
M salt ⋅ V p c f

(33)

Replacing the permeate volume as the ratio of permeate mass and permeate density, and
installing the salt flux as J salt =

J salt =

m salt
, equation (34) forms:
A⋅t

M salt J p
⋅
⋅ c f ⋅ (1 − R )
1000 ρ p

(34)

where, Jp=Vp/(A·t) [kg/(m2s)] is the permeate flux.
To calculate the salt flux, the density of water at 25°C is applied, i.e. 997 kg/m3. Rejection
changes versus time, by this it depends on yield, also. The parameter estimation of rejection
as a function of yield can be found in the next paragraph.

6.2.2 Derivation of Dw·Kw / Ds·Ks - approximate calculation for evaluation
Considering the salt fluxes, calculated according to Equations (28) and (34), it can be
assumed that they are equal. Implementing Equation (29) as total permeate flux into Equation
(34), and replacing Jwater with Equation (24), and Jsalt with Equation (27), the ratio of Ds·Ks
and Dw·Kw is derivable. The formed equation is as follows:

 − ν ⋅ ∆p 
1 − exp s

Dw K w ρ p − c s ,0 ⋅ (1 − R )
ℜT 

=
⋅
Ds K s
c w, 0 ⋅ (1 − R )
 − ν ⋅ (∆p − ∆π ) 
1 − exp w

ℜT



(34a)

Regarding the dilute test solutions (initial concentration is equal or lower than 2 kg/m3), the
calculated the values of Dw·Kw/Ds·Ks are in the range of 45…50.

6.2.3 Rejection
Since the experiments are carried out in a batch way, the solution on the feed side is
concentrated more and more. As the solution on the feed side is more concentrated, more ions
are pressed through the membrane, therefore the concentration of the permeate is slightly
increasing. That is, the rejection, which is defined by Equation (35), is changing in the
function of yield. Knowing the concentration of the permeate side, the rejection can be
calculated and plotted in the function of yield, a negative exponential relationship can be
observed. When filtering different Cu2+ containing solutions both NF and RO membranes, the
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final rejection is never less than 94%. In the case of FeSO4 solutions this value is between 92
and 94%. The ease of concentration of NiSO4 solutions is more difficult. The type of fitted
equation is as follows:
R = R0 ⋅ exp(−const ⋅ VP / VF )

(35)

where R0 is the initial rejection of divalent ions; a constant, fitted by the STATISTICA
Software.

R = 0.9664 ⋅ exp(−0.0018 ⋅ VP / VF )

(36)

for NF measurements in the case of CuSO4 and FeSO4 solutions. In the case of NiSO4
solutions, the constants are modified to

R = 0.9341 ⋅ exp(−0.3904 ⋅ VP / VF )

(37)

Considering RO membrane higher initial rejection is expected and observed than for the NF
membrane. The fitted equation is as follows:

R = 0.98 ⋅ exp(−0.0752 ⋅ VP / VF )

(38)

6.2.4 RO membrane
Considering the measurements using distilled water, Dw·Kw is independent of time, that is, it
can be assumed as a constant. When modelling the flux of RO membrane the proper Dw·Kw
constant calculated from the distilled water experiments is used. The water concentration and
the osmotic pressure on the feed side change in the function of time and yield. Plotting the
calculated cw,1 values versus yield, negative power function can be observed. Plotting the ∆π
values against yield, positive exponential relationship arises. In the case of the RO membrane
the filtrations of 0.05, 2 and 4 kg/m3 copper containing solutions are investigated. For the
parameter fitting of yield-dependence of ∆π and cw,1 the STATISTICA Software [60] is used.
The fitted equations are as follows:

 45.8758 VP
∆π = c MeSO4 ⋅ ℜ ⋅ T ⋅ 2.8258 ⋅ exp
⋅
p'
VF

 128.9681 VP
c w,1 = c w,0 − exp
⋅
p'
VF










(39)

(40)

where Me means metal (i.e. Cu, Fe, Ni), ∆π is the osmotic pressure difference [Pa], VP/VF is
the yield, p’ [bar] is the applied transmembrane pressure, cMeSO4 is the initial concentration of
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solute in [mol/m3], ℜ is gas constant [J/(K·mol)], T is temperature [K], cw,1 is the water
concentration on the feed side [kg/m³] and cw,0 is the initial water concentration on the feed
side [kg/m³].
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Figure 30 Measured and modelled fluxes of 2 kg/m3 copper containing test process water in case of SE RO
membrane (using the solution-diffusion model)

Having fitted the parameters, equations (38), (39), (40), and either Equation (28) or (34) as
salt flux calculation, can be integrated into Equation (29), so the modelling of permeate flux
can be accomplished. The total modelled flux consists of the water and the salt flux through
the membrane. Figure 30 shows the measured data (marked with signs) and the modelled
fluxes in the function of yield in the case of the 2 kg/m3 copper-containing solutions at
different pressures. Two different modelled fluxes can be seen depending on the salt flux
calculation. Modelled-a stands for salt flux calculated according to the equation advised by

Baker (see Equation (28)), and applying the assumption of Ds·Ks / Dw·Kw = 1/10 (marked with
curves). Modelled-b stands for salt flux calculated according to Equation (34) established in
section 6.2.1 (marked with dashed curve). It can be clearly seen from the figure that there’s a
good agreement between the two modelled data at this concentration. It is also visible in the
figure that both models describe the measured data well at lower pressure, but at 35 bar the
models overestimate a bit the measured data. It should be noted that the modelling with the
application of Ds·Ks / Dw·Kw=1/50 is accomplished also, but since these modelled fluxes are
practically meet the modelled-b data, they are not shown in the figures. The application of
Ds·Ks / Dw·Kw=1/5 for total flux calculation is achieved, too, but it resulted in overestimation
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of the measured fluxes. The application of Ds·Ks / Dw·Kw= 1/5 and 1/50 are not in the figures
in order to keep the figures clear and comprehensible.
In order to verify the adequacy of the fitted parameters, the modelling of the 0.05 and
4 kg/m3 copper containing feed solutions is also completed and shown in Figure 31. Marking
is the same as in Figure 30: the signs represent the measured data, continuous curves the
modelled-a fluxes using Equation (28), and the dashed curves the modelled-b fluxes using
Equation (34). Both models overestimate the permeate flux at much diluted solution, but on
the whole the measured and both of the modelled data are in a good agreement.
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Figure 31 Measured and modelled fluxes of copper containing test process waters at 30 bar in case of SE
RO membrane using the solution-diffusion model)

It can be concluded that in case of the RO experiments, the modelled fluxes using different
approaches for the calculation of salt flux are in a good agreement, there’s no significant
deviation between them. Therefore it can be stated that the assumption of Ds·Ks / Dw·Kw =
1/10 can be applied when modelling the permeate flux (see Equation (29)).

6.2.5 MPF44 (NF) membrane
During the experiments I always use the MPF44 membrane but I indicate with NF I-NF IV
the different membranes originating from different batches of the membrane supplier. NF-I is
used for the filtration of the 4 kg/m3 CuSO4 solutions, NF-II is for the 0.5 and 2 kg/m3 CuSO4
solutions, NF-III is for CuSO4 and FeSO4 solutions and NF-IV is used for the NiSO4
solutions.
Similarly to the modelling of the permeate flux of the RO membrane, according to
Equations (24) and (28) Dw·Kw is examined, whether this product is constant in this case, too.
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Lower values of Dw·Kw are experienced during the filtration of distilled water in case of the
NF membrane than in case of the RO membrane. The formula fitted to osmotic pressure
difference (∆π) and water concentration on the feed side (cw1) are the same, but the fitted
parameters differ from those of RO membrane. The formed equations are as follows:


V 
∆π = c MeSO4 ⋅ ℜ ⋅ T ⋅ const1 ⋅ exp const 2 ⋅ P 
(41)
VF 

 const 3 VP 

c w,1 = c w, 0 − exp
⋅
(42)
 p' VF 
The characters stand for the same parameters as they can be seen in Chapter 6.2.4. The fitted
constants for each solute are summarized in Table 10.

Table 10: Constants of Equations (41) and (42) fitted to the experimental and calculated data using the
STATISTICA Software

Membrane Initial solution (measurement)

const1

const2

const3

NF-I.

CuSO4-4 kg/m3

0.5391

2.6898

93.9114

NF-II

CuSO4-2 kg/m3

0.5391

2.6898

93.9114

NF-II

CuSO4-0.5 kg/m3

0.5391

2.6898

93.9114

NF-III

CuSO4

0.5391

2.6898

93.9114

NF-III

FeSO4

0.5391

2.6898

93.9114

NF-IV

NiSO4

0.5391

2.6898

171.1695

6.2.5.1 Nanofiltration of copper-containing test process waters
Having fitted the parameters, equations (36), (41), (42), and either Equation (28) or (34) as
salt flux calculation, can be integrated into Equation (29), so the modelling of permeate flux
can be accomplished.
The measured and modelled fluxes of a 4-kg/m3-initial-copper-containing solution in the
function of yield can be seen in Figure 32. Similarly to those of RO experiments two different
modelled fluxes can be seen depending on the salt flux calculation; modelled-a stands for salt
flux calculated according to the equation advised by Baker (see Equation (28)), and applying
the assumption of Ds·Ks / Dw·Kw = 1/10 (marked with continuous curves). Modelled-b stands
for salt flux calculated according to Equation (34) established in section 6.2.1 (marked with
dashed curve).
In spite of that there are measuring errors, according to graphical analysis, the
modelled-a data meet the measured fluxes better at 15 and 20 bar than modelled-b fluxes, but
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at 25 and 30bar the agreement is reversed: modelled-b fluxes describe the measured data
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Figure 32 Measured and modelled fluxes of 4 kg/m3 copper containing test solution at different operating
pressures in case of MPF44 NF-I membrane (using the solution-diffusion model)
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Figure 33 Measured and modelled fluxes of 2 kg/m3 copper containing test solution at different operating
pressures in case of MPF44 NF-II membrane (using the solution-diffusion model)

If 2 kg/m3copper concentration is taken, Figure 33 shows the results. It can be stated that there
is no significant difference between modelled-a and modelled-b fluxes, modelled-b fluxes
underestimate a bit modelled-a values, but both of them are in a good agreement with the
measured fluxes.
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Figure 34 Measured and modelled fluxes of 0.5 kg/m3 copper containing test solution at different
operating pressures in case of MPF44 NF-II membrane (using the solution-diffusion model)
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Figure 35 Measured and modelled fluxes 0.5 kg/m3 of copper containing test solution at different
pressures and 2.75 kg/m3 of copper containing test solution at 25 bar (three times repeated) in case of
MPF44 NF-III membrane (using the solution-diffusion model)

Similarly to the figures above, measured and the two modelled permeate fluxes of 0.5 kg/m3
copper containing solutions are plotted in the function of yield and can be seen in Figure 34. It
is visible that at this low concentration of copper, modelled-b curves coincide with modelleda fluxes.
Reproducibility of experiments is carried out at 25 bar: ~2.75 kg/m3 of copper
containing test solutions are prepared and filtered. The slight deviation of the measured points
from each other can be explained by measuring error, which forms when the solutions are
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prepared. In order to complete the reproducibility study 0.5 kg/m3 copper-containing solutions
are filtered using NF-III membrane, too. It is visible from Figure 35 that there is no difference
between the two modelled fluxes, and both of them are in a good agreement with the
measured data.

6.2.5.2 Nanofiltration of iron-containing test process waters
Measured and modelled fluxes 0.5 kg/m3 of iron containing test solution at 15 bar () and at
30 bar (◊) and 2.75 kg/m3 of iron containing test solution at 25 bar (●×*) (i.e. the central point
of experimental plan, three-times repeated, in order to check the reproducibility of the
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experiments) can be seen in Figure 36.
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Figure 36 Measured and modelled fluxes 0.5 kg/m3 of iron containing test solution at different pressures
and 2.75 kg/m3 of iron containing test solution at 25bar (three-times repeated) in case of MPF44 NF-III
membrane (using the solution-diffusion model)

Iron(II) can easily turn into iron(III). Although during the experiments inert nitrogen gas is
used to adjust the transmembrane pressure, the initial solution has met air when pouring it into
the test membrane apparatus. This short-time contact is enough for the oxidation reaction, to
form iron(III). This theory is proved by the change in colour of solutions: while iron(II)
containing solutions are light green, the iron(III) solutions are light yellow.
It can be seen in Figure 36, that there is a slight deviation between the two modelled
fluxes in the range of 0.7-0.8 of yield. In this range the modelled-b (using Equation (34)
slightly underestimates the values of modelled-a.
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On the whole, both of the modelled fluxes are in a good agreement with the measured
permeate fluxes in the studied concentration and pressure range.

6.2.5.3 Nanofiltration of nickel-containing test process waters
Regarding the experiments of nickel-sulphate, the reproducibility experiments are carried out
at 30bar filtering ~1.1 kg/m3 of nickel containing test solutions. Beside that, 0.2 kg/m3 nickelsulphate solutions are tested at 25 and 35 bar. The results are shown in Figure 37. Similarly to
those of copper-sulphate and iron-sulphate solutions, the solutions-diffusion model, which
integrates the time-dependences of osmotic pressure difference between the two sides of the
membrane (∆π) and water concentration on the feed side (cw1) indirectly, applied to model the
measured permeate fluxes. Modelled-a fluxes contains the assumption of Ds·Ks / Dw·Kw = 1/10
as it can be seen in the cases of iron and copper solutions, and Equation (34) is applied in
modelled-b fluxes. It is visible, that the curves of modelled-b coincide with modelled-a.
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Figure 37 Measured and modelled fluxes of 0.2 kg/m3 at different pressures and 1.1 kg/m3 nickel
containing test solution at 30 bar (three-times repeated) in case of MPF44 NF-IV membrane (using the
solution-diffusion model)

6.2.6 Conclusion
It can be concluded that the determination of the product of diffusion and sorption
coefficients of water for each membrane is essential to use the solution-diffusion model. The
created models for the description of osmotic pressure difference between the two sides of the
membrane (∆π) and water concentration on the feed side (cw1) in the function of yield are
verified to be adequate. It is also verified that the modelled fluxes using different equations
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for the calculation of salt flux result in coinciding permeate flux curves in case of coppersulphate solution with a concentration lower than 2.75 kg/m3 of copper, in case of the ironsulphate solutions tested, and in case of the nickel-sulphate solutions tested, too. Visible
deviation is observed between modelled-a and modelled-b fluxes in the case of 4 kg/m3
copper-containing solution, whereabouts the modelled-b underestimates the values of
modelled-b fluxes. A good agreement between modelled-b and the measured fluxes occurs at
25 and 30 bar, at which modelled-a fluxes overestimate the measured fluxes. At 15 and 20 bar
modelled-b underestimates both the modelled-a and measured fluxes, but considering
modelled-a and measured data, they are in a good agreement.
It can be stated, that Equation (34) derived in section 6.2.1 is applicable to calculate
salt flux, therefore it is applicable in Equation (29) to calculate the total permeate flux, if the
salt concentration, i.e. the copper, iron and nickel concentration is lower than 2 kg/m3. It is
also verified, that the assumption of Ds·Ks / Dw·Kw = 1/10 is adequate, and with the use of this
assumption, the solution-diffusion model is applicable for modelling of permeate fluxes of
heavy-metal containing solutions in the concentration range of 0.2 to lower than 4 kg/m3 at
pressures between 15 to 35 bar, and probably in a wider concentration and pressure range,
too.

6.3 Modelling the permeate flux using the resistances in series model
Since the experiments are carried out in a batch way, it can be important to know how the flux
changes as filtration goes on. This option can directly inform us about the condition and the
concentration circumstances of the membrane filtration.

6.3.1 Membrane resistance
Pure water flux through a porous barrier may be described according to Carman [9] by
Equation (30). If the filtration of distilled water is carried out, the clean membrane resistance
can be calculated due to Equation (30). The driving force (∆p) is set, the viscosity of distilled
water at 25°C temperature is taken (see appendix). The flux of distilled water is measured. Rm
is needed to be determined for every membrane used, because there can be a slight difference
between them, in spite of using the same type of membrane. Its value depends on several
parameters: age of the membrane, the conditioning of the membrane, and production batches
of membrane supplier. Calculating the values of the membrane resistances during each
measurement, a scattering around a value can be observed. The pressure dependence of
membrane resistance is studied and it is found that the membrane resistance does not show
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pressure-dependency in the pressure range studied. Table 11 summarizes the calculated
membrane resistances regarding the different batches of the nanofiltration membrane,
indicated as NF-I to NF-IV, and the RO. The indication used is the same as in section 6.2.5,
i.e. NF-I is used for the filtration of the 4 kg/m3 CuSO4 solutions, NF-II is for the 0.5 and 2
kg/m3 CuSO4 solutions, NF-III is for CuSO4 and FeSO4 solutions and NF-IV is used for the
NiSO4 solutions.
Table 11: The calculated membrane resistances applied for the modelling of permeate flux

Membrane

Rm (·1014 1/m)

NF-I

3.013

NF-II

2.790

NF-III

2.757

NF-IV

2.529

RO

2.742

If a solution is filtered instead of distilled water, the observed flux is lower than that of the
distilled water, since osmotic pressure caused by presenting solutes decreases the driving
force. Additional resistances due to the presence of salt, fouling, gel formation, and adsorption
to the membrane occur. Concentration polarization could be also considered in this part if
necessary. Shäfer [5] (see at page 181) applied different terms for the different resistance, but

I summarize all these resistance into one term in Equation (31). In paragraph 6.3 the
modified osmotic pressure model is applied, and the terms of Equation (31) are explained.
Considering the yield dependence of permeate flux, as the filtration proceeds, the
solution remaining on the feed side i.e. the retentate is more concentrated which results in
higher osmotic pressure of the retentate. Mainly the water passes through the membrane. The
effectiveness of separation of a membrane is characterized by the rejection, which is defined
by Equation (4). It is recommended to skip the percentage and use the rejection values in the
range of 0 to 1, when inserting it into flux modelling.
When modelling the permeate flux, the function of osmotic pressure difference versus
yield is needed to be determined. This is based on the experiments.
The yield has influence on the fouling resistance (defined in Chapter 2.6.2), but the
relationship is not given in literature. A model equation of fouling resistance is derived

using dimensional analysis.
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6.3.2 Osmotic pressure difference
The osmotic pressure difference is the difference of the osmotic pressures on the two sides of
the membrane, defined by Equation (43).

∆π = π R − π P
where index

R

(43)
states for the retentate and

P

for the permeate. During the experiments dilute

solutions are applied, for which the van’t Hoff equation [62] can be applied.

π R = cR ⋅ ℜ ⋅ T

(44)

π P = cP ⋅ ℜ ⋅ T

(45)

where cR is concentration of retentate, cP is the concentration of the permeate, both in
[mol/m3], ℜ is the gas constant in [J/(K·mol)] and T is temperature in [K]. If the measured
and modelled permeate fluxes differ from each other, then a reasonable explanation can be
that the van’t Hoff equation is not accurate for the calculation of osmotic pressure of the
retentate.
It is derivable from Equation (4) using Equations (44 and 45) and the mass and the
component balance, that the osmotic pressure difference depends on the initial concentration
i.e. the feed concentration, the rejection rate and the yield.

∆π =

cF ⋅ R
⋅ℜ ⋅T
1 − VP / VF

(46)

During the experiments the permeate is analyzed. Knowing the permeate
concentration, and using the mass balance first, the retentate concentration can be calculated,
secondly, the osmotic pressure difference can be calculated due to the van’t Hoff equation.
Compared the calculated osmotic pressure difference to the derived Equation (46) a
correlation factor of 1.6635 is needed to be installed in Equation (46) when modelling the NF
experiments for NiSO4 solutions and 1.098 when modelling the RO experiments. No
correlation factor is needed in the cases filtrations of copper-, and iron-sulphate solutions. The
explanation of this correlation factor can be different membrane charge (NF-I to NF-IV). The
correlation factors are

determined using the method of least squares with helps of

STATISTICA Software [60]

6.3.3 Rejection
Taking into account that the experiments are carried out in a batch way, the rejection is
changing in the function of yield. The parameters of Equation (35) fitted by the STATISTICA
Software, are set to describe the yield dependence of rejection. Equation (36) is applied for
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NF measurements in the case of CuSO4 and FeSO4 solutions. In the case of NiSO4 solutions,
the constants are modified, and Equation (37) is applied. Considering RO membrane Equation
(38) is applied.

6.3.4 Viscosity
The viscosity of permeate has also great influence on permeate flux. During my experiments,
the universal membrane apparatus is thermostated but there can be about 1.5°C error in the
temperature control. However, this small deviation means significant change in the viscosity
and that has an effect on the accuracy of the modelling. This can result in a higher scattering
in the measured data, and deviation from the simulated behaviour.
The tested solutions are dilute solutions, so the permeates are much more dilute
solutions then the feed solutions. Viscosity measurements are investigated in order to state the
deviation of viscosities of permeates from the viscosity of distilled water. Viscosity
measurements are carried out using a Hoeppler viscosimeter at 25°C. Density measurements
are also required for the exact determination of viscosity. The experiments show that the
deviation from the viscosity of distilled water can be neglected. The maximum difference is
1.61%. The results of viscosity measurements are show in Figure 38.

Viscosity (mPa.s)
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CuSO4
distilled water
NiSO4
FeSO4

0.95

distilled water-repeated

0.9
0.85
0.8
0

100
200
300
400
500
Concentration of permeate (mg/l)

600

Figure 38 Viscosity of dilute solution compared to viscosity of distilled water

When modelling the permeate flux, viscosity of distilled water is used as permeate viscosity,
since the difference between the viscosity of permeate and distilled water can be neglected.
Viscosity has significant temperature dependence. Distilled water viscosity values at different
temperatures are taken from literature and a function is fitted to the data. The relationship is
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logarithmic; i.e. as the temperature is increasing, the viscosity is decreasing according to
logarithmic function. The viscosity values of distilled water taken from literature [63] are
plotted versus temperature using logarithmic scaling, and the fitted function can be seen in
Figure 39. Knowing the temperature of permeate and using the fitted function, the viscosity of
permeate can be calculated.

log (η [ mPa.s] )
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log η = -0.6847*log T + 0.8687
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R = 0.9684

0.1
0
-0.1
-0.2
-0.3
-0.4
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Lineáris (literature)
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1

1.2

1.4
1.6
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Figure 39 Viscosity of distilled water versus temperature, data taken from literature [63].

6.3.5 Derivation of the equation of fouling resistance (Rf) – Dimensional
analysis
As it is derived in Chapter 2.6.2, additional resistance exists, which I call fouling resistance.
Down to recent times there is no formula, which can describe the fouling resistance. In this
paragraph an equation is given for the calculation of fouling resistance. The derivation of
equation is based on dimensional analysis and engineering considerations.
The fouling resistance depends on the state of batch filtration, i.e. the volume of
permeate and the volume of feed. It also depends on the pressure applied for the filtration.
The fouling resistance has higher value if the filtration of a concentrated solution is carried
out than the filtration of a dilute solution; therefore it depends on the initial concentration.
Certainly the fouling resistance is influenced by the quality of filtered material. The fouling
resistance depends on: the volume of the permeate VP [m3], the volume of the feed VF [m3]
(which is always 0.5 dm3, see chapter 3.2.1), the applied transmembrane pressure p [Pa],
initial concentration of the solution c0 [mol/m3], the gas constant ℜ [J/(K·mol)], temperature
T [K] and equivalent hydrated ionic diameter dh [m], dynamic viscosity of the feed solution ηf
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[Pa·s], density of feed solution ρf [kg/m3], flow velocity of feed v [m/s], and gravity g [m/s2]
respectively.
R f = f (V P , VF , p, c0 , ℜ, T , d h ,η f , ρ f , v, g )

(47)

All the measurement units have to be expressed in SI measurement units, i.e.

J ( Joule) =
Pa =

kg ⋅ m 2
s2

(48)

kg
s ⋅m

(49)

2

In order to reduce the number of variables, the dynamic viscosity of the feed solution is
converted into cinematic viscosity νf [m2/s] by the division by density.

νf =

ηf
ρf

(50)

An equation can be set up for the fouling resistance, which states, that the fouling resistance is
equal to the product of all the terms on a certain power.

R f = VPa ⋅ VFb ⋅ p c ⋅ c 0d ⋅ ℜ e ⋅ T f ⋅ d hg ⋅ν f ⋅ v j ⋅ g k
i

(51)

Regarding the measurement units, 5 basic SI units are applied here: m, kg, s, K and mol.
Install L as length for meter, M as mass for kilogram, t as time for second, T as temperature
for Kelvin and N as molar quantity for mol. Substituting them into Equation (51), Equation
(52) forms:

(

L−1 = L3a ⋅ L3b ⋅ M ⋅ t −2 ⋅ L−1

) ⋅ (N ⋅ L ) ⋅ (M ⋅ N
c

−3 d

−1

⋅ L2 ⋅ t −1 ⋅ T −1

) ⋅T
e

f

(

⋅ L g ⋅ L2 ⋅ t −1

) ⋅ (L ⋅ t ) ⋅ (L ⋅ t )
h

−1 i

−2 j

(52)

Since 5 basic SI units are applied, we can set up an equation system, which consists of 5
equations. We also know that the dimension of Rf is [1/m]. The 5 equations are as follows:

L: − 1 = 3a + 3b − c − 3d + 2e + g + 2h + i + j

(53)

M: 0 = c + e

(54)

T: 0 = − e + f

(55)

N: 0 = d − e

(56)

t: 0 = −2c − 2e − h − i − 2 j

(57)

Solving Equation (54) c=-e can be derived. From Equation (55), f=e and from Equation (56)

d=e arise. Substituting these simplifications into Equation (53) and (57), Equations (58) and
(59) arise:

L: − 1 = 3a + 3b + g + 2h + i + j

(58)

t: 0 = − h − i − 2 j

(59)
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Expressing the power exponent h, ( h = −i − 2 j ) and substituting it into Equation (58),
Equation (60) arises.

L: − 1 = 3 ⋅ (a + b ) + g − i − 3 j

(60)

Due to engineering considerations be b=-a. If b=-a is applied, then VP/VF forms, which is the
yield. Substituting the b=-a into Equation (60) and rearranging it, Equation (61) forms.

L: g = −1 + i + 3 j

(61)

According to Buckingham Π-theory, the homogenous relation between q variables can
be converted into a product of (q-u) independent terms, grouping them according to the
powers, where u is the number of fundamental elements. Due to engineering considerations
the yield, and Reynolds-number can installed as the dimensionless numbers. Other
dimensionless numbers can be obtained if all the simplifications and expressions of powers
are substituted into Equation (51), and rearranged due to the simplifications of the powers.
After these considerations, the equation of fouling resistance is derived.

V
R f =  P
 VF





a

e

 c0 ⋅ ℜ ⋅ T  1

 ⋅
p

 dh

 v ⋅ dh
⋅
 ν
 f






i

 g ⋅d3 
⋅ 2 h 
 ν 
 f 

j

(62)

It is complicated to calculate the flow velocity above the membrane, because of the
complex configuration of the guiding plates in the membrane fixing cell. But the flow rate
right above the membrane surface is known: 1.84 l/min. Taking into consideration, that the
hydrated ionic diameter expressed in SI is in 10-12 order of magnitude, that is taken to the
power of three result in a very small number. In spite of the division by the kinetic viscosity,
which in the range of 10-6, the result is at the highest in the range of 10-15. Therefore it is
obvious to merge the fourth and fifth terms of Equation (62) into a constant. The equation of

Rf derived is simplified as follows:
V
R f = B ⋅  P
 VF





a

e

 c0 ⋅ ℜ ⋅ T  1

 ⋅
p

 dh

(63)

where B is a constant. The powers a and e, and B have to be determined by experiments.
According to my experiments a=0.1 arises. The values of the B and the power e are different
when different concentrations of solutions are filtered Table 12 summarizes these values.
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Table 12: values of constant B and power e in the Equation (63) used in calculation of Rf

B

Power e

0.2 ≤ c0 ≤1

1

-1

1 < c0 ≤ 2

1

-2

2 < c0≤ 4

PN

-2

4 < c0≤ 5.5

PN·VRR

-2

Concentration range of
heavy metal cation (kg/m3)

where PN is the proton number of the cation and VRR is the volume reduction rate, i.e. the
initial volume of feed over the final volume of the retentate.

6.3.6 Equivalent hydrated ionic diameter
In my experiments the test solutions are prepared from salts in crystalline form. CuSO4.5H2O,
NiSO4.6H2O and FeSO4.7H2O are solved in water. In these solids H2O is coordinated by H
bonding to oxoanions. (see [64] page 733-735) The crystal structure of these hydrated salts
forecasts that if they are dissolved in water, electrolytic solutions of hydrated cations and
anions will be formed. The question to be answered is: how many water molecules are
involved in these aqua complexes. Since the anions are always sulphate ones, the cation

are examined in details to conclude general features of permeation. These cations, metal
ions are in the +2 or +3 oxidation state and tend to be small and with high coordination
power. Cu2+ ions can be coordinated 6 water molecules and form hexaaqua complex:
[Cu(H2O)6]2+. The presence of this ion causes the blue colour of dissolved Cu(II) salts. Nickel
cation dissolved in water is coordinated 6 water molecules similarly to copper, and forms
hexaaqua complex: [Ni(H2O)6]2+ [64]. Considering the solution of iron-sulphate, it must be
emphasized that Fe2+ can be easily oxidized to Fe3+ in presence of air or oxygen. The
oxidation reaction can be followed by the colour of the solutions: when Fe2+ is present, the
solution is green, but in presence of Fe3+, the colour of the solutions changes to yellow. All
the divalent ions and most of the trivalent ions of the first transition period exist as wellestablished hexahydrates in the solid state, although in aqueous solution hexaaqua complexes
of the trivalent ions dominate only at low pH values due to their hydrolysis reactions [65].
Measuring the pH of the solutions proves this statement: all the solutions have acidic pH.
Both oxidation states of iron form hexaaqua complex [64], [Fe(H2O)6]2+and [Fe(H2O)6]3+. It is
to be emphasized that the metal hexaaqua complex ion can be written in another form:
[Me(OH2)6]2+, which denotes that the coordination bond is executed by the lone-pair electron
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of oxygen. Extensive studies have been performed in order to investigate the geometry of
hydrated ions, the binding energies, to study the interactions in these complexes and also to
determine the bond length [65-67]. From structural studies it also evident that the
environment can have a large influence. The ligand field effects in hydrated metal ions and
therefore different structures can exist. Figure 40 shows the different structures of hexaaqua
complexes.

Figure 40 Hydrated metal ions with planarly coordinated water ligands in (a) Th symmetry, (b) “allvertical” D3d symmetry, and (c) “all-horizontal” D3d symmetry [65]

The simplest structure is the Th symmetry. 4 water molecules form a square plane around the
cation, and the rests are above and under the cation, so an octahedral geometry can be
observed [65]. If the orientation of water ligands is changed, then a trigonal compression of
the hexaaqua ion is observed, which results in the D3d symmetry. D3d symmetry has two
types: “all vertical” and “all horizontal”, but both types compose a trigonal dipyramide, but
the hydrogens of water molecules are either in a vertical plane, or in a horizontal plane. These
conformations differ in molecule orbital energy, too. Several methods [65] exists for the
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calculation of metal-oxygen bond length and energy, in which the conformation have to be
taken into account. In order to avoid the structural differences, the same anion is chosen i.e.
sulphate. In solution, hydrogen bonding of different strength of axial and equatorial water
molecules can differ, because of the presence of the anion, which can cause an elongated
octahedron conformation. When modelling the permeate flux and deriving the fouling
resistance, the work of Akesson et al. [65] is used for the calculation of diameter of hydrated
cations. Akesson et al. summarizes the calculated and experimented metal-oxygen bond
length of Th symmetry of transient metals. (In their calculation they took into account the
structure modification of anion (sulphate), which caused the elongated octahedron
conformation.) For our calculation the mean values of experimental Cu-O, Ni-O and Fe-O
bond lengths are applied [65]. The applied values are given in
Table 13.
Table 13: Applied bond length in calculation of diameter of hydrated ions according to Aakesson et el [65]

M

Length of Me-O bond (exp.) (Å)

Cu2+

2.085

Ni2+

2.056

Fe3+

2.052

In order to simplify the calculation of equivalent hydrated ionic diameter, it is assumed
that all the cations posses a structure of Th symmetry. The equivalent diameter of the hydrated
ion consists of the diameter of cation and twice the distance between the cation and oxygen
atom of water, and the twice the diameter of water molecule. The equivalent hydrated ionic

diameter of an ion can be estimated due to the equation below:
d h = d ion + 2 ⋅ d Me −O + 2 ⋅ x

(48)

where dion is the diameter of ion, dMe-O is the length of Me-O bond and x is the height of the
isosceles triangle, which is the shape of a water molecule. All the summands are in pm, i.e.
10-12 m.
The size of the hydrated sulphate anion is in the range of 658 pm according to [68].
Ionic radiuses of the chosen cations are given in several books, but there’s a slight difference
between them. Table 14 shows the ionic radius from different literatures. It can be stated that
ionic radius of the applied ions are very similar, sometimes the same, but there are some
deviations in some cases.
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Table 14: the ionic radius from different literatures

Ionic radius (pm)

Cu2+

Ni2+

Fe2+

Fe3+

Ref. [69]

69

78

76

64

Ref. [64]

73

68

78

64.5

Ref. [63]

69

72

76

64

When calculating the equivalent hydrated ionic diameter, the bond lengths of metal-oxygen
experimented by Akesson et al. are used. The calculated values are given in Table 15.

Table 15: Calculated equivalent hydrated ionic diameters based on different ionic radius from literature,
and bond length from
Table 13

Hydrated

ionic

radius Cu2+

Ni2+

Fe2+

Fe3+

(pm) from Ref.
Ref. [69]

675

687.2

743.2

658.4

Ref. [64]

683

667.4

747.2

659.4

Ref. [63]

675

675.2

743.2

658.4

References [63] and [69] give same results, except for Ni2+, but compared to the results of
Ref. [64], the deviation is not significant. When modelling the permeate fluxes of RO and NF
experiments, the equivalent hydrated diameter is calculated according to Ref. [69].

6.3.7 RO membrane
Taking into account all the considerations (the paragraphs from 6.3.1 to 6.3.5) above, the
modelling of permeate flux using the modified osmotic pressure and resistance in series
model (see Equation (58)) is carried out. The osmotic pressure difference, the rejection, and
the fouling resistance are calculated according to Equations (46), (38) and (63), respectively.
The membrane resistance, the constant of fouling resistance, and the value of the power are
taken from Table 11 and Table 12, respectively. The equivalent hydrated ionic diameter is
taken from the fist raw of Table 15.
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Figure 41 Measured and modelled fluxes of 2 kg/m3 copper containing test solution at different pressures
in case of SE RO membrane (using resistance in series model)

Figure 41 shows the measured and the modelled permeate fluxes at different operating
pressures, using the same feed composition. Due to graphical evaluation, it can be seen that in
case of the experiment at 35 bar the model overestimates the measured fluxes, however
there’s a good agreement at the other three operating pressures.
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Figure 42 Measured and modelled fluxes of copper containing test solution at 30bar in case of SE RO
membrane (using resistance in series model)
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Experiments with different feed compositions at the same transmembrane pressure are also
carried out and modelled. In spite of the scattering of experiment, the model describes the
measured data well. This can be clearly seen from Figure 42.

6.3.8 NF membrane
As it is mentioned above, different membrane resistances are applied when modelling the
permeate fluxes of NF experiments. The osmotic pressure difference, the fouling resistance
and the rejection are calculated due to Equations (46), (63), (36) in the case of CuSO4 and
FeSO4 solutions, and Equations (46), (63), (37) in the case of NiSO4. The membrane
resistance and the constant of fouling resistance and the constants are taken from Table 11,
and Table 12 respectively. The equivalent hydrated ionic diameter is taken from the fist row
of Table 15. The measured and modelled fluxes are compared for each membrane, i.e. NF-I,
NF-II, NF-III and NF-IV.

6.3.8.1 Nanofiltration of copper-containing test process waters
Regarding NF-I membrane the measured and modelled fluxes are plotted against the yield,
and they can be seen in Figure 43. The trend of the modelled fluxes meets the trend of the
measured fluxes but at higher operating pressures (i.e. at 25 and 30 bar) and above 60% of
yield (i.e. 60% of the initial volume flow through the membrane as permeate); the model

2

Permeate flux [l/(m hr)]

overestimates slightly the experimental fluxes.
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Figure 43 Measured and modelled fluxes of 4 kg/m3 copper containing test solution at different pressures
in case of MPF44 NF membrane (using resistance in series model)
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Figure 44 Measured and modelled fluxes of 2 kg/m3 copper containing test solution at different pressures
in case of MPF44 NF membrane (using the resistance in series model)

The measured and modelled fluxes of NF-II membrane can be seen in the cases of 2 kg/m3
and 0.5 kg/m3 copper containing feed solutions in Figure 44 and Figure 45, respectively.
Avoiding that the measured points scatter, it can be stated that due to graphical analysis the
modelled fluxes meet the experimental data in both figures. It can be concluded that the
resistance in series model can be applied for modelling the experiments carried out using the
experiments is series method.
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Figure 45 Measured and modelled fluxes of 0.5 kg/m3 copper containing test solution at different
pressures in case of MPF44 NF membrane (using the resistance in series model)

94

In order to verify applicability of resistance in series model, experiments are carried out
according to an experimental plan. The modelling of the permeate flux of copper-sulphate and
iron-sulphate on NF-III membrane is investigated. Figure 46 shows the measured and
modelled fluxes of 0.5 kg/m3 of copper containing test solution at 15 bar () and at 30 bar (◊)
and 2.75 kg/m3 of copper containing test solution at 25 bar (●×*) (i.e. the central point of
experimental plan, three-times repeated) in case of NF-III membrane.
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Figure 46 Measured and modelled fluxes 0.5 kg/m3 of copper containing test solution at different
pressures and 2.75 kg/m3 of copper containing test solution at 25bar (three-times repeated) in case of
MPF44 NF-III membrane (using the resistance in series model)

6.3.8.2 Nanofiltration of iron-containing test process waters
Similarly to those of copper modelling, the same marking for the same pressures and
concentration are applied in case of the modelling of iron-containing solutions (See Figure
47). According to graphical analysis the modelled data are in good agreement with the
measured data at both initial iron concentrations of 0.5 and 2.75 kg/m3. The scattering around
the modelled fluxes of central point can be explained by measuring error.
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Figure 47 Measured and modelled fluxes 0.5 kg/m3 of iron containing test solution at different pressures
and 2.75 kg/m3 of iron containing test solution at 25bar (three-times repeated) in case of MPF44 NF-III
membrane (using the resistance in series model)

6.3.8.3 Nanofiltration of nickel-containing test process waters
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Figure 48 Measured and modelled fluxes of 0.2 kg/m3 at different pressures and 1.1 kg/m3 nickel
containing test solution at 30 bar (three-times repeated) in case of MPF44 NF-IV membrane (using the
resistance in series model)

Regarding the experiments of nickel-sulphate, it can be seen in Figure 48 that in case of the
central point the model is in good accordance with the experimental data. At lower nickel
concentration, namely at 0.2 g/l initial nickel concentration at 25 and 35 bar, the model a bit
overestimates the measured fluxes. The resistances in series model can describe the measured
fluxes on the whole.
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6.3.9 Conclusions
In paragraph 6.2 the modelling of the permeate fluxes of nanofiltration and reverse osmosis
membranes are investigated using the solution-diffusion and the resistances in series models.
In order to use the solution-diffusion model (Equation (24)) for modelling of batch filtration,
the time-dependences of osmotic pressure difference between the two sides of the membrane
(∆π) and water concentration on the feed side (cw1) are determined. Since the time, as a lonely
parameter, can not inform us about the actual state of filtration, yield-dependence of (∆π) and
(cw1) are used instead of time-dependence. The constants of Equations (23-26) are determined
on the basis of experiments.
In case of the resistances in series model (see Equation (31)), the permeate flux is
modelled directly in the function of yield in order to get information about the state of the
filtration. Equations describing the yield-dependence of the osmotic pressure difference
between the two sides of the membrane (∆π) (Equation (46)) and the fouling resistance (Rf)
(Equation (63)) are set based on physico-chemical and engineering considerations. The
equation for the calculation of the fouling resistance (Rf) is based on dimensional analysis and
it applies the equivalent hydrated ionic diameter of the filtered solutes.
Although the solution-diffusion model is valid for continuous filtration, it can be
applied for modelling batch filtration, if the yield-dependences of osmotic pressure difference
(∆π) and water concentration on the feed side (cw1) are determined. Attaining this aims, the
constants of Equations (23-26) are to be set to the experimental data by parameter fitting. In
case of RO membrane, the use of Equations (23-24) is advised, while for NF membrane
Equation (25-26). Several equations Equation (28) and (34) are applied to calculate the salt
flux, using different approaches to the estimation of the value of Ds·Ks / Dw·Kw.
The resistances in series model is applied for modelling the permeate flux of NF and RO
membranes. Equations are derived to calculate the yield-dependences of osmotic pressure
difference (∆π) and fouling resistance (Rf). For deriving the equation of Rf , the fouling
resistance (Equation (63)) dimensional analysis is applied. Equation (63) contains physicochemical properties of the filtered solution and it focuses on the application of equivalent
hydrated ionic diameter in fouling resistance.
Beside graphical evaluation, a simple comparison of the accuracy of the modelling
methods is completed, that is, the measured and calculated flux values are compared. It can be
concluded that the resistances in series model gives better fit to the measured data than the
improved Baker model.
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7 Applicability study of membranes as a part of a process water
treating novel hybrid method and at extremely different
conditions
Latest environmental regulations urge industrial companies to apply preventive environmental
politics. In the pharmaceutical industry, however, the production of an active ingredient does
not allow changed the technology basically. In this case, instead of preventive environmental
politics, attention is focused on the treatment of the wastes. Since wastewaters or process
waters can not be minimized because of the traditional and validated technologies, effective
end-of-pipe methods should be considered. Usually, there are many engineering options for
achieving the treatments. According to the EU Directives, biological treatment is aided.
Nevertheless in certain cases the biological treatment can not be achieved but physicochemical processes can offer a solution for this problem and they come increasingly to the
front [70]. Membrane separation is a spreading technique in wastewater treatment because of
its efficiency. Hybrid processes including distillation combined with membrane techniques
are also promising alternatives for industrial wastewater treatment, therefore more and more
effort is given to support their industrial application. [71]
The efficient application of nanofiltration, reverse osmosis and the hybrid processes is
shown in Chapter 2.7. In order to prove the effectiveness of membrane filtration and hybrid
processes, the treatment of wastewater from pharmaceutical industry is accomplished with
hybrid processes, and further real waste and process waters of different chemical oxygen
demand (COD) are treated by membrane filtration. So the membranes are tested at quite
different. The wastewaters represent extreme different circumstances since the difference
between their COD is two orders of magnitude. The aim of the experiments is the reduction of
the COD-value of different origin wastewaters to achieve the release limits prescribed in the
Council Directive 76/464/EEC and to compare the filtration effectiveness of different
membranes.

7.1 Problem determination (composition of wastewater)
The wastewater is a process water of the production of an active ingredient. The ingredient is
produced by fermentation therefore the wastewater contains carbohydrates, a part of the feed
of the fermentation, the product of fermentation and a slight concentration of solid particles. It
contains among other compounds of high molecular weight, which are hardly biodegradable
and it may contains traces of the ingredient. Since the ingredient production technology
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applies also solvent extraction, the wastewater has a little solvent content, too. The
wastewater has a COD value of 42,000 mg/l. Due to the emission regulations the wastewater
needs to be treated.

7.2 The applied laboratory scale hybrid separation processes
7.2.1 Conventional filtration
First, the solid particles need to be separated, since they can damage or disturb the subsequent
part of the hybrid separation process. The wastewater with a COD value of 42 000 mg/l is
filtrated through a filter to remove the solid content of the wastewater. Due to the removal of
the solid particles the initial COD is reduced by 6000mg/l, i.e. 14.3%.

7.2.2 Rectification
After the conventional filtration the pre-treated wastewater is fed into a rectification column
to remove the volatile organic compounds (VOC). Since the membrane stability is greatly
influenced by the detrimentals, which are present in the wastewater to be treated, further
treatment is needed before the application of membrane process. The organic solvents, which
can damage the membrane (given by the membrane supplier) are needed to be separated.
Rectification offers a good separation process for the removal of organic solvents from wasteor process waters.
The rectification column applied has 14 theoretical plates. The distillate/feed ratio is
set about 5%, the reflux ratio is 10. The distillate contains the volatile organic compounds,
namely the solvents remained from solvent extraction and other organic compounds remained
from the production of active ingredient. The distillate consists of two phases, water rich
phase: organic rich phase, with a ratio of 24:1, respectively. According to the analysis by gas
chromatography the organic rich phase contains solvents e.g. methanol, ethanol, isopropylacetate. The water rich phase contains traces of organic compounds. The COD measurements
show that 45% of the initial COD can be removed by distillation. The high molecular
compounds remain in the bottom product, which is to be further treated.

7.2.3 Membrane filtration
In the next step of the treatment, membrane filtration of the bottom product is carried out.
Two different types of membranes are tested in order to determine whether the nanofiltration
or the reverse osmosis membrane show better rejection. The applied membranes are: DK as
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nanofiltration membrane and SE as reverse osmosis membrane (both are manufactured by
Sterlitech Corporation).
The bottom product of distillation with a COD value of 17 000 mg/l is treated.
Nanofiltration is investigated at first. At room temperature and 10 bar only one-tenth of the
optimal flux given by the membrane provider is observed. The membrane rejection is about
75%. In this case nanofiltration proves to be not effective enough. Secondly the reverse
osmosis membrane is tested also at room temperature but at 30 bar. One-sixth of the optimal
flux given by the membrane provider is observed. Both the nanofiltration and reverse osmosis
membrane show much smaller flux than expected. The great decrease in flux can be explained
by the high salt content of the wastewater. The reverse osmosis membrane shows a rejection
of about 95%, which meets the typical rejection of reverse osmosis membranes. The COD
value of the permeate increases during the experiment. Table 16 shows the COD values of
permeate of reverse osmosis membrane in the yield of permeate.
Table 16: Chemical oxygen demand of the permeate of reverse osmosis membrane in the function of the
yield of permeate

Yield of permeate (%)

COD of
RO permeate(mg/l)

20

973

40

2900

45

3070

The duplication of yield result in three times higher COD, which is probably caused by the
breakthrough of the membrane. The permeate of the reverse osmosis membrane contains the
not biodegradable compounds in negligible amounts therefore it can be further treated with
biological tools. The Hungarian emission limit for the COD is 1000 mg/l so the first 20% of
permeate can be lead into the sewage channel. The energy content of the not biodegradable
organic compound enriched in the retentate of reverse osmosis can be used in an incinerator
plant.

7.3 Proposed hybrid process for the treatment
The hybrid separation process consists of the following steps: i) conventional filtration to
remove solid particles; ii) rectification to clean the wastewater from volatile organic content;
iii) nanofiltration or reverse osmosis to concentrate the not biodegradable components.

100

A schematic drawing of the recommended treatment technology can be seen in Figure
49. Combining these processes, the generated hybrid process proves to be efficient in
wastewater treatment. The quantity of the wastewater can be minimized; the organic solvent
content is removable and reusable, and biodegradable and not biodegradable components can
be separated. The results satisfy the demand of latest EU Directives.
Several works [72-74] prove the efficiency of wet oxidation, however, its’ energy
demand is high compared to the membrane filtration. Wet oxidation can be also considered to
eliminate big organic molecules, but it is out of scope of my work.

Figure 49 A schematic drawing of the applied treatment technology

7.4 Applicability study of membranes at extremely different conditions
7.4.1 Composition of wastewater of high COD
The wastewater of high COD originated from pharmaceutical industry contains both organic
and inorganic salts and also organic compounds. The wastewater is solvent-free. Organic
compounds are treated by membrane processes. The wastewater has an alkalic pH (pH=9.510), high salt concentration (50 mS/cm) and high initial COD (165 000 mg/l). The exact
contamination of the wastewater is not known.

7.4.2 Composition of wastewater of low COD
Wastewater of low COD is a dumpsite leachate, which has an alkalic pH (pH=8) and salt
concentration of less than 10 mS/cm. Its initial COD-value is about 1200 mg/l. The exact
contamination of this wastewater is also not known, but the pH, conductivity and COD are
measured during the experiments.
The parameters of the these two wastewaters are summarized in Table 17.
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Table 17: Parameters of the wastewaters examined

Wastewater of

high COD

low COD

Origin
Pharmaceutical
industry
Dumpsite
leachate

Conductivity

pH

(mS/cm)

COD (mg/l)

9.5-10

50

165 000

8

10

1 200

7.4.3 Experimental conditions and calculated data
Both NF and RO experiments are carried out on a bench-scale test membrane apparatus
introduced in chapter 3.3. The typical operating conditions of the applied nanofiltration and
reverse osmosis membrane are summarized in Table 4.
Permeate flux is measured as a typical parameter of filtration. During all experiments
samples are taken from the permeate and analyzed according to chapter 4.3 and 4.6. The
applied operating pressures for each membrane for the two wastewaters can be seen in Table
18. During the experiments with wastewater of high COD using NF membranes pressures
near to the lowest and the highest applicable values are used; using RO membrane a pressure
in the range of optimal operating pressure is applied. In case of wastewater of low COD
filtration, during the experiments, pressures in the range of optimal interval are used.
Experiments are carried out at constant 25°C temperature.
The rejection of the organic compounds is calculated according to Equation (4), but
the percentage is taken into account. COD-rejection is calculated for each experiment.
Table 18: Operating conditions of wastewater filtration

Reverse

Nanofiltration
Wastewater of
high COD

low COD

Parameter
Operating pressure
(×105 Pa)
Operating pressure
(×105 Pa)

Osmosis

DL

DK

AD

SC

5 and 30

5 and 34

40

-

15

11

-

27
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7.4.4 Results and discussion
7.4.4.1 Permeate flux of wastewater of high COD
The results of flux measurements of the nanofiltration membranes can be seen in Figure 50.
Fluxes regarding both to the lowest and the highest applied pressures are indicated.

2

Permeate flux [l/(m hr)]

350

Desal DL-5bar

300

Desal DL-34bar

250

Desal DK-5bar
Desal DK-30bar

200
150
100
50
0
0

100
200
Operation time (min)

300

Figure 50 Permeate fluxes of nanofiltration membranes vs. operation time (wastewater of high COD)

In every case the system reaches steady state after one hour. Comparing the two nanofiltration
membranes at the same low pressure at 5 bar DL (35 l/(m2hr)) membrane shows higher flux
than DK (15 l/(m2hr)), and, on the contrary, at higher operating pressure the sequence is
reverse: DK membrane has higher flux (70 l/(m2hr)) than DL (57 l/(m2hr)). It can be also
concluded that the fluxes of the DL membrane are not as pressure dependent than that of the
DK ones.
Figure 51 shows the results of flux measurements of the reverse osmosis membrane. It
is tested at a pressure in the range of optimal operating pressure but with two input-flows. Not
only the wastewater but the permeate of the nanofiltration obtained with DL are processed.
The permeates of DK and DL filtrations have similar character regarding the COD value.
It can be stated that, in the current experiments, the permeate flux of the AD reverse
osmosis membrane does not depend on the feed composition: the fluxes are almost the same
in steady state (in case of the original wastewater with a COD value of 165 000 mg/l, and also
in case of DL permeate with a COD value of 93 000 mg/l).
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Figure 51 Permeate fluxes of reverse osmosis membrane (AD) vs. operation time (wastewater of high
COD)

7.4.4.2 Permeate flux of wastewater of low COD
Figure 52 shows the measured permeate fluxes both for nanofiltration and reverse osmosis
membranes. Since the experiments carried out on the wastewater of high COD show that the
COD-rejections of the membranes do not depend significantly on the applied pressure,
therefore in case of the wastewater of low COD filtration the optimal operating pressures are
applied for each membrane. It can be clearly seen that nanofiltration membranes have higher
fluxes than reverse osmosis membranes. The two nanofiltration membranes have very similar
fluxes of 140 l/m2hr in the steady state phase. This value is 2-4 times higher than in case of
filtration of the wastewater of high COD. The SC reverse osmosis membrane shows
surprisingly high flux (80 l/(m2hr)) compared to the flux of the first wastewater filtration (3-5
l/(m2hr)) in spite of the lower pressure applied. These differences can be explained by the
very different content of the wastewaters. The initial conductivity is at least five times higher
and the initial COD is 100 times higher in the case of pharmaceutical wastewater (wastewater
of high COD) than in the case of dumpsite leachate (wastewater of low COD), showing a
higher contamination.
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Figure 52 Permeate fluxes vs. operation time in case of wastewater of low COD

7.4.4.3 Permeate conductivity
Conductivity can be used to indicate membrane rejection if wastewaters with salt content are
filtered. Because the conductivity can be easily measured, it is continuously recorded during
the experiments.
In case of the wastewater of high COD the nanofiltration membranes reduce the
conductivity from 50 mS/cm to 44-45 mS/cm then the conductivity remains constant.
Consequently this kind of wastewater probably contains monovalent ions, which cannot be
rejected by nanofiltration membranes. Salt retention of RO membrane is the highest out of the
tested membranes, the conductivity is decreased to 20% of the initial value.
In case of the wastewater of low COD the membranes show similar results. Using
nanofiltration membranes the conductivity does not change significantly. Probably this
wastewater also contains monovalent ions, which can pass through the nanofiltration
membranes. The RO membrane, however, does decrease this parameter significantly: the
conductivity is reduced to 9% of the initial value.
The difference between the salt rejections of the RO membrane can be explained by
the great difference of the initial conductivity. If the salt concentration of the feed is higher,
the rejection is lower, since the pressure makes the ions pass through the membrane.

7.4.4.4 Permeate COD of wastewater of high COD
In Hungary the wastewater release limit into sewage system for COD is 1000 mg/l. (28/2004.
(XII. 25) KvVM Degree, Appendix 4, which harmonized the Council Directive 76/464/EEC).
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On the other hand, the biological treatment is not always allowed and also not always

COD (*1000 mg/l)

effective, the membrane filtration is also tested in this issue.
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Figure 53 Permeate COD vs. operation time (wastewater of high COD)

Permeate COD versus operation time can be seen in Figure 53. During the experiments COD
decreases to a certain value and then remains practically constant. The nanofiltration
membranes reduce the COD to a level between 80 000-100 000 mg/l. The RO membrane can
decrease the COD from the initial value of 165 000 mg/l to 16 000 mg/l, that is 10% of the
feed. If the permeate of the DL membrane is fed onto the AD reverse osmosis membrane the
(i.e. a two-step filtration, NF followed by RO is carried out) COD value is decreased from 93
000 mg/l to 10 000 mg/l, also 90% rejection can be achieved. As it is expected, the RO
membrane can decrease the COD with the best performance out of the tested membranes.

7.4.4.5 Permeate COD of wastewater of low COD
There is a special regulation for the content of dumpsite leachate (wastewater of low COD)
flowing into surface water. The release limit for dumpsite leachate can be found in Hungarian
regulation in 28/2004. (XI.12) KvVM Degree, Part 3, Chapter 35 (harmonisation of Council
Directive 76/464/EEC). For the COD-value 200 mg/l is recommended.
Permeate COD versus operation time can be seen in Figure 54. In case of the two
nanofiltration membranes the COD value could not be decreased to the release limit, therefore
the permeate of one nanofiltration membrane, namely the permeate of DL is fed onto the SC
reverse osmosis membrane. So a two-step filtration, NF followed by RO is carried out. Due to
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this cascaded operation the COD can be decreased much under the emission level limit (to
~70 mg/l).
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COD (mg O2/l)
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Figure 54 Permeate COD vs. operation time (wastewater of low COD)

7.4.4.6 Average COD rejection of wastewater of high COD
The average COD rejection of the applied membranes in case of wastewater of high COD can
be seen in Figure 55. Nanofiltration membranes have a rejection from 35 to 50%. DK and DL
membranes are characterized by an approximate molecular weight cut-off of 150-300 Daltons
for uncharged organic molecules. Since the wastewater contains about 10 wt% of organic and
inorganic salt, the charged components probably change the filtration behaviour of the
membrane. Therefore the rejection of the membrane declines. With increasing operating
pressure the COD-rejection very slightly increases. This does not press the application of high
operating pressure.
The AD reverse osmosis membrane shows the best COD-rejection (about 90%) out of
the tested membranes by far. In the case of two step filtration, NF followed by RO, practically
no improvement is achieved compared to the one-step reverse osmosis alternative. Therefore,
the two step filtration seems to be not satisfactory for the pharmaceutical wastewater. That is,
further action is needed that can be a preliminary treatment of this kind of wastewater and/or a
third step of membrane filtration.
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Figure 55 Average COD rejection of the applied membranes in case of pharmaceutical industry
(wastewater of high COD)
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7.4.4.7 Average COD rejection of wastewater of low COD

100
90
80
70
60
50
40
30
20
10
0
Desal DK, 15 bar Desal DL, 11 bar Desal SC, 27 bar

Figure 56 Average COD rejection of the applied membranes in case of dumpsite leachate (wastewater of
low COD)

Figure 56 shows the average COD rejection in case of wastewater of low COD filtration. It
can be clearly seen that the nanofiltration membranes reduce the COD value with about 20%.
In case of two stage filtration, when the permeate of the DL is fed onto the RO membrane the
COD-rejection is 85%. The RO membrane shows the best performance out of the three
membranes by far. Components influencing the COD are probably small molecules, smaller
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than the molecular weight cut-off of the applied membranes therefore they can present in the
permeate. The two step filtration (NF+RO) can be recommended in this case.

7.5 Conclusions
Three wastewaters of different origin (two wastewaters from pharmaceutical industry and one
from dumpsite leachate) are treated by membrane filtration with the aim of reaching the
recommended chemical oxygen demand release limit and to test the membranes if they can be
applied under extreme different circumstances. It can be generally concluded that:
•

in case of NF membranes the higher the applied pressure, the higher the rejection of
COD independently from the initial COD of wastewaters;

•

COD rejection (in percent) of reverse osmosis membrane does not depend on the
initial COD;

•

two-step filtration (NF+RO) seems to be not satisfactory for the treatment of the
pharmaceutical wastewater (wastewater of high COD) and further and/or other actions
are needed to guarantee the release limit;

•

two-step filtration can be, however, recommended for the dumpsite leachate
(wastewater of low COD);

•

all the membranes tested can be applied for the treatment of wastewaters with very
different COD.

Since the COD can not be reduced to the desirable level in case of pharmaceutical
wastewater, another type of cascaded operations (e.g. RO followed by RO) or/and previous
waste water treatment might be needed. Another efficient solution could be the ozonation of
the wastewater, which is also a promising alternative in waste water treatment.
The experiments prove that the membrane filtration can be successfully applied for
wastewater treatment in quite different areas, especially for dumpsite leachate, and it should
be seriously considered for further applications. The experiments also proved that the
membranes are stable and can be applied under extreme different circumstances.
It can be concluded membrane filtration can be an optional treatment method, but
sometimes it is needed to be combined with other processes. Utilising the advantages of other
treatment method like conventional filtration or rectification a novel hybrid treatment method
is planned and applied with success for the treatment of a given wastewater from
pharmaceutical industry.
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8

Major New Results
1. I determined the parameters of the improved Rautenbach model for the pervaporation
of isopropanol-water mixtures. I pointed out that the permeability coefficient of the
membrane is similar to that of ethanol-water mixture. Such a similarity can make the
parameter estimation simpler.
I detected that for engineering considerations the parameters are valid for the
modelling of the pervaporation of isopropanol-water system if the isopropanol
concentration is higher than 80 wt%.
I also verified the applicability of the parameters in a professional flow sheeting
environment (ChemCAD), and the data obtained were in good agreement with
industrial data.

2. I successfully extended the application of the solution-diffusion model for the
modelling of nanofiltration and reverse osmosis of different metal salt (copper, iron,
nickel) solutions in batch operation. I determined the necessary constants and
coefficients of the model on experimental basis. I carried out my experiments
according to 2p-type experimental plan. I derived the ratio of product of diffusion and
sorption coefficients of salt and water. I determined that for dilute solutions (equal to
or less than 2 kg/m3) its value is 45 to 50, since this ratio depends on the salt
concentration the 1 to 10 ratio recommended by Baker can be applied in a wide
concentration range. My measurements and calculation proves this assumption by
Baker.
 − ν ⋅ ∆p 
1 − exp s

Dw K w ρ p − c s ,0 ⋅ (1 − R )
ℜT 

=
⋅
≅ 45...50
Ds K s
c w, 0 ⋅ (1 − R )
 − ν w ⋅ (∆p − ∆π ) 
1 − exp

ℜT



3. I simplified and then successfully applied the resistances in series model for the same
filtration problem, described in point 2. I introduced the fouling resistance what I
derived on dimensional analysis basis. I proved that the hydrated ionic diameter
affects the fouling resistance. I determined the resistances in series model is more
accurate for the modelling of membrane filtration than the solution-diffusion model.
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4. I determined the wide-range-applicability of membrane filtration for the wastewater
treatment to reduce the chemical oxygen demand. I recommended a two-step-filtration
process (nanofilration followed by reverse osmosis) for the dumpsite leachate
treatment. Such a process proved to be successful for the necessary treatment.
On the other hand, in case of a real pharmaceutical wastewater such a two-stepprocedure could reduce the chemical oxygen demand to the 6% of the initial value but
this reduction was still not efficient for possible emission. Therefore I recommended a
three-step-membrane filtration.
I developed a novel hybrid separation process for the treatment of process water of
pharmaceutical origin. The process consists of conventional filtration, rectification and
membrane filtration.
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10 Appendices
Table 19: Table of dynamic viscosity of water
η
ref. [57] (mPa.s)
Twater
(°C)
literature
0
1.793
10
1.307
20
1.002
30
0.797
40
0.653
50
0.548
60
0.467
70
0.404
80
0.355
90
0.316
100
0.282
200
0.136
360
0.066
Table 20: Table of pervaporation experiments, including errors of mass and component balance
Pervap 2210
permeát 2 torr=
0.26316 kPa
betáp:1 bar túlnyomás
3.sorozat
mérés
sorszám hıfok
KIINDULÁS
a
(°C) tömeg (g) m/m% víz
60°C-0,8%
60
325.04
0.848
60°C-1%
60
317.57
1.261
60°C-2%
60
330.84
2.006
60°C-3,5%
60
317.94
3.680
60°C-3,5%
60
312.16
3.471
60°C-5%
60
296.34
4.788
60°C-10%
60
307.48
9.917
60°C-13%
60
324.37
13.532
80°C-1%
80
239.78
1.321
80°C-2%
80
259.64
2.151
80°C-5%
80
407.53
5.047
80°C-11%
80
428.5
11.152
80°C-14%
80
320.45
13.901
90°C-1%B
90
286.27
0.914
90°C-1%
90
300.68
1.051
90°C-1,5%
91
263.41
1.514
90°C-3%
90
285.29
2.793
90°C-5%B
90
396.76
4.747
90°C-5%
90
396.24
5.262
90°C-10%
90
409.23
10.649
90°C-15%
90
315.17
16.517

PERMEÁT

RETENTÁT

IPA% tömeg (g) m/m% vízm/m% IPA tömeg (g) m/m% vízm/m% IPA
99.152
0.7
50.869
49.869
324.13
0.773
99.227
98.739
0.6
51.299
48.701
318.03
1.09 8
98.902
97.994
0.62 46.8158 53.1842
330.97
1 .791
98.209
96.320
0.36
318.43
3.451
96.549
96.529
0.28 67.4766 32.5234
311.87
2.443
97.557
95.212
0.69 63.9997 36.0003
297.5
4. 702
95.298
90.083
0.77 89.7997 10.2003
308.13
9.566
90.434
86.468
0.59 96.3056
3.6944
322.41
13.901
86.099
98.679
0.78 72.6263 27.3737
239.74
1 .091
98.909
97.849
0.91 80.4950 19.5050
264.87
2 .005
97.995
94.953
1.07 94.7733
5.2267
406.86
4. 869
95.131
88.848
1.47 94.7378
5.2622
428.48
10.382
89.618
86.099
2.04 97.9587
2.0413
323.76
13.713
86.287
99.086
0.59
76.569
23.431
288.42
0.896
99.104
98.949
0.62 81.5131 18.4869
295.68
0 .932
99.068
98.486
0.85 79.6581 20.3419
260.54
1.254
98.746
97.207
0.79 92.4956
7.5044
282.56
2. 553
97.447
95.253
0.91 95.1945
4.8055
390.4
7.728
92.272
94.738
0.95 93.1082
6.8918
405.48
4. 747
95.253
89.351
1.16 97.0549
2.9451
417.4
9.706
90.294
83.483
1.31 95.9297
4.0703
313.78
14.958
85.042

anyagmé kompone kompone mérési
rleg
nsmérleg nsmérleg idı
hiba (%) hiba (%) víz
hiba(%) IPA
0.06461 -0.03819 0.00096
-0.33378 0.05114 -0.00403
-0.2267 0.06309 -0.0036
-0.26735 0.06078 -0.00392
0.0032 0.27938 -0.01001
-0.62428 -0.01701 -0.0057
-0.46182 0.01068 -0.0063
0.42236 -0.03401 0.01021
-0.30862 -0.0046 -0.00307
-2.36481 -0.08206 -0.02236
-0.09815 -0.01245 -0.00037
-0.33839 0.03995 -0.00882
-1.66953 -0.04153 -0.01269
-0.95714 -0.16033 -0.00818
1.4567 -0.03195 0.01506
0.76687 0.01097 0.00762
0.68001 0.00297 0.00691
1.37363 -0.64787 0.04671
-2.57167 0.03441 -0.02906
-2.27989 0.04452 -0.03082
0.02538 0.07424 -0.01438

fluxus

-2 -1
(h) (kg*m *h )
7 0.03571
6 0.03571
5 0.04429
4 0.03214
4
0.025
3.1 0.07949
1.067 0.25773
0.5 0.42143
5.117 0.05444
3 0.10833
1 0.38214
0.5
1.05
0.5 1.45714
1.583 0.13311
2 0.11071
2.5 0.12143
1 0.28214
0.53 0.61321
0.5 0.67857
0.25 1.65714
0.16 2.92411

α

alkohol
fluxus

víz fluxus

(kg*m-2*h-1) kg*m-2*h-1
121.061
82.4792
43.001
0
57.698
35.3516
79.9695
166.572
198.19
187.732
341.141
143.434
297.227
354.265
415.118
254.734
428.975
397.496
243.236
276.508
119.122

0.017810 0.018168
0.017393 0.018321
0.023553 0.020733
0.008131
0.028618
0.026289
0.015569
0.014903
0.021130
0.019973
0.055253
0.029745
0.031189
0.020468
0.024701
0.021173
0.029468
0.046766
0.048805
0.119020

0.016869
0.050875
0.231443
0.405859
0.03954
0.087203
0.362169
0.994747
1.427398
0.101922
0.090247
0.096728
0.26097
0.58374
0.631806
1.608338
2.805087
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11 List of symbols
Abbreviation
BAT
BREF
CA
CIP
COD
CWW
ED
GS
IPPC
L
M
MBR
MD
MF
MINLP
N
NF
PDMS
PhACs
PN
PV
PVA
PWP
RO
SMS
t
T
THF
TWG
UF
VOC
VP
VRR

Symbol
J
Jwater
R
E0

Meaning
Best Available Techniques
BAT Reference Documents
Cellulose acetate
Cleaning-in-Place
Chemical Oxygen Demand
Common Wastewater and Waste Gas
Treatment/Management System in the Chemical Sector
Electrodialysis
Gas separation
Integrated Pollution Prevention and Control
Length
Mass
Membrane bioreactor
Membrane distillation
Microfiltration
Mixed integer nonlinear programming
Molar quantity
Nanofiltration
Polydimethylsiloxane
Pharmaceutically active compounds
Proton number
Pervaporation
Polyvinyl alcohol
Pure Water Flux
Reverse Osmosis
Silica Membrane System
Time
Temperature
Tetrahydrofuran
Technical Working Group
Ultrafiltration
Volatile Organic Compounds
Vapour permeation
Volume reduction rate
Measurement
unit
kg
m3
or 2
m 2 hr
m hr
kg
m3
or
m 2 hr
m 2 hr
-

Meaning
permeate flux
Water flux
rejection
Enrichment factor
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Pe=Jvδ/Di
Ji
Dk
Dk0
dc k
dx
dµ k
dx
Lk

-

Peclet number
rate of transfer of component k or flux

kg
m2 ⋅ s
m2
s
m2
s
g
cm 4
J
K ⋅ mol

diffusion coefficient
Thermodynamic diffusion coefficient
concentration gradient of component k
chemical potential gradient of component k
coefficient of proportionality, linking this
chemical potential driving force to flux
molar rate of transfer of component k or
molar flux
fugacity of vapour of component k at the
feed temperature
fugacity of component k in the feed
fugacity of component k in the permeate
vapour pressure of component k at the feed
temperature
partial pressure of component k in the feed

fk0

mol
m2 ⋅ s
bar

fk1
fk3
pk 0

bar
bar
bar

pk 1

bar

pk 3

bar

Dk

γk

mol
m2 ⋅ s
mol
2
m ⋅ s ⋅ bar
_

γ k1

_

γ k3

_

Jk

Q0

Dk

*

T*
T
Ek
ℜ
N
J k ,n

mol
m2 ⋅ s
=293.15 K
K
J
mol
=8.314
mol
m2 ⋅ s

J
K ⋅ mol

partial pressure of component k in the
permeate
the concentration-independent transport
coefficient of component k
permeability of the porous support layer of
the membrane
geometric mean of the activity coefficients
of component k in the feed and in the
permeate
activity coefficient of component k in the
feed
activity coefficient of component k in the
permeate
transport coefficient of component k at the
reference temperature
reference temperature
temperature
activation energy of component k
the universal gas constant
number of area sections
molar permeate flux of component k in area
section n
116

A
mkfeed
,n

mkretentate
,n
c p ,n
m& nfeed

∆Tn
λk
µi
ni

γi

νi
Di
υs
p
Ji
Ds
Ks
ci
l
ρ
Ki
p1
p3
∆p

∆π
Τ
A
Js

m2
mol
s
mol
s
J
K ⋅ mol
mol
s
K
J
mol
J
mol
mol
m3
mol
m2
s
m3
mol
Pa
kg
m2 ⋅ s
m2
s
kg
m3
m
kg
m3
Pa
Pa
Pa
Pa
K
s
m
kg
m2 ⋅ s

surface of area section
molar flow of component k in the feed of
area section n
molar flow of component k in the retentate
of area section n
heat capacity of the feed in area section n
molar flow of the feed of section n
temperature drop of the feed in section n
the heat of evaporation of component k
chemical potential component i
mole fraction of component i
activity coefficient of component i
molar volume of component i
Diffusion coefficient of component i
molar volume of component salt
pressure
rate of transfer of component i or flux
diffusion coefficient of salt
sorption coefficient of salt
concentration of component i
thickness of the membrane
density of solution
sorption coefficient of component i
pressure on the feed side
pressure on the permeate side
trans membrane pressure
osmotic pressure difference between the
two sides of the membrane
temperature
water permeability constant
salt flux
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Jtotal
Jwater
Jsalt
J

η
Rm
Rf
Dw ⋅ K wL
DS ⋅ K SL
c MeSO4
p’
VP
VF
VP
VF
c w ,1
c w ,0
msalt
Msalt
t
VP
VF

ρp
cp
cf

πR
πP

kg
m2 ⋅ s
kg
m2 ⋅ s
kg
m2 ⋅ s
m3
m2 ⋅ s
Pa·s
1
m
1
m
m2
s
m2
s
mol
m3
bar
m3
m3
_
kg
m3
kg
m3
kg
g
mol
s
kg
m3
mol
m3
mol
m3
Pa
Pa

sum of water and salt flux
water flux
salt flux
volumetric flux
dynamic solvent viscosity
clean membrane resistance
fouling resistance
product of diffusion and sorption
coefficients in liquid state of water
product of diffusion and sorption
coefficients in liquid state of salt
concentration metal-sulfate
trans membrane pressure
volume of permeate
volume of feed
yield
water concentration on the feed side
initial water concentration on the feed side
weight of salt
molecular weight of salt
measuring or operating time
yield, i.e. the ratio of permeate and feed
volme
permeate density
concentrations of the permeate
concentrations of the feed
osmotic pressure of retentate
osmotic pressure of permeate
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cR
cP
cF
R0

η
ρf
νf
v
g

dh
c0
dion
dMe-O
x

indices
0
1
2
3
f
i
k
L
m
p
s
w

mol
m3
mol
m3
mol
m3
Pa·s
kg
m3
m2
s
m
s
m
s2
m
mol
m3
m
m
m

concentration of retentate
concentration of the permeate
initial concentration in the feed
initial rejection
dynamic viscosity of feed
density of feed
cinematic viscosity
flow velocity above the membrane surface
gravity
hydrated ionic diameter
initial concentration of solute in the feed
diameter of ion
the length of M-O
height of the isosceles triangle

initial state
feed side
membrane
permeate side
feed
component i
component k
liquid state
membrane
permeate
salt
water
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