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“Mert a tisztán elméleti vegytan hasonló a puszta parlaghoz, melyen a tévtanok
gyomjai tenyésznek, ha nem vetjük be azt a lelkiismeretes kísérletek
vetőmagjával, hogy rajta igazságokat arassunk.”
Görgey Artúr (1916)

„Because purely theoretical chemistry is similar to a bare fallow, whereupon
weeds of false doctrines breed, if we don’t sow it with the seeds of conscientious
research to harvest truths upon it.”
Artúr Görgey (1916)
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Abstract
In the fine chemical industry it is especially true since there are process
wastewaters (PWWs) and used solvents which are inevitably arising during the
technology. On the other hand, these PWWs contain valuable organic
compounds that can be utilized e.g. solvents of another industrial process.
Economical methods are recommended for practical use, which can reduce the
disposal ratio of the process wastewaters with higher values of chemical oxygen
demand (COD) and adsorbable organically bound halogens (AOX) than the
corresponding emission limits. To complete this goal special techniques are to be
applied the so called physicochemical treatment methods. Such treatment
alternatives are also the part of environmental sustainability.
The dissertation reviews the theoretical background of the problem and gives
options for using the waste management hierarchy chart. Then the general
features of fine process wastewaters and the treatment methods are
summarized. In the algorithm developed for PWW and used also for solvent
treatment, the distillation is the core of the physicochemical treatment
alternatives.
In the engineering practice there are two basic alternatives of physicochemical
treatment for the removal of volatile compounds and AOX from PWWs: stripping
with air or stripping with steam. In this dissertation these alternatives are
investigated and compared in the case of a real industrial problem. The two
alternatives are modelled in the professional software environment of ASPEN
Plus®. It is proved that the steam stripping shows better operability and
economic performances than the air stripping moreover the volatile and/or AOX
compounds can be recovered in the distillate and they can be reused improving
the sustainability.
In the case of the real industrial case studies, the distillation and membrane
filtration laboratory experiments and charge cost calculations prove the
efficiency of these physicochemical treatment options. The aim is to reduce the
COD and AOX content of real pharmaceutical PWWs. Completed industrial
design is also prove the practical need for such treatment options.
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The distillation based separation can be extremely complex if highly non-ideal
used solvents are to be separated. A new improvement in this area is the
development of the extractive heterogeneous-azeotropic distillation (EHAD).
The dissertation supports the EHAD features with successful experiments
compared with modelling and comparison with another separation structures
proving that the application of the EHAD makes the separation of extremely nonideal mixtures possible on an easy, powerful, energy saving and cost efficient
way.
In the fine chemical industry the cooling water circle can be polluted with
methanol because of malfunction and process wastewater with low methanol
content arises. To remove methanol from aqueous mixture organophilic
pervaporation is investigated with commercially available Sulzer PERVAP™ 4060
and 2211 membranes. Based on the measurement results, parameters are fitted
to the improved Rautenbach transport model and it is found that the model can
be applied also for this organophilic case. Long-time experiment shows that the
membranes of the current selectivity values are not capable for the entire
removal of methanol from an aqueous mixture and the membrane development
work should be continued in this area, too. However, if methanol removal is
needed to solve the motivating problem, than distillation can be recommended
as a reliable solution in this case, too.
The last chapter of this dissertation is motivated by another environmental
problem originating from the industry, that is, isobutanol removal from aqueous
mixture. To complete this goal organophilic and hydrophilic pervaporation (OPV
and HPV) of isobutanol-water mixture through commercially available Sulzer
PERVAP™ 4060 and 1510 membranes are matched and investigated to obtain
information about the removal of isobutanol. The aim is to model and optimize
this novel hybrid process. The experimental data are evaluated with the
improved Rautenbach pervaporation model and it is found that this model can
be applied also for both organophilic and hydrophilic pervaporations. The hybrid
separation system is rigorously modelled with ChemCAD and optimized with the
dynamic programming optimization method. The objective function is the total
annual cost but the energy consumption is also investigated. It can be
determined that this hybrid process is capable for the separation of isobutanol
and water becoming a feasible alternative of distillation based separation.
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1

Introduction and topic choice

1.1

Motivation of the work, industrial importance

By now the environmental protection became one of the most important issue
in process design and operation. There is a hierarchy of the preferred
environmental actions [1] where the first is the pollution prevention and a less
preferred option is the end-of-pipe treatment. In spite, the current industrial
practice shows that the end-of-pipe treatment alternatives are badly needed for
not only the waste disposal but also for recovery and reuse.
Such area of the application of the end-of-pipe treatment alternatives is the
liquid waste treatment. Liquid wastes can be classified into different groups but
I am going to deal with two major groups:
-

Process wastewaters,

-

Used solvents.

There are special techniques for the treatment of these two groups but I deal
with three physicochemical treatment alternatives, that is, stripping,
rectification/distillation and membrane processes. There can be different aims
of the treatment but the protection of the environment is a major aim reducing
the emissions and making the material reuse possible.
According to the current praxis, the chemical industry requires a huge amount of
organic solvents. This is most typical for the fine chemical industries, such as, the
paint-, printing, and pharmaceutical industries. Especially in the latter sector it is
also true that the applied solvents generate large amount of waste. This is
explained by the nature of the technology, because typically the generated byproduct’s weight is very high compared to the main product [2].
The other problems besides the large quantity of by-products is that
-

the chemical process wastewaters and used solvents form azeotropic
mixtures,
15

-

the microbes in the conventional activated sludge process wastewater
treatment system are not able to convert the substances in the chemical
process wastewaters into their own nutrition,

-

the biological treatment is often not officially authorized.

So other alternative methods must be sought to solve the problem [3, 4].
The Best Available Reference Documents (BREF) give templates for each sector
of the industry [5]. In the task of this research work, it calls “Best Available
Techniques (BAT) Reference Document for Common Waste water and Waste Gas
Treatment/Management Systems in the Chemical Sector”. It can be found in this
BREF [6] the main target is the significant chemical oxygen demand (COD)
reduction (by 90%) and the physicochemical methods can remove the organic
solvents from PWWs and reduce the COD.
The industrial demands generated this research work too.

1.2

The aims of this work

The aims of this work can be classified into six groups:
-

comparison of air and steam stripping for removal adsorbable
organically bound halogen compounds from process wastewater in
operational, efficiency, energetic and economical aspects;

-

reduction of the COD and AOX contents of pharmaceutical process
wastewaters with distillation and membrane filtrations (ultrafiltration,
nanofiltration, reverse osmosis);

-

efficiency and applicability of extractive heterogeneous-azeotropic
distillation is studied on the separation of highly non-ideal mixtures;
comparison the EHAD with two column distillation system;

-

feasibility investigations of organophilic pervaporation for methanol
removal from water mixtures;
16

1.3

-

parameter estimation for the improved Rautenbach model for
pervaporation in organophilic cases: separation of methanol-water and
isobutanol-water mixtures;

-

rigorously modelled and optimized the hybrid organophilic-hydrophilic
pervaporation separation system for isobutanol removal from water;

Applied tools

The work in this thesis is significantly based on laboratory experiments and
computer simulations using ChemCAD 6.4.3 5595 and Aspen Plus V8.0
(27.0.0.36) software packages. The separation systems are rigorously modelled
and optimized with dynamic programming optimization method.
The calculation results are verified with experiments. The experimental set up is
CM-Celfa Membrantechnik AG P-28 for ultrafiltration (UF), nanofiltration (NF),
reverse osmosis (RO) and pervaporation (PV). The distillation experiments are
carried out in laboratory and scale-up column.
STATISTICA® program is applied for parameter estimation and Douglas equations
are used for the cost calculation.

1.4

Thesis overview

To develop the above mentioned objectives, this dissertation is distributed into
six chapters, which are as follows:
Chapter 1 is an introduction, including the motivation and aims of the work,
comprises the industrial importance too.
Chapter 2 gives the theoretical background of the treatment of process
wastewater and used solvents with physicochemical tools. The first part presents
the aspects of process wastewater treatment in waste management hierarchy.
17

Part 2.2 summarizes features of fine chemistry process wastewaters. The third
part of this chapter describes three methods for the separation of PWW and used
solvents: stripping, distillation and membrane processes. Different membranes
are compared on the methanol and isobutanol removal from water. The fourth
part gives a strategy for application of the process wastewater methods. The last
part of the chapter reviews all of the analytical techniques applied during the
experiments.
Chapter 3 presents the research work in process wastewater treatment. This
chapter contains three parts. In the first part air and steam stripping for AOX
removal from PWW is compared in the case of operability and economical parts.
Part 3.2 discusses five PWW treatment with distillation. This part contains the
charge calculation of wastewaters and shows an industrial distillation column for
the AOX removal. The last part of this chapter shows the COD reduction of
bottom product with membrane filtrations.
Chapter 4 contains the results of the experimental investigation of ternary and
quaternary mixtures with extractive heterogeneous-azeotropic distillation and
two column distillation system. Comparisons with the calculated results and cost
estimation of two methods are also presented.
In chapter 5 the organophilic pervaporation for alcohol dehydration is in focus.
First part of the chapter the methanol removal from water is presented.
Experiments are carried out with two commercially available membranes for the
parameter setting of novel pervaporation model. The next part describes the
isobutanol dehydration with organophilic and hydrophilic pervaporations. At
first semi-empirical model is built up in both cases and then the hybrid separation
system is rigorously modelled with ChemCAD flowsheeting simulator and
optimized with the dynamic programming optimization method.
Chapter 6 summarizes the major scientific results of this dissertation.
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2

2.1

Literature review

Strategy for process wastewater treatment methods – theoretical
concepts

Nowadays waste management is one of the most important tasks to realize
sustainable development. The treatment, recovery and/or disposal of hazardous
liquid wastes are necessary tasks according to the environmental laws and ideas.
Furthermore the regeneration of hazardous materials is an important point in
the waste hierarchy. Therefore the goal is to minimize the use of materials and
energy so that the amount of waste is also minimized.
The industrial ecology recognizes that the waste cannot be reduced and/or
eliminated in one single production process because usually there are inevitable
wastes [7]. Therefore, the production processes must be connected so that the
recycling of the natural processes is realized in the industry.
The preferred environmental option is the prevention of waste formation.
However, this most preferred option cannot be followed in every case and
therefore other environmental options should be followed, like waste
minimization, reuse, recycling. The least preferred option is the end-of-pipe
treatment. In spite, the end-of-pipe treatment methods are in use and their
improvement has a paramount importance in the chemical industry [8, 9].
In the chemical industry, the process water represents one of the biggest
environmental problems. Process waters can be divided into two groups: input
waters and output waters that are the so-called process wastewaters and used
solvents. This dissertation work is dealing with the latter.
With regard to environmental sustainability, the waste disposal methods
(incineration and deposition) are neither cheap nor effective. In addition to, the
chemicals should be recycled into our natural environment. Thus, when we plan
the waste management, we should not select the options for disposal. Instead,
we choose from the methods that either reduce the waste quantity or offer an
option for recycle (Fig. 1).
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Fig. 1 Waste management hierarchy chart [1]
Fig. 1 shows the general waste management hierarchy chart. In the case of the
waste solvents, the following questions should be answered for each level:
1 – Prevention. Is organic solvent needed at all?
2 – Minimize. If so, could the volume be reduced by optimizing the process?
Could the solvent be replaced with
- a more effective solvent, so the used amount per unit is less;
- a more selective solvent, so the nascent waste is less;
- a less volatile solvent, so the airborne pollution is less.
The feasibility of the first three points is technology and solvent-specific issue.
The manufacturing process must be analyzed in detail and changed, if possible.
If the solvent change is not possible, how and at what price could the solvent be
extracted from the waste and
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- channeled back into the original technology, so that less new solvent
need to be used (3 – Reuse);
- used in other areas, if the solvent does not measure up to the process’
purity requirements and specifications (4 – Recycling).
The items 3 and 4 are not methods of prevention and minimization. However,
even at this stage there are still a number of options available. Proven effective
solutions include the mass transfer processes: adsorption, stripping, extraction,
membrane process, distillation, or combinations of these (hybrid operation) [811]. These treatments mean end-of-pipe technology in the case of PWWs.
5 – Energy recovery. If the waste materials are non-recyclable, we can reduce
the amount of waste by concentrating the pollutant components. Energy
recovery is when the incineration-generated heat is utilized. The important
aspects of the incineration are the heating value and level of moisture [12]. The
possibility of incinerating waste solvents are determined by their halogen and
sulfur content. If the solvent does not contain such components, the process
wastewaters can be burned without danger of corrosion [13]. Since corrosion
rarely takes place separate facilities are built for the burning of waste solvents or
already existing hazardous waste incinerators are used. The halogen-free waste
solvent’s calorific value is equal to or close to the petroleum-based fossil fuel
liquid waste’s (30000 to 40000 kJ/kg). Such wastes can be used as auxiliary fuels
in high-temperature industrial technologies (e. g. cement and ceramics
production) or as auxiliary feeding flame in the hazardous waste incinerator and
in the afterburner, ensuring the necessary temperature [14].
6 – Disposal. All types of incineration produce harmful by-products, which must
be disposed of. The solid incineration residues (flue ash and slag) must be
transported into the landfill. Law standards restrict the recovery, because the
solid residues are qualified as hazardous wastes in this situation [15].
In the presented waste management strategy the environmental protection is
the guiding principle. If we incorporate also the social and economic dimensions,
life-cycle analysis is needed.
Benkő and co-workers [16] studied the separation of a highly non-ideal
quaternary mixture. They compared two solvent recovery (extractive
21

heterogeneous-azeotropic distillation - EHAD - and ternary cutting) structures to
waste incineration. According to the economic calculations the solvent recovery
structures gave better results than the incineration. The problem was examined
on the basis of environmental considerations, too: the best treatment structure
was EHAD followed by the incineration and the last one was ternary cutting
method. This example also shows that the developed regeneration structures
could fulfill both economic and environmental requirements [17].
As it is mentioned in the introduction, the process wastewaters could not always
be treated with conventional biological methods. The treatment technology
should be built in the factory or in its vicinity, for which there are already a
number of existing industrial examples.
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2.2

The features of fine chemistry process wastewater

Fine chemistry process wastewaters are very diverse in pollutants and their pH
is usually not neutral - that is why they must be treated. It is known that in the
pharmaceutical processes the raw materials never completely transform (in the
sense that the starting material is completely converted into end products), but
the transformation only happens to a certain degree, and a large quantity of byproduct is produced, too.
In the environmental evaluation of a process the E-factor is a frequently used
factor to characterize the environmental feature of different process
alternatives. The E-factor is the ratio of waste quantity and the product quantity
associated with the process, where the selected product is produced [18]. Hence
this industry has typically a high E-factor. Thus, the pharmaceutical process
wastewaters consist of starting materials, and the main products, as well besides
the by-products.
In many cases, the pharmaceutical process wastewaters also contain catalyst
materials, emulsifying materials and other components. It is already apparent
that these process wastewaters are significantly different from the communal
wastewaters and from other industrial wastewaters too, primarily because they
contain more non-biodegradable components. The organic pollutants are often
molecularly dispersed, which complicates the destabilization and flocculation.
The treatment of these PWWs is a two-way effort. On one hand the amount of
non-biodegradable pollutants entering into the process wastewaters must be
minimized and these components must be removed with greater efficiency by
physical or chemical treatment before the biological step. On the other hand
greater COD reduction must be implemented with the biological treatment, even
if there are quantitative and qualitative fluctuations in the composition of the
process wastewater.
Some of the contaminated solvents could be regenerated by different
procedures but the relevant pharmacopoeia standards limit the possibilities of
recycling and reuse. In some cases, the multi-regenerated solvent is used in other
industries. Yet in practice solvent transfer is not typical between industries. The
23

reason for this is that the regenerated and/or recycled materials have variable
quality because the pollutions prevent the maintenance of the constant quality.
If the pharmaceutical process wastewaters get into the surface waters they
change the flow conditions, morphology and the habitat. They poison the wildlife
of the river and can also cause thermal pollution. Since with the increase in water
temperature the oxygen content decreases, aerobic organisms might be
damaged and their numbers get significantly reduced. The lack of oxygen favors
anaerobic degradation processes, which can lead to the disintegration of the
biological balance [19]. Some thermophilic algae can also proliferate making
these waters richer in organic matter, which can lead to eutrophication.
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2.3

Physicochemical treatments

A number of physicochemical methods are suitable for treating process
wastewater, which primarily remove the organic solvents and reduce the
chemical oxygen demand [20]. The selection of these methods depend on many
factors, such as:
-

Composition of the process wastewater and the pollutant(s);

-

Environmental laws;

-

Economic parameters;

-

Local conditions.

Hereafter, applicability, advantages and disadvantages of the main
physicochemical methods are described. The main physicochemical methods
are: stripping, absorption, adsorption, ion exchange, extraction, evaporation,
wet oxidation, distillation and membrane processes.
Adsorption has high efficiency of separation and good material recovery.
However the mixture of organic materials can significantly reduce the adsorption
and the regeneration or disposal of the used adsorbents is necessary. The
regeneration is never without material loss. This method is expensive and
complicated, so it is not too common in the industry [21, 22].
The ionic liquid waste, hazardous or toxic components can be replaced with ion
exchanger. In principle, each ion and/or ionic particle can be removed with high
efficiency. The major disadvantage of the process is that the regeneration
produces toxic, acidic and alkaline process wastewaters, which must be treated.
In addition, the ion exchange materials are very sensitive. Certain substances
bind irreversibly onto the resin, and thus decrease the capacity of ion exchange
resins [21].
The main problem with extraction is that solvent is always necessary. In each
case, the remaining solvent should be deposed, or disposed of. Another
disadvantage is that the proper solvent selection is not always possible.
Application is justified if distillation is not an option, or if the distillation of the
25

original liquid is more expensive than the extraction, including solvent recovery
costs [21-23].
Nowadays volatilizing large part of water with evaporation is a realistic option,
therefore only small amount of waste needs to be treated, for example
incinerated. The increased costs and penalties made this method competitive
[20].
Sometimes the process water contains significant amounts of volatile and nonvolatile contaminants too, consequently wet oxidation is used after the
distillation. The extent of oxidation is determined by the temperature, oxygen
partial pressure and the catalyst, where appropriate. Process wastewater freed
from volatile components, but containing dissolved organic matter with highermolecular-weight should be oxidized, with wet oxidation to be precise, i.e. in the
aqueous solution itself. For oxidant air or oxygen is used, and although the latter
is more expensive, but the total pressure applied during the operation could be
much smaller. This method combined with distillation is a highly effective
solution to treat process wastewaters, when biological treatment is not possible,
because they are too concentrated [23-27].

2.3.1

Stripping

Stripping is one of the most frequently used procedures for the removal of
volatile organic compounds (VOC) from process wastewater [6]. Generally air or
steam is used to strip the VOC and the compounds less volatile than water but
form minimum boiling azeotropes, frequently heteroazeotropes [28].
In the stripping process the wastewater is brought into contact with high amount
of hot gas, vapor or steam to bring the volatile organic and/or inorganic
contaminants into the gas/vapor phase from the aqueous phase. In the case of
air stripping, water is usually also transferred into the gas phase, which lowers
the temperature of the hot air, and therefore lowers volatility of the impurities.
Impurities are removed from the gas phase used for stripping and the gas/air can
be used again. Stripping can be performed as either a batch or a continuous
process [29, 30].
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Depending on the volatility of the organic contaminant and the nature of the
process several types of strippers can be chosen [31]. In the case of easily
removable contaminants, a stripping tank can be used, where air or steam is
bubbled into the process wastewater.
Packed or tray columns can be properly used to remove the polluting
compounds. The process wastewater is fed at the top and the air or steam is fed
at the bottom. The pollutants can be typically found in the top product, that can
be also called distillate. The treated wastewater is removed at the bottom [3235]. Fig. 2 illustrates a general schema for the last type. It is advisable to use the
heat content of the removed warm, treated wastewater to preheat the cold fed
wastewater.

Fig. 2 General schema for process wastewater stripping
Stripping is used to remove volatile organic and/or inorganic contaminants, such
as organic solvents, hydrocarbons, aromatic/aryl compounds, chlorinated
hydrocarbons, ammonia, and hydrogen sulfide [31, 36, 37].
A general problem with stripping is when the wastewater contains solid
contaminants or when solid matter precipitates after stripping. This causes
27

fouling and therefore a breakdown which could contaminate the column and the
heat-exchangers [32, 33].
Air stripping must not be used alone because the output gases and possible
vapors enter the atmosphere and as a consequence the pollution is just
transformed from the liquid into the air. In order to avoid it, these gases and
vapors have to be treated. Possible methods of purification are: condensation,
adsorption, absorption, chemisorption, thermal or catalytic oxidation,
membrane-separation [34]. These methods of treatment are often more
complicated and more expensive than the stripping itself.

2.3.1.1

Comparison of air and steam stripping

The steam stripping is an alternative of air/inert gas stripping, used for less
volatile pollutants [6]. The steam is produced in a steam boiler [38]. In chemical
plants, however, there is practically always a steam network, so the availability
and the application of steam is normally not a problem.
If steam is applied, the volatile stripped compounds do not enter the
atmosphere, and they can be condensed and treated, since this is the liquid
distillate. In many cases these liquid products contain the organic pollutants in a
concentrated form and this allows the option to reuse these compounds inside
or outside of the technology of their origin. Both operational and economic
aspects should be considered when choosing between the two methods [6].
The costs of stripping depend on various factors. The exact investment cost can
be determined only for a well-defined project, and only that can be the basis for
decision between steam stripping and air stripping, if the task allows it [39].
Many engineers believe that a simple air stripping plant is enough to solve a
specific problem. This means, however, that the pollution is transferred from the
water phase into the air/inert gas phase. Therefore, the output gases have to be
treated using difficult cleaning methods [40, 41] to avoid polluting the
atmosphere. Compared to air stripping the construction and operation of a
steam stripping plant is usually simpler and easier [42].
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The top product of the steam stripper, sometimes rectifier, is usually the pure
VOC that can be reused and this option is an environmental friendly, green
option that favors the steam stripping by far.

2.3.2

Distillation

Out of the various liquid waste treatment technologies the most widely used
method is distillation. The reason for this is that the recycling of materials is
feasible practically without waste. We can extract the organic impurities, reuse
the distilled materials and dispose of the pollutants in concentrated form. The
investment has reasonable and affordable cost compared to the various industry
frameworks.
The distillation can be performed in discontinuous and continuous mode. There
are two factors to consider: the quantity of the material and the need for a
stripping column section.
A batch distillation is suitable for the separation of small amounts and in the case
of feed with frequently changing characteristics. In such cases the batch
distillation can be used more effectively than the continuous distillation. Batch
distillation can be realized so that total column is rectified or stripped.
Continuous distillation is usually carried out when the feed enters the middle
part of the column and the separation is taking place in both the rectifying
(upper) and the stripping (lower) column sections.
The distillation of VOCs significantly reduces the chemical oxygen demand of
process wastewater. The adsorbable organically bound halogens could be
removed with distillation but the process should be carried out carefully [20, 21].
Sometimes the bottom contains no more volatile organic material, but the COD
value does not reach the emission limit. In such cases, additional procedures are
necessary [43]. Fig. 3 shows a general schema for PWW distillation.
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Fig. 3 General schema for process wastewater distillation
The disadvantage of distillation is that the separation of several solvents with
similar boiling points is usually a very difficult task and the separation of
azeotropic mixtures with simple distillation is not possible at all. To achieve this
different hybrid separation operations, such as the extractive heterogeneousazeotropic distillation were developed [28, 44].

2.3.2.1

Extractive heterogeneous-azeotropic distillation

Szanyi [44], Szanyi et al. [45, 46] introduced a novel kind of distillation, the
extractive heterogeneous-azeotropic distillation (EHAD) that has been proved as
a powerful and efficient separation method for the separation of highly non-ideal
liquid mixtures. This novel separation method can and should be, however,
further investigated to demonstrate its merits in detail, possible in other
separation problems. The highly non-ideal mixtures can be quite often found in
fine chemical industries, where the separation of the usually azeotropic mixtures
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are complicated with the high product purity descriptions. Such highly non-ideal
mixtures usually contain different kinds of alcohols, esters, aldehydes, ethers,
water, etc.
The recovery of solvents from industrial aqueous solutions is of particular
interest and moreover the water can be also recycled [26].
The separation of an ethanol (EtOH), ethyl acetate (EtAc), isopropyl acetate and
water containing quaternary mixture from the fine chemical industry [47] called
the attention of the necessity for the development of distillation based
separation that comprises the merits of different rectification based separation
solutions. These separation tasks already predict that serious problems arise at
such a distillation based separation but EHAD has proved to be an efficient tool
for such tasks [44, 45, 48].
The EHAD combines the advantages of extractive and the heterogeneousazeotropic distillations (Fig. 4). The heterogeneous-azeotropic option assumes
that water is present in the mixture and limited immiscibility exists.
Heteroazeotropic distillation exploits the differences in volatility and liquid-liquid
phase split by linking a distillation column and a decanter. Therefore, it may also
be interpreted as a hybrid separation process [49-51].

Fig. 4 The extractive heterogeneous-azeotropic distillation (EHAD)
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The EHAD differs from the heteroextractive distillation [52] since no new
azeotrope is formed, namely the extractive agent/entrainer is water and this
component is already present in the mixtures to be separated [44]. Moreover,
the extractive and relative volatility changing effect of the
autoentrainer/extractive agent is fully utilized and therefore the extractive effect
takes place in the whole column [44].
The efficiency of the EHAD can be represented with the following case studies.
This separation has been first solved with a separation system of nine units,
distillation columns and extractors [53]. With the application of the EHAD it could
be simplified to four units, see in Fig. 5 [47].

Fig. 5 EtOH-MEK-EtAc-Water mixture separation scheme with EHAD
EHAD system is indicated with dashed line in Fig. 5. Among the products there is
the ethanol of 95 m/m% purity since in our investigation we consider the current
industrial praxis where the dewatering of the ethanol can be completed with
molecular sieve.
32

For the separation of quaternary mixture a so called two column distillation
system (TCDS) has been already designed and proposed [54]. The TCDS splits the
ethanol, ethyl acetate, methyl ethyl ketone (MEK) and water mixture originating
from a printing company into two binary mixtures, Ethanol – Water and Ethyl
acetate – Methyl ethyl ketone (Fig. 6). The two binary azeotropes can be further
processed to obtain each compounds.

Fig. 6 Two column distillation system (TCDS)
As an alternative of the EHAD based separation flowsheet (Fig. 5), another
separation scheme is set up that is based on the TCDS (Fig. 7).
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Fig. 7 EtOH-MEK-EtAc-Water mixture separation scheme with TCDS
It can be seen that the separation of Ethanol – Ethyl acetate – Methyl ethyl
ketone –Water quaternary mixture can be completed in five columns with TCDS
and in four columns with EHAD.

34

2.3.3

Membrane processes

The advantages of membrane processes are the high separation efficiency, the
flexibility and the energy-efficient operation [55, 56]. High-purity product could
be produced in one step and the use of foreign organic compounds is not
required to aid the process. During the operation scaling and fouling must be
prevented. It is also important to emphasize that membrane process can
separate materials that no other process could. It is also environmentally
beneficial because no further waste is generated [57, 58].
The application of membrane technology is a realistic option for the treatment
of process wastewaters, because it is suitable for
-

cleaning heavy metals from process wastewaters [21];

-

reducing process wastewater quantity by using hybrid separation
technology [59];

-

reducing the COD value of process wastewater [60].

These methods have not been used widely for purification of process
wastewaters yet [20].
Membrane processes are characterized by certain quantities and factors. The
flux is calculated using the following equation [61]:
(1)
where ܲ is the partial weight of component ݅ in the permeate, ο ݐis the time of
duration of experiment and  ܣis the membrane area. Separation factor is
calculated by the following equation:
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(2)
where ߙ is separation factor (dimensionless), ݔ is weight fractions of feed and
ݕ is weight fractions of permeate. The pervaporation separation index ሺܲܵܫሻ is
defined:
(3)
The performance of pervaporation membranes can be described by the
permeance as component flux normalized for driving force the pressure
difference-normalized flux [61, 62]:
(4)
The ideal membrane selectivity ߚ is calculated as the ratio of permeances
[62, 63]:
(5)
The COD rejection is calculated by the following equation [60]:
(6)

Ultrafiltration, nanofiltration, reverse osmosis and pervaporation are
investigated for treatment of used solvents and PWWs, so this dissertation
contains only these three membrane processes short description.
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2.3.3.1

Ultrafiltration, nanofiltration and reverse osmosis

Ultrafiltration (UF), nanofiltration (NF) and reverse osmosis (RO) belong to the
group of pressure-driven membrane processes, where the driving force is the
transmembrane pressure between the two sides of the membrane [55].
Ultrafiltration is used for product recovery and pollution control in the chemical,
electronic, as well as, the food and biotechnical industries [64]. Nanofiltration is
used for desalination, removal of micropollutants and hardness removal [65].
The major application of reverse osmosis is desalination of sea-water and
brackish waters [57, 64].
Table 1 gives a short description about the applicability, the type of membranes
and the values of transmembrane pressures.
Table 1 Ultrafiltration, nanofiltration, reverse osmosis and their applicability [5]
Membrane

Type of

Transmembrane

processes

membrane

pressure

Asymmetrical
Ultrafiltration (UF)

Nanofiltration (NF)

Macromolecules,

micro porous

1-10 bar

polysaccharides,

or composite

colloids, vira, proteins

Asymmetrical,

Mono-, di- and

nano porous

5-35 bar

or dense

oligosaccharides,
dyes, multivalent ions

Asymmetrical,
Reverse osmosis
(RO)

Applicability

Monovalent ions,

dense

15-80 (200) bar

or composite

glucose,
amino acids

These membrane processes can be used for COD removal from wastewater too.
Table 2 shows some reference work about treatment of different industrial
wastewaters with COD rejection.
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Table 2 COD rejection of different wastewaters with ultrafiltration,
nanofiltration and reverse osmosis (CF: centrifugal separation)
max. COD
Treatment

Wastewater

Reference
Rejection [%]

RO

dairy industry

90

Del Re et al. [66]

UF

milking plant

87

Reimann and Yeo [67]

UF +NF

seafood processing

93

Ferjani et al. [68]

UF + NF

liquid detergent plant

96

Forstmeier et al. [69]

NF + RO

alcohol manufacturing plant

52

Madaeni and Mansourpanah [70]

NF + RO

dumpsite leachate

90

Rautenbach and Linn [71]

NF + RO

pharmaceutical industry

94

Cséfalvay et al. [60]

NF + RO

dairy industry

99

Balannec et al. [72]

UF + NF + RO

textile industry

90

Bottino et al. [73]

UF + NF + RO

dumpsite leachate

96

Rautenbach et al. [74]

UV/TiO2 + UF + RO

local sewage wastewater

86

Al-Bastaki [75]

CF + UF + NF

soy bean process water

98

Pauer et al. [76]

As it can be seen high COD-rejection can be achieved with combination of the
pressure-driven membrane processes. It should be stressed, these membrane
operations can produce a 20 to 50 fold decrease in waste volume [64].
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2.3.3.2

Pervaporation

Pervaporation (PV) is a chemical unit operation where the mixture to be
separated is vaporized at low pressure on the downstream side of the
membranes and the separation of the mixtures takes place by preferential
sorption and diffusion of the desired component through the dense membranes.
One way of achieving the difference in the partial pressures is to maintain a low
vapor pressure using a vacuum pump on the permeate side [77, 78]. Fig. 8 shows
the general schema for pervaporation [57].

Fig. 8 General schema for pervaporation [57]
Pervaporation is a relatively new technology for the separation of many organic
aqueous systems. As the amount of publications, books, and industrial
applications show the importance of pervaporation as a membrane separation
method has been constantly increasing [57, 58, 79, 80].
The separation process of the pervaporation is determined by the selective
sorption, solution and diffusion in the membrane. This process is mainly used for
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dehydration of organics [81-87], removal of low concentration organics from its
aqueous mixtures [88-94] and organic-organic separation [95-98]. Depending on
the permeating component two main areas of pervaporation can be identified:
hydrophilic and organophilic (hydrophobic) pervaporation [99-101].
The first commercial plants for dehydration of ethyl alcohol with PV were
installed in the late 1980s [102]. The environmental application of organophilic
PV with hydrophobic membranes has the highest potential by offering the
opportunity to efficiently remove low concentration of organic compounds from
wastewater. The first commercial application of such a process has been
reported in 1997 [102, 103]. Among the major applications of pervaporation
membrane processes, organic separation from organic/water mixtures is
becoming more and more important [104]. The removal of organics from
aqueous solutions is of particular interest for water recycling processes,
fermentation, and the treatment of wastewater [20, 105]. Baker [57] prognoses
that pervaporation/vapor permeation based dehydration of bioalcohols has the
largest potential for commercial application.
For removal of VOCs, other separation technologies such as distillation, liquid–
liquid extraction, adsorption on carbon, and air stripping have feed condition
limitations, large volume of by-products or high cost of post-treatments.
However, pervaporation can be applied without these limitations [106]. PV has
the feature that certain separations can be carried out easier, simpler, without
any extra material added, and with less energy consumption than in the case of
other separation alternatives [107].
Generally, distillation can be used to remove organic compounds from water
[105]. In the case of thermally sensitive organic compounds, however, distillation
cannot be applied. Furthermore, according to Fleming and Slater [108],
pervaporation has several advantages over traditional distillation: reduced
energy demand because only the permeating fraction of the liquid should be
vaporized. Membrane pervaporation has advantages over distillation for liquid
separations because of lower operating temperatures and because azeotropes
can be separated [109], the separation is not required an extra added
component (such e. g. extractive and azeotropic distillation [44, 47]). Thus,
relatively mild operation conditions and high effectiveness make pervaporation
an appropriate technique for such separations [108, 110, 111].
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2.3.3.3

Modelling of pervaporation

Major models found in the literature, are the empirical model, pore-flow model;
total solvent volume fraction model, and solution–diffusion model [112-119].
The process of separation by pervaporation originates in the solution–diffusion
principle, since this resemble the most the real phenomenon [58] recommended
the “solution–diffusion” model for pervaporation which can be applied for twolayered composite membranes. The semi-empirical Rautenbach-model works
with transport coefficient instead of diffusion coefficient because its
concentration dependence is considered negligible [57, 79, 119]:
(7)
The permeate pressure is very low, thus the permeate is considered to be an
ideal gas, therefore the partial fugacities are replaced with partial pressures.
Partial pressures are calculated according to the Antoine equation [79].
(8)
where ܣǡ ܤǡ ܥǡ ܦǡ  ܧare material depending constants and  is the vapor
pressure of the pure ݅ component. Transport coefficient depends on the
temperature in an Arrhenius type exponential way [79].
(9)
As it can be seen, pervaporation is strongly temperature dependent. In Eq. (9)
ܶ  כis the reference temperature, equal to 293  ܭand ܧ is the activation energy
for component ݅ and is associated with the transport coefficient. The geometric
mean of activity coefficients at the feed side and the permeate side are
calculated by the following equation [79]:
(10)
The liquid activity coefficients can be calculated with different vapor-liquid
equilibrium models or, in our case, with the Wilson equation.
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Permeability coefficient of the support layer of the membrane ሺܳ ሻ, transport
ഥప ሻ and activation energy ሺܧ ሻ can be
coefficient for both of the components ሺܦ
determined for a binary mixture. These data are obtained by fitting them to
values of the experiments [79].
The Rautenbach-model [58] modified by Mizsey et al. [120] has been applied
previously for parameter fitting and modelling of alcohol dehydration [121, 122].
Valentinyi et al. [79, 123] have modified this model including the temperature
dependency of the transport coefficient. The model has been tested on several
case studies and proved to be a good one for the description of pervaporation
for engineering applications and design.
Therefore the modifications applied as model improvement in Eq. (7) is the
integration of an exponential factor considering the feed content of component
i, which alteration increases the flux of each component in the mixture and gives
more accurate results in an extended concentration range than the basic model
recommended by Rautenbach [58].
(11)
The exponential factor contains the product of the feed concentration of
component ݅ in mole fraction and a constant, [ ܤ79].
Since this improved model (Eq. (11)) modified by Mizsey et al. [120] has not been
tested for organophilic pervaporation, yet the improved model is also tested for
the sake of comparison with the original model of Rautenbach (Eq. (7)) where
the transport coefficient is assumed to be constant.
According to a proposed methodology of [122] laboratory experiments and
parameter estimation of the model are necessary.
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2.3.3.4

Comparison of different membranes on the separation of methanol
and water

Water/alcohol separation is the first motivating example of pervaporation
process study and application in chemical industry [124, 125]. In spite that the
separation of ethanol/water mixture is used on industrial scale but there is nearly
no study and application on separating methanol/water mixture. Compared to
ethanol, methanol is more similar to water in polarity and molecular weight
which makes methanol to compete with water so the pervaporation membrane
which is available for separating ethanol/water mixture cannot be definitely
suitable for separating methanol/water mixture [126]. The possible membrane
types can be classified into two categories: composite polydimethylsiloxane
(PDMS) membranes and inorganic zeolite membranes.
The PDMS is among the most interesting and promising membranes and has
been extensively investigated [127-129]. The preparation of PDMS membranes
has mainly been described in a variety of technical papers. The active layer
support materials used are mainly polyethersulfones [130-132], polyetherimides
[133-135], polyimides [136], polyacrylonitriles [137, 138], polyesters [139] and
ceramics [140]. However, in the case of alcohols or ketone separation from water
it has been observed that the composite PDMS membrane has usually not
sufficient permeation flux because of the following reasons:
-

alcohol and ketone compounds, compared with aroma compounds or
VOCs, are generally not very hydrophobic;

-

the proper choice of support materials, which are a perfect match for
the PDMS layer, have not been investigated thoroughly [104, 129].

Table 3 summarizes the comparison of experimental data with composite PDMS
membranes used for organophilic pervaporation of methanol-water mixture.
Using Eq. (3), ܲܵ ܫvalues can be calculated and applied to characterize and rank
membrane operations. For the sake of membrane characterization the
permeance (Eq. (4)) can be also applied. The selectivity (Eq. 5)) is also a
frequently applied tool of comparison and it characterizes the membrane in a
clear and obvious way [62].
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*phenyl silsesquioxane

Sulzer PERVAP-1060
Sulzer PERVAP-1070
PDMS copolymer*
Celfa CMG-OM-010
Sulzer PERVAP-1060
PDMS-CA
Sulzer PERVAP-1060
PDMS-CA
Celfa CMG-OM-010
PDMS-CA

PDMS membranes

28
131
131
240
131
240
131
24

ሾܿ݉ଶ ሿ

ܣ

128

8

16

10
80

ሾߤ݉ሿ

ߜ

200
200
5–120
200
5–120
200
15.6–31.8

ሾܮΤ݄ሿ

ܨ௪ି௧

30
30
60
40–70
40–70
25–50
40–70
25–50
40–70
30–50

ሾԨሿ

ܶ

5
5
5
2.5–5
2.5–5
5
13–20
5
13–20
0.3–3

ሾ݉Τ݉Ψሿ

ܨெைு

24
15.93
30.91
7.14–7.32
5.94–7.14
24.60–26.92
33.69–42.86
21.49–25.49
40.21–40.30
2.29–5.27

ሾ݉Τ݉Ψሿ

ܲெைு
݄ሻሿ

0.071
0.3–1.1
0.3–1.2
0.48–0.58
0.51–1.7
0.53–1.2
0.48–1.8
0.4–2.0

ሾ݇݃Τሺ݉ଶ

ܬ௧௧

6
3.6
8.5
1.5–3.0
1.2–3.0
6.2–7.0
3.0–3.4
5.2–6.5
2.7–4.5
1.8–7.8

ሾെሿ

ߙ

0.53
0.44–3.42
0.41–3.74
2.98–4.06
1.54–5.86
3.64–7.80
1.11–8.43
0.90–11.05

ሾ݇݃Τሺ݉ଶ ݄ሻሿ

ܲܵܫ

Kujawski (1) [141]
Kujawski (1) [141]
Guo and Hu (2) [142]
Molina (3) [143]
Molina (3) [143]
L Li et al.(4) [104]
Molina et al.(3) [144]
L Li et al.(4) [104]
Molina et al.(3) [144]
Mohammadi et al.(5) [125]

Reference

Table 3 Comparison of experimental data with composite PDMS membranes for organophilic pervaporation of methanolwater mixture

For the sake of estimation of the effectivity of organophilic pervaporation
membranes, their separation performance is compared with a simple continuous
distillation, that is, with a flash distillation. Fig. 9 and 10 show the schematic view
of the two unit operations. Continuous operations are considered. Such
comparison shows the similarities and differences in the separation ability. In the
case of the operation of these two separation units, flash distillation and
pervaporation, their heat requirements are practically the same, since the heat
of evaporation of the distillate or permeate should be introduced in the heat
exchanger of both systems. On the other hand, in the case of the pervaporation
vacuum and deep temperature cooling are also required reducing its
competitiveness. In spite, the comparison focuses just to the separation
capabilities of the two unit operations. Therefore it can be concluded that only
such pervaporation membrane is worth to apply for the investigated separation
that can exceed the separation capability of a flash distillation.

Fig. 9 Schematic figure of flash distillation

Fig. 10 Schematic figure of pervaporation
The comparison can be performed on a common  ݕെ  ݔequilibrium diagram of
methanol-water, that is the investigated system. The methanol permeate weight
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fraction values ሺݕሻ are plotted over the feed weight fraction ሺݔி ሻ in Fig. 11. Using
Eq. (2) permeate methanol concentrations are calculated with the help of known
separation factors and feed methanol concentrations. The corresponding
methanol-water vapor-liquid equilibrium composition is also shown (full line) so
that pervaporation and flash distillation could be compared [110, 145-147]. It
can be seen that only one of the methanol permeate weight fractions of different
organophilic membranes is slightly above the equilibrium vapor concentration.
This shows a lower separation capability of the different PDMS membrane than
a flash distillation.

Fig. 11 Calculated permeate methanol weight fractions of composite PDMS
membranes
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This membrane is the PDMS one as the benchmark organophilic PV membrane
material. Inorganic membranes, based on hydrophobic zeolites, have been also
investigated for the separation of selected mixture, methanol-water [129]. The
inorganic type zeolite membranes have also high separation selectivities because
of molecularsized pores and their adsorption properties. The zeolite membranes
possess superior thermal, mechanical, and chemical properties that may show
advantage over polymer membranes [148].
Table 4 shows a comparison of experimental data with zeolite and other
membranes for the organophilic pervaporation of the methanol-water mixture.
It can be seen, that zeolite membranes have the highest separation factor
published in the literature. Comparing the operation of the PDMS and zeolite
type membranes on the methanol-water pervaporation, it can be concluded
that, as usually, the membrane that higher separation capability has (PDMS),
shows worse permeation (Table 3 and 4) Comparing the separation of zeolite
type membranes to the vapor-liquid equilibria (Fig. 12) it can be seen that twelve
calculated methanol weight fractions are higher than the equilibrium vapor
concentration and four are under the line. These data indicate a significantly
better separation capabilities than those of the PDMS membranes and the
separation capabilities can be over that of the flash distillation.
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5

Silicalite-1, SS support

5

B-ZSM-5, SS support

Silicalite-1, SS support

5

Silicalite-1, SS support
100

80–90

35

100

Zeolite-filled (60 m/m% silicone)

Ge-ZSM-5, SS support (Si/Ge=41)

400

Silicalite-1, SS support

85
120

100

85
80–90

19.2

110

93

19.2
120

110

100

5

63

22.5

30–80

30–60

32

30

22.5

30–60

30–60

22.5

30–60

32

30–60

65.45

40.63

23.76–36.67

70.31–74.32

33.33

30.91

8.31

38.71

28.57

25.0–93.1

2.50–84.38

3

5

40.49

80.81–84.03

3.5–16.5 34.15–58.72

5

5

1.8–5

5

5

5

3.5

5

5

2.5–90

85

25

Zeolite-filled (0 m/m% silicone)
B-ZSM-5, α-Al2O3 support
(Si/B=100)
Silicalite-1, Al2O3 support
B-ZSM-5, γ-Al2O3 support
(Si/B=100)
Zeolite-filled (30 m/m% silicone)

350

20

Crosslinked polybutadiene

25

2.5–90

540

20

8.65
21.86

ሾ݉Τ݉Ψሿ

ܲெைு

ሾ݉Τ݉Ψሿ

ܨெைு

Uncrosslinked polybutadiene

ሾԨሿ

ܶ

5

ሾܮΤ݄ሿ

ܨ௪ି௧

5.3

ሾߤ݉ሿ

ߜ

Pebax

ሾܿ݉ଶ ሿ

ܣ

Silicalite-filled PVA (GFT 1170)

Other membranes

2.63

0.17–0.35

1.0–1.3

0.5

0.704

0.51–0.56

0.12

0.321

0.21–0.9

0.6

0.12–0.8

0.1 (MeOH)
0.0008–
0.001
0.0005–
0.005
0.187

ሾ݇݃Τሺ݉ଶ ݄ሻሿ

ܬ௧௧

22

80–100

7.2–14.3

36

13

11–17

45–55

9.5

8.5

2.5

12

7.6

1.5–13

0.6–1.0

5

1.8

ሾെሿ

ߙ

55.23

16.83–27.65

6.20–17.29

17.5

8.45

5.60–8.16

5.28–6.48

2.73

1.58

0.90

1.32

1.23

0.0008–0.033

0.0003–0.003

ሾ݇݃Τሺ݉ଶ ݄ሻሿ

ܲܵܫ

Chen et al.(15) [154]

Tuan et al.(12) [152]

Liu et al.(11) [110]

S Li et al.(14) [148]

te Hennepe et al.(9) [151]

Sano et al.(13) [153]

Tuan et al.(12) [152]

te Hennepe et al.(9) [151]

Bowen et al.(10) [109]

Liu et al.(11) [110]

Bowen et al.(10) [109]

te Hennepe et al.(9) [151]

Yoshikawa et al.(8) [150]

Yoshikawa et al.(8) [150]

Devaine et al.(7) [100]

Morin and Thompson (6) [149]

Reference

Table 4 Comparison of experimental data with zeolite and other membranes for organophilic pervaporation of methanolwater mixture

Fig. 12 Calculated permeate methanol weight fractions of inorganic membranes
The aim of the organophilic pervaporation can be the enrichment recovery of the
organic material but also the cleaning of the feed flow, aqueous mixture, from
the organic material. The research works of the literature give detailed
information about the methanol enrichment in the permeate side (separation
factor, flux) but there are only two articles that report about the change of feed
concentration during pervaporation experiment. Liu et al. [110] have found that
the feed concentration does not change significantly. Tuan et al. [152] have
reported about the B-ZSM-5 membrane that the feed concentration changes
from 5 to 3.8 m/m% methanol during 3 hours operation. So, the total removal of
methanol from a methanol-water mixture has not been reported, yet.
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2.3.3.5

Comparison of different membranes on the separation of isobutanol
and water

Table 5 and 6 show a comparison of available experimental data of
pervaporation membranes for organophilic and hydrophilic PV of the isobutanolwater mixture.
It can be seen that the separation factors (Eq. (2)) are significantly higher for the
hydrophilic pervaporation than those of the organophilic ones. In the case of
OPV, PDMS membranes have the highest ܲܵ ܫpublished in the literature. The
zeolite membranes possess superior thermal, mechanical and chemical
properties that may show advantage over polymer membranes [148]. This type
of membranes have good separation capability in the case of hydrophilic, but in
group of commercially available membranes, polyvinyl alcohol (PVA) membranes
have the highest ܲܵ ܫvalues.
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100
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100

138
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28

28

28

28

28

7
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Table 5 Comparison of experimental data of organophilic pervaporation of isobutanol-water mixture
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Table 6 Comparison of experimental data of hydrophilic pervaporation of isobutanol-water mixture

For the sake of comprehensive information, the features of the different kinds of
pervaporation membranes are compared and ranked. The comparison of the
membrane fluxes and the separation factors can result in significant differences
since the pervaporation data found in the literature are usually reported only as
simple measured data on a special kind of membrane. These data are the
function of the intrinsic properties of the membranes and they also depend on
its operating conditions e. g. feed concentration, permeate pressure and feed
temperature. For the sake of membrane characterization the permeance
(Eq. (4)) can be also applied. The selectivity (Eq. (5)) is also a frequently applied
tool of comparison and it characterizes the membrane in a clear and obvious
way [62].
Calculated selectivities of pervaporation of isobutanol-water mixtures are
ranked in Table 7. More data cannot be extracted from Table 5 and 6 because
permeate pressures are not reported in the presented papers.
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Table 7 Comparison of permeances and selectivities of different membranes for the isobutanol-water mixture

Following the idea already applied in [146, 147, IV] the  ݕെ  ݔvapor-liquid
equilibrium (VLE) diagram is selected for such a comparison. The isobutanol (IBU)
permeate weight fraction values ሺݕሻ are plotted over the feed weight fraction
ሺݔி ሻ in Fig. 13. The corresponding isobutanol-water vapor-liquid equilibrium
composition is also shown (full line) so that pervaporation and flash distillation
could be compared [110, 145].

Fig. 13 Calculated permeate isobutanol weight fractions of organophilic and
hydrophilic pervaporation
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It can be seen that every calculated isobutanol permeate weight fractions of
different organophilic and hydrophilic membranes are above the equilibrium
vapor concentration. It can be concluded that, both organophilic and hydrophilic
pervaporation can be over the flash distillation, however, the hydrophilic
membranes show significantly better separation compared to those of
organophilic ones due to their higher selectivity. This underlines the importance
of the organophilic membrane research, development, experiments and
modelling.
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2.4

Strategy for process wastewater treatment methods – developed
processes

The strategy developed by Mizsey et al. [105] follows the principle of
sustainability: obtaining valuable materials from process wastewaters should be
considered a primary goal (see Fig. 14). So the very last step of the process is the
release of the process wastewater into the sewer. Important concept for
selecting the technology is that the process wastewater meets the criteria for
release into the sewer. The current values can be found in 28/2004. (XII. 25)
Ministry of Environment Regulation [163].

Fig. 14 Strategy for process wastewater treatment methods [105, 164]
(F=Feed, D=Distillate, W=Bottom product)
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First, the AOX value of the process wastewater has to be examined. If the water
contains more AOX causing components than the limit value and they are volatile
then they should be distilled. After distillation it is necessary to examine the
distillate, because it contains a high concentration of reusable volatile solvents.
If the distillate composition is not adequate in the terms of recovery it must be
disposed. In this case the incineration is much more economical since the treated
process wastewater has less water than the raw, loose form.
If the AOX value of the process wastewater is under the limit it is appropriate to
examine the COD. If the mixture contains many volatile solvents, it should be
distilled. The volatile solvents of the bottom can be significantly reduced with
distillation. At this point it is prudent to re-examine COD value of the bottom.
If the COD and AOX values of process wastewater meet the environmental
regulations, then the bottom can be streamed into the sewer without paying a
fine. If not, then the non-volatile materials must be removed from the mixture.
This problem could be solved with physicochemical technologies.
After the physicochemical method the process wastewater must be examined
again to decide whether it can be released into the sewer. If the process
wastewater still does not meet the criteria it must be decided weighing up
economic considerations whether to use other treatments. Then the amount of
environmental fines should be compared with the price of the cleaning
technology.
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2.5

Analytical methods

The methods of analysis are listed here.

2.5.1

Gas chromatography

The organic content is measured with Shimadzu GC-14B gas chromatograph (GC)
with an ID-BP1 (60 m x 0.32 mm, 1.0 μm) or a CP-SIL-5CB (50 m x 0.32 mm,
1.0 μm) column connected to a frame ionization detector. The column
temperature is kept at constant 60Ԩ while the detector and injector are
thermostated to 250Ԩ. Pressure of hydrogen, air and the carrier nitrogen are
kept at 50, 60 and 120 kPa, respectively. EGB HS 600 Headspace apparatus is
used for sample preparation in the case of water rich samples. The temperature
accuracy of headspace is around ±0.5Ԩ.

2.5.2

Karl Fischer titration

The water content is measured with Hanna HI 904 coulometric Karl Fischer
titrator (KF-t) between 1 ppm – 5 m/m% water concentration. The electrode
accuracy of titrator is around ±0.1mV. Potentiometric Karl Fisher titrator is used
above 5 m/m% water concentrations. The error of titration is around ±0.1%.

2.5.3

Chemical oxygen demand

Chemical oxygen demand (COD) of feed and bottom product of distillation and
permeate of membrane filtration are determined by the K2Cr2O7 standard
method. This method is fully corresponds to the International Standard ISO
6060:1991.

2.5.4

Adsorbable organically bound halogens

Adsorbable organically bound halogens (AOX) of feed and bottom product of
distillation are measured with Mitsubishi TOX-100.
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3

Research in the area of physicochemical treatment
methods for process wastewater

In this chapter my research work and results are presented that are obtained in
the process wastewater treatment area. The considered physicochemical tools
are stripping with air, steam stripping, distillation/rectification and membrane
unit operations.

3.1

3.1.1

Process wastewater stripping

Problem statement

The AOX compounds can be removed only with physicochemical tools and
basically with stripping. The AOX compounds can disturb wet oxidation and they
inhibit the biological treatment. This is the reason why the AOX removal so
important and this industrial case study focus onto the removal of AOX
compounds with stripping. Of course, if stripping is applied, the VOC content is
also reduced [20].
To study and compare the air and steam stripping, a real pharmaceutical
problem is selected. Table 8 shows the polluting compounds of the process
wastewater. The adsorbable organically bound halogens compounds are bolded.
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Table 8 Pollution compounds in a pharmaceutical process wastewater [165]
Pollution compound [ppm]
Acetone 28.9

Ethylbenzene 0.49

Benzene 2.34

Methanol 4412

i-Butanol 66.0

4-Methyl-2-pentanone 0.31

n-Butanol 0.02

2-Pentanone 0.11

tert-Butanol 0.03

1-Propanol 0.02

Carbon tetrachloride 0.01

2-Propanol 21.7

Chloroform 0.27

Tetrachloroethylene 0.04

1,2-Dichloroethane 0.39

Toluene 16.9

Dichloromethane 1020

Trichloroethylene 7.15

Diethyl ether 0.06

m-Xylene 1.89

1,4-Dioxane 0.20

o-Xylene 0.36

Ethanol 10.9

p-Xylene 0.49

Ethyl acetate 1.58
All compound 5592
All AOX compound 1028

As Table 8 shows the major polluting AOX components of the examined process
wastewater are dichloromethane and trichloroethylene. Although other AOX
compounds are present in a negligible amount, their presences in the mixture
have to be taken into account for the precise vapor-liquid equilibrium
calculations.
For a pharmaceutical company there are several possibilities to lower AOX
content of the wastewater [21, 164, 166]. It is preferred to first examine whether
the organic halogen compounds could be substituted with solvents not
containing halogens [2, 18]. If this is not possible, then the wastewater can be
incinerated, distilled or stripped. It is sensible to recover the solvent content of
the process wastewater and use it in other manufacturing processes [167].
In the following the problem of lowering the AOX content of the wastewater in
Table 8 is selected for detailed investigation to obtain generalizable conclusion.
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3.1.2

Air stripping plant

Modeling of process wastewater treatment with different physicochemical tools,
among them with stripping, has been studied by several researchers: Ferrer et
al. [168], Marsili-Libelli [169], Rivas et al. [170] and Köhler et al. [171]. The
simulation of the air stripping plant is carried out according to the engineering
structure of a stripping plant. This structure can be seen in Fig. 15. According to
the chemical engineering knowledge, in the case of stripping the feed to be
stripped is fed at the top of the stripper. This engineering principle is also true
for the steam stripper shown in Fig. 2. The stripper contains some column
internals, Polyhedral Hollow Ball in this case [172], to facilitate mass transfer
offering area for such purpose. The engineering concept should pay attention to
the fact that the stripping with air just passes over the pollution from the water
phase into the air/gaseous phase and therefore the air or stripping gas leaving
the stripper should be also treated. Such treatment is usually a burner, that is,
an oxidation usually supported with catalyst. After the oxidation a scrubber type
gas cleaner is used to chemically bind the polluting flue gas compounds.
According to the theory described in the previous considerations, the air
stripping plant should consist of three main units:
1. Stripping column, where the desorption of halogens happens;
2. Catalytic oxidation equipment, where the stripped hydrocarbons and
other combustible materials are oxidized;
3. Gas-cleaner with sodium hydroxide, where the output of the oxidation
is neutralized by chemisorption.
The model of such a stripping plant is built including the three main units. For
the modeling, the professional flowsheet simulation package the ASPEN Plus® is
selected and the model of such an air stripper plant including the three main
units is built.
The selected industrial air stripper fully coincides with the theoretically
necessary unit operations.
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It is not necessary to model the tanks and the filter before the stripping column
because they will be the same if air stripping and steam stripping are compared.
However, the ventilator is included in the model since the transportation of air
is an expensive unit operation [173]. The UNIFAC model [174] is selected at the
modelling of the air stripping plant.
The simplified structure of the air stripping plant using the ASPEN symbols is
shown in Fig. 15.
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Fig. 15 Air stripping plant [165]

The first unit of the air stripping plant is the stripping column (see Fig. 16). In the
industrial case study the wastewater is fed in the top of the column, with 20 m3/h
flow rate. At the bottom of the stripping column a ventilator provides the
2000 m3/h air flow. The packed column is 10 m high, 1 m in diameter and
contains polypropylene Polyhedral Hollow Ball packing [172]. After the stripping,
practically no AOX component remains in the water-phase, that is to be released
into the sewage system, because the stripped compounds leave with the head
product in the airflow.

Fig. 16 Air stripping [165]
The polluted airflow leaving the stripper enters the catalytic oxidation
equipment (KATOX) through a droplet separator (see Fig. 17). The air excess
necessary for the operation of the KATOX is provided by an additional ventilator
which delivers an additional 500 m3/h airflow.
The gas flow is heated electrically, the catalyst is made from Pt-Ir, and the
pollutants are oxidized at approximately 500°C [175]. The halogenated
hydrocarbons decompose into their chemical components (H2O, CO2, Cl2 and
HCl) in the equipment. After the catalyst oxidizer the output gas flows through a
heat-exchanger, which is for the pre-heating of the airflow entering the KATOX,
using the heat of the airflow leaving it. Thus, energy integration is achieved and
the energy needed to heat the flow before the KATOX is significantly lowered, as
well as the energy needed for temperature correction in the continuous plant.
For the chemical reactions there constants are taken from [54], the reaction
equations are from [176] and the vapor-liquid equilibrium models are from [177].
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Fig. 17 KATOX [165]
The simulation is interrupted before the gas cleaner, because there are not
enough accurate data to build a suitable model of the KATOX. Due to the lack of
data regarding the ratio of Pt-Ir in the catalyst, the reaction constants, and the
activation energies in the oxidation reactions, it is not possible to run the
simulation of the equipment in the software. Instead we rely on the information
from the pharmaceutical company: the efficiency of the KATOX in their
apparatus is minimum 70%. Thus we can predict the composition and the
amount of the gas flow leaving the KATOX and entering the gas cleaner based on
the simulation data of the gas flow entering the KATOX.
During this oxidation the Deacon reaction takes also place, however, since this is
a slow reaction only around in the magnitude of 100 ppm chlorine is formed from
the hydrochloric acid vapor [178, 179].
The flowsheet of the gas cleaner unit is presented in Fig. 18. The first unit of the
gas cleaner model is the quenching tank where the mixture, that mainly contains
the hydrochloric acid vapor and chlorine gas, is cooled down from approximately
250°C to around 130°C with a small amount of soft water. The bottom flow,
quench water, is negligible since the soft water evaporates to cool the hot
“KATOX OUT” flow.
The gas flow with the oxidized pollutants enters at the bottom of the gas cleaner
column, while the 1 m/m% NaOH cleaning fluid is introduced in countercurrent
flow at the top. According to the industrial data the column is 6 m high and 63 cm
in diameter, packed with polypropylene Polyhedral Hollow Ball [172].
The hydrochloric acid vapors and chlorine gases are neutralized in the column
with chemisorption, according to the next equation:
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(12)
The Chlorine present in small concentration is neutralized also according to the
following brutto reaction:
(13)
The head product is clean air, which is released into the atmosphere. The bottom
product contains the salt produced during the neutralization. Stoichiometric
amount of cleaning fluid is fed into the column, therefore the bottom product
theoretically does not contain remaining basic compounds; thus, its pH is in the
range specified by regulations. To lower the amount of chemical lye used for
neutralization, 90% of the bottom product is recycled to increase the liquid flow
in the gas cleaner and 10% is removed. The deposition of the latter has to be
taken care of, because due to its high salt content, releasing it into the sewage
system would procure high fines [180].

Fig. 18 Gas cleaner [165]
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3.1.3

Steam stripping plant

In the case of the designed and simulated steam - wastewater stripping crossflow
plant, the whole system is simpler built than the previously described air
stripping.
Practically, the model consists only of a packed stripping column. To be able to
compare the two plants they are simulated with equal capacity, therefore the
wastewater is introduced likewise at the top with 20 m3/h flow rate. The steam
– based on the calculations – enters the bottom of the column with 0.42 m3/h
flow rate.
The packed stripping column is 6 m high and 0.6 m in diameter, packed with
polypropylene Polyhedral Hollow Ball [172].
In the energy utilizing heat-exchanger, feed wastewater is heated to 95°C using
the heat of the bottom product. The steam is produced by an electric heater at
120°C and 2 bar.
The bottom product, similar to that of the air stripper, practically does not
contain AOX compounds. The concentration of the VOC in the distillate is usually
high enough and therefore it can be considered for possible reuse and/or
utilization. It can be used again as solvent or it can be utilized as heat source in
an incinerator. Fig. 19 presents the flowsheet of the steam stripping plant.
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Fig. 19 Steam stripping plant [165]

3.1.4

Comparison of the two systems

To be able to compare the two plants, they are simulated with equal capacity
and purification efficiency. Thus the wastewater is introduced at the top of the
column with 20 m3/h flow rate in both systems. The removal of the organic
halogen compounds is similar in both cases.

3.1.4.1

The efficiency of AOX removal

Table 9 shows the AOX components of the wastewater entering and leaving the
air stripping and the steam stripping plants. The wastewater output
compositions are simulated results. The small numbers can be interpreted that
the removal of the AOX compounds is total in both cases.
Table 9 AOX removal of air and steam stripping (simulated data)
AOX compounds

Wastewater

Wastewater output [ppm]

input [ppm]

Air stripping

Steam stripping

Carbon tetrachloride

0.01

3.6E-29

9.7E-29

Chloroform

0.27

3.0E-28

1.4E-18

1,2-Dichloroethane

0.39

1.9E-28

2.5E-12

Dichloromethane

1020

6.9E-29

5.7E-14

Tetrachloroethylene

0.04

1.4E-28

3.7E-20

Trichloroethylene

7.15

1.4E-28

1.9E-14

In both cases the concentration of the main AOX components in the wastewater
leaving the stripping plants is therefore well below the limit [163].
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3.1.4.2

Efficiency of steam stripping to obtain concentrated pollutants in
the distillate

The pollutant content in the input and output streams, distillate, of the steam
stripping plant is also examined, with regard to the major organic halogen
compounds. In the case of steam stripping the volume of the head product,
distillate, is significantly lower than the volume of the feed and, as a
consequence, the concentrations of the pollutants are much higher (Table 10).
Due to the small volume of the head product the amount of material and
therefore the cost of the incineration can be decreased compared to the case
when no stripper is applied and even reutilization of the organic compounds can
be considered.
Table 10 Efficiency concentration of steam stripping
Main AOX

Wastewater

Condensate

Efficiency

compounds

input [ppm]

output [ppm]

concentration [%]

Dichloromethane

1020

3288

322

Trichloroethylene

7.15

23

322

3.1.4.3

Treatment steps, operability features

With air stripping the wastewater treatment is accomplished in four steps:
1.

stripping

2.

catalytic oxidation

3.

gas-cleaning

4.

deposition of the salt

During the stripping and neutralization of the AOX compounds the polluting
changes phases twice (liquido gas oliquid). Salt containing wastewater is
produced during neutralization, which has to be deposited.
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With steam stripping the wastewater treatment is accomplished in two steps:
1.

stripping

2.

incineration

The stripped pollution is condensed at the end of the process therefore only one
phase change occurs (liquidogas).
The comparison of the treatment steps of the two alternatives shows the easier
operable alternative, that is the steam stripper.

3.1.4.4

Energetic factors

In the case of air stripping energy integration is applied and the heat of the flue
gas flow leaving the KATOX is used in a heat exchanger to preheat the gas stream
entering the KATOX unit. Such an energy integration increases the temperature
of the gas feed by 350°C. The power requirement of the electric heater is 118 kW
if energy integration is applied. Without energy integration it would be 422 kW.
Due to the heat released during the catalytic oxidation the electric heater of the
KATOX have to be operated only at the start to reach 500°C necessary for the
process.
In the case of steam stripping, similar kind of energy integration is applied like in
the case of the air stripping. The feed stream is preheated with the bottom
product of the stripper. Preheating the wastewater to 95°C enables more
efficient stripping of the pollutants and the heating requirement can be reduced
According to our calculations, the power of the heating could be decreased from
306 kW to 296 kW since electric heated boiler is applied.
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3.1.4.5

Cost estimation

During the calculations the functions published by Douglas [173] are used to
estimate the capital cost of the equipment items. The capital costs are
determined according to the major technological parameters of each units. The
cost figures are updated using the M&S Index [181]. Five-year amortization of
capital cost is assumed for total cost estimation.
The operational costs values are determined on the basis of the energy
requirements considered the whole stripping process, e.g. in the case of air
stripping, besides the stripper the oxidation (KATOX), the scrubber, the water
and chemicals, and deposition costs are all considered.
The Total Annual Cost (TAC) can be estimated in many different ways. For the
sake of simplicity, in our study a simplified model shown in Eq. (14) is selected.
(14)
Table 11 presents the cost elements considered during the calculation of
investment and operating costs. The percentages show the costs elements of the
steam and the air stripping plant. At the placement of end products, the
Governmental Regulations of Ministry of Environment [180] are followed. At the
cost estimation of the treatment of end products the prices of Budapest Sewage
Works Ltd. [182] are applied.
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Table 11 Comparison of cost elements of air and steam stripping alternatives
Air
stripper

Steam
stripper

Heat exchanger(s)

4

60

Electric heating

17

37

41

15

5 years amortization; 1000$/year

Investment Stripping column
cost
Scrubber

Operating
cost

Comparison

15

KATOX

72

Total

149

112

Electrical energy

117

57

Potable and deionized water

43

7

Chemicals
Placement and treatment of
end product

43

Total
Total Annual Cost (TAC)

75%

105

204

307

267

87%

457

379

83%

It can be seen that the investment cost of the air stripping plant is approximately
150% of the steam stripping plant.
7200 annual working hours are selected for the calculation of the operating cost.
This means continuous operation. The operating costs contain the annual costs
of the utilized electricity, water and chemicals. In the case of the air stripping
plant the annual fine for releasing the saline liquid into the sewage system is also
included, while for the steam stripping plant the annual cost of incinerating the
stripped and condensed compounds is taken into account. The total cost of the
steam stripping plant is 83% of the air stripping plants.
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3.1.5

Conclusions

Both air stripping and steam stripping are suitable methods for removing volatile
and AOX compounds. There is a dispute among the engineers which one should
be preferred. This work is based on a real industrial case study but modelling is
also applied. The results show a clear decision: in spite that the steam stripping
uses steam that is more expensive than the air, finally it comes out cheaper
because the additional costs of the air stripping are too high.
Moreover, the operation of the steam stripping is much simpler and it can offer
the option of reutilizing the removed organic compounds obtained in the
distillate. Such an option contributes also to the sustainable production with the
reduction of the organic solvent consumptions.
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3.2

Process wastewater distillation

3.2.1

Problem statement

Table 12 contains the physicochemical characteristics of five different
pharmaceutical process wastewaters. These are industrial samples.

Table 12 Experimental process wastewaters

Sample

Density
[g/cm3]

pH

1.01

6.9

Dry

Pollution

substance

component

[m/m%]

[m/m%]

0.66

0.44 Dichloromethane

COD
[mgO2/L]

AOX
[ppm]

Quantity
[t/y]

E-factor

12400

7850

792

220

0.21 Acetone
1

0.42 Methanol
2

0.97

5.8

0.23

15.7 Ethanol

298000

-

648

270

3

1.02

5.5

9.31

26.2 Methanol

238000

-

96

40

4

1.01

7.0

0.00

40000

-

26

26

5

0.97

7.0

0.70

51000

2360

1440

230

3.14 Ethyl acetate
0.76 Ethanol
0.42 Dichloromethane
7.92 Ethanol
0.16 Methanol

In Table 12 the pollutant component means in fact organic component. Studying
the results found in Table 12, it can be noted that in each case, releasing the
process wastewater into the sewer generates very serious environmental
problems. The reason for this is the high COD content. The fine would be very
significant and the incineration is also expensive because the samples have high
water content. Thus, a cheaper alternative solution must be found.
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Studying the technologies listed in Part 2.3 and the components of the process
wastewaters distillation is selected for solving the problem. The volatile chemical
oxygen demand (VOC-COD) can be enriched in the distillate [20].
A wide variety of process wastewaters should not be mixed in the experimental
stage because later it is not possible to establish, which one is the most difficult
to clean and which one can cause scaling and/or corrosion.
It is found expedient to design the column in continuous mode and to make
preliminary experiments with it because in the factory each process wastewater
is produced in large quantities and the stripping column is also needed.
Enrichment of the distillate in pollutant components is well worth-while since
then the incineration will be cheaper due to the lower water content. The AOX
value of the bottom (Samples 1 and 5) must be reduced below the limit (8 ppm).
This problem can be solved as shown in previous studies [21]. Based on the very
high COD values for the five process wastewater samples it isn’t likely that the
bottoms in either case could be reduced below the limit (1000 ppm), so even
before the distillation it is worth considering the use of additional
physicochemical treatment methods. In principle, the COD can be further
reduced with membrane separation. In this case the greatest possible
degradation should be achieved because the very sensitive membrane must be
spared from pollution.

3.2.2

Laboratory experiments

The main parameters of the experimental column are the following: 1.2 m high,
internal diameter of 4 cm with Raschig ring packing. The column has 9 theoretical
plates. (According to measurement carried out by methanol-water mixture.) The
feed tray location is at the middle of the column. The column heating is
controlled with a 1 kW efficiency heating basket. Fig. 20 shows the laboratory
apparatus for process wastewater distillation.
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Fig. 20 Laboratory apparatus for continuous distillation [164]
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Before the experiments a computer simulation is realized with ChemCAD 6.4.3
to reduce the required number of experiments, and the optimum reflux ratio,
the mass- and bottom flow rate were determined based on the experimentally
measured heating power. Table 13 and Fig. 21 show the experimental results.

Table 13 Distillation results
Distillation results

1

2

3

4

5

10

4

4

10

10

D - Pollution comp. [m/m%]

65.3

75.6

99.8

11.9

94.1

D - Temperature [°C]

87.3

83.2

64.8

93.5

76.5

D/F ratio

0.01

0.19

0.26

0.26

0.07

W - Pollution comp. [m/m%]

0.14

traces

traces

0.06

0.32

W - AOX [ppm]

2

-

-

-

8.5E-03

COD reduction [%]

69

93

95

91

83

Reflux ratio [-]

Fig. 21 COD reduction with distillation step
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It is a difficult task to find the settings where the process is both in steady-state
and in enrichment status in the cases of Sample 1, 4 and 5 (process wastewaters
with heterogeneous azeotropic mixtures). In the experiment with Sample 4 the
simulated optimal reflux ratio is 10, but the enrichment is only over 20. This once
again attests to that the computer could only assist in this work so it is important
to verify the calculations experimentally.
However, it could be reached the most important goal, namely the drastic
reduction of COD, the bottoms still had to be treated with other methods
because the COD is still over the legal limit. Based on analytical measurements
the halogen content (AOX) is reduced below the emission limit of 8 ppm.

3.2.3

Up-scaling

After the laboratory experiments pilot plant distillation experiments have to be
carried out to determine whether industrial equipment can be designed. The
distillation column should be designed so that one column can process higher
amount of water. In this case there is no need to build a separate unit for each
stream of process wastewater. Therefore, if the column size and the place of the
feed is fixed, the desired purification with the correct selection of the reflux and
D/F ratio can be achieved.
The energy requirements of distillation could be significantly reduced, if we were
able to preheat the feed with the heat of the bottom [183]. Another unique
feature of this distillation is that there is no need for designing a kettle separate
from the column, since direct injection of the steam can be used for the heating
of the kettle. The condensing steam also dilutes the bottom and further reduces
the COD and AOX.
In some cases two-phased distillate is formed but it’s not worth dealing with
separately because the separation already works well enough and it would only
complicate the column structure. Although, technological experience shows that
the process wastewaters are often mixed, it is preferable to strive for a simpler
operation.
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Using the experimental results and the above observations a column is designed
with fourteen theoretical plates and Sulzer Mellapak 750Y [184] structured
packing [29]. The feed is preheated with ultra thermostat and it is pumped in the
middle of the column. The main parameters of the scale-up column are the
following: 3 m high, internal diameter of 5 cm and the column heating is
controlled with direct steam (2 bar). Fig. 22 shows the schematic figure of the
up-scaling column.
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Fig. 22 Schematic figure of up-scaling column
Sample 1 is treated only with the following operational parameters: 0.03 D/F and
30 reflux ratios. The scale-up column decreases the AOX of the process
wastewater below 5 ppm and the COD below 3000 mgO2/L.
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3.2.4

Process wastewater charge calculation

The cost with annual material flow of the raw process wastewater (F) and the
bottom product of distillation (W) is calculated. (280 Ft=1 $, ref. year: 2015)
The fee for the sewage disposal (the usage of the sewers) consists of several
parts: sewage disposal charge, water load charge and value-added tax (VAT).
From 2013 the sewer usage charge (SUC) is 423.67 Ft/m3 [182]. The disposal
charge is a service charge and the water load charge is basically an environmental
tax. The annual sewer usage charges for each samples are summarized in
Table 14.
Table 14 Sewer usage charges (SUC)
SUC [$/y]

F

W

1

1012

940

2

862

678

3

121

92

4

34

25

5

1916

1710

At first the actual case limit values have to be looked up. These can be found in
28/2004. (XII. 25) Ministry of Environment Regulation (Annex. 4.) [163]. Table 15
contains the limit values and the specific penalty factors (k), these can be found
in 220/2004 (XII. 25) Government regulation (Annex. 2) [180].
Table 15 Limit values and specific penalty factors [163, 180]
Parameter

Limit value (28/2004.)

Specific penalty factor (220/2004.)

COD

1000 mgO2/L

70 Ft/kg

AOX

8 ppm

70000 Ft/kg

pH

under 6.5; over 10.0

350 Ft/kg

Dry substance

2500 mg/L

70 Ft/kg

Studying Table 12 it is found that there are four unsuitable parameters in the
raw process wastewaters COD, AOX, pH and dry substance. In the bottoms - in
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contrast to AOX - the COD is never under the limit. Dry substance and pH are not
taken into account only the excess of COD and AOX were calculated. It is assumed
that the factory filtered and neutralized these process wastewaters. Table 16
contains the fines.
Table 16 Fines [163, 180, 182]
Fine [1000$/y]

F

W

1

194092

0.55

2

49.60

2.76

3

5.58

0.18

4

0.25

0.01

5

109132

2.62

Table 16 shows that the COD-fines of the raw process wastewaters are very high.
For the halogen-containing process wastewaters the AOX and COD fines are
added together. Noticing the high AOX-fines it can be said that incineration or
alternative physicochemical treatment technologies are necessary for the
treatment of these process wastewaters because disposal of the sewage could
cause bankruptcy.
Adding the sewer usage charges (Table 14) and the fines (Table 16) the actual
process wastewater fees (WWF) can be calculated.
Table 17 Process wastewater fees (WWF)
WWF [1000$/y]

F

W

Reduction [%]

1

194093

1.74

99.999

2

50.61

3.55

93

3

5.72

0.29

95

4

0.29

0.04

86

5

109134

4.62

99.996
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Fig. 23 Process wastewater fees (only COD-fines) [163, 180, 182]
The results shown in Fig. 21 appear in the process wastewater fees, too. Table 17
and Fig. 23 attest to the economic efficiency of the technology. It is essential to
note that applying distillation the charges could be reduced up to 90%.

3.2.5

Application of the results in the industry

The results of the comparison of the economic and operability features motivate
the industry to select the greener technology to complete. The aim of the
application of this physicochemical treatment technology is the remove the
polluting, usually volatile, compounds from the wastewaters. Fig. 24 and 25
show the completed industrial column for the treatment of Sample 1. This
column, on the one hand, decreases the AOX of the process wastewater below
0.5 ppm and, on the other hand, the distillate is clean organic solvent that can
be reused in or out of the technology.
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Fig. 24 Schematic figure of the AOX removal column
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Fig. 25 Industrial column operated with steam to remove AOX from process
wastewater [III]
Applying this technology the prescribed emission limits can be fulfilled easily.
Table 18 shows the cost parameters of this column. It can be seen, the payback
time is within 2 years.
Table 18 Cost parameters of the column (280 Ft=1 $, base year: 2012) [185]
Investment cost

309 000 $

Operating cost/year

64 000 $

Savings/year

233 000 $

Payback time

1 year 10 month
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3.2.6

Conclusions

In this part distillation is examined as possible solutions for the treatment of
process wastewaters. It is demonstrated through the examples of five industrial
waste solvent mixtures of fine chemical industry that distillation is capable for
the reduction of the volatile chemical oxygen demand (VOC-COD) and AOX. It is
also calculated that the column construction is a more environmental friendly
and cheaper solution than the waste disposal with paying penalty. As a
consequence for the pharmaceutical companies such a physicochemical
treatment might be a better solution for the treatment of PWW problem.
Distillation is also found economical since the fines can be reduced significantly
and the payback time of the industrial AOX removal column is 2 years
[173, 181, 185].
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3.3

Membrane filtration for COD-reduction of bottom product

More experiments are carried out with Samples 2, 3, and 4 (see Table 12) the
process wastewater samples with no halogen content. Membrane filtration with
CM-CELFA Membrantechnik AG P-28 apparatus is applied to further reduce the
COD of the bottom product (see Fig. 21) with ultrafiltration, nanofiltration and
reverse osmosis.
The membrane in the appliance is a circular plate of 75 mm diameter with an
active surface area is 28 cm2 placed on a porous sintered disc. In the device the
liquid moves in winding canals creating cross-flow filtration. The volume of the
tank is 500 cm3. A gear pump circulates the water between the membrane
surface and the tank. The constant temperature is maintained by an ultra
thermostat. The tank of the apparatus is hermetically sealed and pressurized:
inside the pressure is constant and higher than the atmospheric. The pressure
difference between the feed and the permeate sides in the range of 10 to 30 bars
is created by nitrogen gas. Fig. 26 and 27 show the test membrane apparatus.

Fig. 26 Photo of CM-Celfa Membrantechnik AG P-28 universal test membrane
apparatus [5]
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Fig. 27 Schematic drawing of the experimental apparatus (filtration mode)
First a known quantity of liquid is poured in the tank and the quantity of the
filtrate is measured as a function of time. Every time when a new membrane is
used a test is carried out with distilled water before and after the filtration of
process wastewater so we could draw conclusions based on the fluxes about the
interaction of the sample and the membrane. The membrane is fouled when the
flux of the second distilled water measurement is smaller than the first one.
Sterlitech membranes are applied: GH type for ultrafiltration, DK type for
nanofiltration, SE type for reverse osmosis. The results of the COD values of the
permeate could be read in Table 19.

Table 19 COD reduction with membrane filtration
COD [mgO2/L]

Distillation

Membrane filtration

Sample

F

W

W-NF

W-RO

2

298000

22000

16600

3800

3

238000

11000

9600

-

4

40000

3700

1030

-

COD is not reduced by ultrafiltration therefore Table 19 doesn't include these
experimental results. It can be seen, in the case of Sample 2 the prescribed
discharge limit (1000 mgO2/L) cannot be completed with nanofiltration,
significant decrease is achieved when reverse osmosis is applied. Using Eq. (6),
COD-rejection can be calculated and Table 20 shows these values.
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Table 20 COD rejection values
COD-Rejection [%]

Membrane filtration

Sample

W-NF

W-RO

2

25

77

3

13

-

4

72

-

The achieved COD-rejections are lower than average literature results for
wastewater treatment with membrane filtration (see Table 2).
Using membrane filtration process can be also a beneficial option for treating the
bottom product of distillation to concentrate non-volatile pollutants. In shortly
it can be said that in this case the membrane filtration of the bottom is rewarding
when the chemical oxygen demand is close to the limit value and that significant
scaling and fouling are not experienced. Before selecting the utilization of the
technology capital and operating costs and process wastewater charges should
be examined.
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4

Application of a new tool for liquid mixture treatment:
EHAD

In this chapter the extractive heterogeneous-azeotropic distillation are
investigated. Separation of industrial used solvents are examined with EHAD and
with two column distillation system.

4.1

Problem statement

The extractive heterogeneous-azeotropic distillation capabilities have been
already demonstrated [16, 44-48] but in this case studies, experiments and cost
evaluations can further prove the excellent capabilities of the EHAD in the area
of the separation of highly non-ideal mixtures. Even a strategy has been also
presented about the proper positioning of the EHAD in a separation scheme.
For the sake of the demonstration of the efficient use of EHAD, two problems are
selected:
1.
2.

a ternary mixture (26 m/m% Methanol (MeOH), 70 m/m% Ethyl
acetate (EtAc) and 4 m/m% Water) and
a quaternary mixture (24 m/m% Ethanol (EtOH), 34 m/m% Ethyl
acetate (EtAc), 29 m/m% Methyl ethyl ketone (MEK) and
13 m/m% Water).

The feed concentration of mixtures are motivated by industrial separation
problem. These mixtures are real used solvents from printing and
pharmaceutical companies.
Table 21 demonstrates the complexity of binary and ternary azeotropes of
selected mixtures.
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Table 21 Binary and ternary azeotropes of the investigated mixtures
[28, 186-188]
Azeotrope

Boil. T.
(3)

Component (1) Component (2) Component (3)

(1)

(2)

[C]

[m/m%]

[m/m%]

EtAc

MeOH

62.3

53.2

46.8

Water

EtAc

70.4–72.3

7.9–8.6

91.4–92.1

Water

MEK

73.7–73.8

11–12

88–89

Water

EtOH

78.0–78.3

4.0–4.6

95.4–96.0

EtOH

EtAc

70.9–72.1

28.0–31.2

68.8–72.0

EtOH

MEK

74–75

34.3–40.4

59.6–65.7

76.4–77.1

82.0–88.2

11.8–18.0

70.2–70.4

7.8–8.3

8.4–9.0

[m/m%]

EtAc

MEK

Water

EtOH

EtAc

Water

EtOH

MEK

73

10

11

79

Water

EtAc

MEK

71.1

8.7
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6.3

83.2–83.3

The components of ternary mixture form two binary azeotropes, one
homogeneous (EtAc-MeOH) and one heterogeneous (Water-EtAc). The
quaternary mixture has six binary and three ternary azeotropes, only water
forms with MEK heterogeneous type.
It is interesting to see how the water addition changes the VLE and makes the
desired separation possible in the case of non-ideal binary systems (Fig. 28).
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Fig. 28 Water addition to the EtOH-EtAc (above) and
MEK-EtOH (below) binary azeotropes [44]
It can be seen, that water is an efficient extractive agent and the azeotropes
disappear if satisfactory water amount is added to the liquid mixtures.
It is the aim of this chapter to compare the two separation structures, EHAD
(see Fig. 4) and TCDS (see Fig. 6), with modelling and experiments. The
separation of ternary and quaternary mixtures (problem 1 and problem 2, that
is, Methanol, Ethyl acetate and Water; Ethanol, Ethyl acetate, Methyl ethyl
ketone and Water) are investigated.
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4.2

Computer simulation and laboratory experiments

Before the experiments computer simulations are carried out with ChemCAD
6.4.3 [145] to reduce the solution space, the required number of experiments
and to find the proper parameters of the unit operations. The optimal reflux
ratio, the mass- and bottom flow rates, heating and cooling requirements can
also be determined knowing the measured heat flow in the column. As an
equilibrium model for the calculation of the highly non-ideal vapor-liquid
equilibria the UNIQUAC method is applied [189-192]. If binary pairs are not
existing the UNIFAC method can be applied instead [193].
Since the EHAD works with limited immiscibility besides the vapor-liquid
equilibria [188], liquid-liquid equilibria should be also calculated, that is, vaporliquid-liquid equilibria (VLLE). Both of the mentioned equilibrium models
(UNIQUAC, UNIFAC) have VLLE option. Same thermodynamic model is used for
distillation column and for phase separator.
The operation of EHAD and the complexities of the ternary and quaternary
mixture are shown in Fig. 29 calculated with ChemCAD.

Fig. 29 ChemCAD model for the EHAD separation
Fig. 30 shows the scheme of the TCDS in ChemCAD.
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Fig. 30 ChemCAD model for TCDS separation
To save time and material first extensive simulation works should be completed.
The results of the simulation prepare and predict the experiments.
The experiments are completed on a laboratory apparatus shown in Fig. 31.
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Fig. 31 Extractive heterogeneous distillation column of laboratorial size
(The numbers indicate the two problems and mixtures
that can be achieved with EHAD)
The main parameters of the experimental column are the following: structured
packing, internal diameters of 40 mm. The column has 10 theoretical plates.
(According to measurement carried out by methanol-water mixture.) The solvent
feed enters at the middle of the column. The entrainer (water) is fed in the top
of the column, as EHAD philosophy requires. The column heating is controlled
with a 300 W efficiency heating basket, the phase separator has atmospheric
conditions. The flow leaving the condenser goes to a phase split. The upper,
organic rich phase is taken away. The lower, water rich phase goes back into the
column as reflux. In Fig. 31 the possible separation is also indicated that can be
achieved with EHAD in the case of EHAD application. In problem 1 the ethyl
acetate goes with water into the distillate and the methanol with water remain
in the bottom. In the case of problem 2 methyl-ethyl ketone, ethyl acetate, water
is the distillate and ethanol water are in the residue.
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The two column distillation system is also investigated experimentally. Fig. 32
shows its experimental apparatus. The feeds and connections perfectly
correspond to the structure shown in Fig. 6.

Fig. 32 Two column distillation system of laboratorial size [194]
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4.3

Results and discussion of experimental verification

The measured and calculated results of EHAD can be seen in Table 22 and in
Table 23. The reflux ratio is 2 in both cases. The comparison shows the accuracy
also in ternary and quaternary cases (problem 1 and problem 2).
Table 22 Comparison of measured and simulated data for ternary mixture
with EHAD (problem 1)
Feed

Simulated data

Measured data

Solvent

Water

D

W

D

W

Water [m/m%]

4

100

3.6

94.7

5.3

94.6

MeOH [m/m%]

26

0

0.1

5.2

0.2

5.4

EtAc [m/m%]

70

0

96.3

0.1

94.5

0

Stream [kg/h]

0.25

1.23

0.18

1.30

0.18

1.28

20

20

70.7

94.6

69.3

96.0

T [°C]

Table 23 Comparison of measured and simulated data for quaternary mixture
with EHAD [44] (problem 2)
Simulated data

Measured data

Solvent

Feed
Water

D

W

D

W

Water [m/m%]

13

100

9.6

93.2

6.9

93.7

EtOH [m/m%]

24

0

0

6.8

0

6.3

EtAc [m/m%]

34

0

49.1

0

50.1

0

MEK [m/m%]

29

0

41.3

0

43.0

0

Stream [kg/h]

0.25

1.30

0.18

1.37

0.17

1.32

20

20

71.5

95.0

70.7

96.1

T [°C]

For the case of problem 1, Fig. 33 and 34 show the feed concentration of mixture
(xF, Solvent) and entrainer addition (xF, Water). The calculated distillate (xD) and
bottom product (xW) concentration is also presented. In Fig. 33 the problem 2 is
presented. Under the dashed curve and in Fig. 34, on the grey field the twophase region can be found. The green lines show the operation line of EHAD
column and blue symbolizes the water addition [195].
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Fig. 33 Calculated equilibria and operating lines of EHAD, problem 1

Fig. 34 Tetrahedral diagram for representation of the separation
in EHAD column [44], problem 2
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For the case of problem 2 the two column distillation scheme is also applied to
investigate the possible separation problem. Mizsey has investigated the system
with modelling [54] and his optimized parameters are applied. Table 24 shows
the measured and modelled results of TCDS. It can be seen that the values have
good agreement. In the first column, the reflux ratio is 1 and in the second is 3.
Table 24 Comparison of measured and simulated data for the quaternary
mixture with TCDS [194]
Feed

Simulated data

Measured data

Solvent

Water

W1

W2

W1

Water [m/m%]

13

100

63.2

1.5

62.6

1.6

EtOH [m/m%]

24

0

22.2

9.9

26.4

10.2

EtAc [m/m%]

34

0

6.3

48.7

4.7

47.6

MEK [m/m%]

29

0

8.4

39.9

6.4

40.6

Stream [kg/h]

0.12

0.04

0.08

0.08

0.07

0.07

20

20

76.3

71.2

75.0

72.5

T [°C]
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W2

4.4

Evaluation of EHAD

EHAD has been already proved [44-46] to be a powerful tool for the separation
of highly non-ideal mixtures. In the two problems it solved the separation again.
The comparison with the TCDS enables also the comparison with other
separation option that is also capable for the separation of the non-ideal mixture
(problem 2).
Total Annual Cost is calculated after the optimization procedure according to the
cost correlations of Douglas [173] with current M&S index. Investment costs of
the distillation depend on different parameters, for e.g.: heat duty, the sizes of
the column, and purity of the products. The operating costs contain the annual
costs of the steam and water consumption. 8000 hours/year continuous
operation is selected for the calculation of the operating cost. 10-year
amortization of capital cost is assumed for the total cost estimation.
The quaternary mixture of problem 2 (EtOH-EtAc-MEK-Water) is selected for the
comparison for 1000 kg/h feed stream. The criteria of the distillation products
(see Fig. 31 and 32) are defined before the cost estimation. EtAc and MEK
content must be decreased under 0.1 m/m% impurities in the bottom of EHAD
column and in the bottom of TCDS 1 column. Ethanol has to be separated from
the distillate of EHAD column and bottom of TCDS 2 column. The over limit value
is also 0.1 m/m%.
For the proper design of the EHAD its feasibility should be investigated that is the
proper condition of its operation where the desired separation can be achieved
[44]. It is necessary to determine the number of theoretical plates, the
corresponding extractive agent flow, the heating requirement, the location of
the extractive agent and the solvent feed stream.
Fig. 35 shows the minimal water consumption and the reboiler duty over the
number of theoretical plates. In each case, the mixture is pumped in the middle
of the column and the water is pumped in the top of the column.
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Fig. 35 Minimal water consumption and reboiler duty over the number of trays

The curves show that the minimal number of trays is around 27-28 plates. It
means actually the optimum TAC too, because the operational cost is the
significant part of the cost in distillation processes [22]. After determining the
number of theoretical plates, the location of the feed tray of water and mixture
is determined. Table 25 shows the effect of the different feed tray location of
the solvent (NSolvent) on the separation of the EHAD. The minimal water
consumption is found, that can be fulfilled the separation requirement
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[-]

1

1

1

1

2

3

4

27

27

27

27

27

27

27

18

18

18

18

14

10

5

[-]

NWater NSolvent

[-]

NTotal

FWater

1180

1170

1170

1160

1200

1450

4650

[kg/h]

R

2

2

2

2

2

2

2

[-]

497

497

497

497

497

497

494

[MJ/h]

QCond.

905

902

902

899

912

990

2026

[MJ/h]

QReb.

84.1

84.0

84.0

83.9

84.3

86.5

95.1

Water

15.8

15.9

15.9

16.0

15.6

13.4

4.8

EtOH

3.8E-03

3.8E-03

3.8E-03

3.8E-03

1.5E-03

5.6E-04

6.5E-05

EtAc

0.1

0.1

0.1

0.1

0.1

0.1

0.1

MEK

EHAD - Bottom product [m/m%]

5.7

5.7

5.7

5.7

5.7

5.7

5.7

Water

0.1

0.1

0.1

0.1

0.1

0.1

0.1

EtOH

51.0

51.0

51.0

50.9

51.0

51.0

51.2

EtAc

43.2

43.2

43.3

43.2

43.2

43.2

43.0

MEK

Phase separator - Top phase [m/m%]

Table 25 Finding the optimal feed locations of the EHAD
TAC

214

214

214

213

215

228

406

[1000$/year]

It can be seen that the water must be pumped onto the top tray of EHAD and
solvent mixture have to be pumped in the lower third part of the column for the
optimal TAC. Fig. 36 shows the TAC of the EHAD separation over the trays. Two
cases can be compared: if the solvent is fed in the middle of the column (black
line) and the optimal tray (green line).

Fig. 36 Total Annual Cost (TAC) over the number of trays
It can be seen, the difference is only 1% above 25th tray (see Fig. 36 and
Table 25). It can be examined, the minimum of the curve in Fig. 35 has good
accordance with the location of optimum in Fig. 36 (27 theoretical plates).
Table 26 shows the optimized parameters of the two column distillation system.
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Table 26 Optimized parameters of the TCDS
Column 1

Column 2

NTotal [-]

30

20

NSolvent [-]

15

10

FWater [kg/h]
R [-]

200
1

1

QCond. [MJ/h]

5334

7626

QReb. [MJ/h]

4701

8460

WWater [m/m%]

57.9

3.4E-03

WEtOH [m/m%]

42.0

0.1

WEtAc [m/m%]

6.4E-03

53.7

WMEK [m/m%]

0.1

46.2

Table 27 shows the cost elements considered during the calculation of operating
and investment costs in both cases.
Table 27 Comparison of the cost elements of distillation systems
10 years amortization; 1000$/year

TCDS

EHAD

EHAD/TCDS [%]

Column
Investment Reboiler
cost
Condenser + Phase separator
Total

71
54
58
184

16
10
5
30

22
18
8
17

Steam

2106

146

7

Water

1046

40

4

Total

3151

185

6

3335

216

6

Operating
cost

Total Annual Cost (TAC)

If the cost items are investigated line-by-line it can be seen the EHAD shows
better features than TCDS in every line. It can be also seen that the operating
cost of the distillation is the significant part of TAC by far. The total cost of the
EHAD is only 6% of the two column distillation system showing the excellent
features of EHAD for the separation of non-ideal mixture and that results also in
the costs.
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4.5

Conclusions

The application of extractive heterogeneous-azeotropic distillation significantly
improves the possibilities for the separation of highly non-ideal mixtures. It
opens new areas for the design of distillation based systems. Difficult
multicomponent separations can be easily and cost effectively solved with the
EHAD.
The EHAD has been already introduced in the practice but its current
experimental verification and cost analysis confirms its really attractive
capabilities in the separation of extremely non-ideal mixtures containing water.
The application of the EHAD allows also the simplification of the separation
schemes and the separation reduces the energy requirements of the distillation
and opens new horizons for the separation of non-ideal mixtures saving energy,
money and natural resources.
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5

Separation of liquid mixture with the combination of
organophilic and hydrophilic pervaporation

In this chapter my research work and results are presented that are obtained in
the pervaporation area. Methanol removal from water with organophilic
pervaporation is investigated in the first part of chapter. In chapter 5.2
isobutanol dehydration with hybrid organophilic and hydrophilic pervaporations
is described.

5.1

5.1.1

Methanol removal from aqueous mixture with organophilic
pervaporation

Problem statement

In the pharmaceutical industry it is an actual problem that the cooling water
circle can be polluted with methanol because of malfunction. The mechanism of
pervaporation is quite complex but it is a heuristic fact that molecules having
similar sizes and physicochemical features, like polarity, can be separated with
special technique and with special membranes. Sulzer Chemtech Ltd. has
developed a new generation of membranes which can remove methanol from
organic substances. This constitutes a further field of application for
pervaporation and the first plants are already in operation.
The methanol-water mixture does not form azeotrope and could be separated
by conventional distillation but the new membranes open the possibility to study
their separation with organophilic pervaporation. The separation alternatives of
any alcohol and water mixtures, dehydration, have been exhaustively studied
already but there are only a few works about the methanol removal from water.
This can be explained with the pretty similar features, e.g. molecular weight,
polarity, and behavior of the methanol and water molecules. To present this
phenomenon the differences in the solubility parameters and calculated
molecular diameters are shown in Table 28 [98, 125, 196-198]. The small
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difference in the solubility parameters of water and methanol will result in a
small selectivity in their solubility. As a consequence, the pervaporation
membranes cannot be so selective like in the case of ethanol or isopropanol–
water.

Table 28 Solvent properties [98, 125, 196-198]
Solvent

Calculated molecular

Solubility

diameter (nm)

parameter (Mpa)1/2

Water

0.26

47.9

Methanol

0.41

29.7

Ethanol

0.52

26.2

Isopropanol

0.58

23.4

It can be obviously understood that the molecules of quite different features can
be easier separated with pervaporation. The separation of similar molecules
need special technique and/or special membrane and in this work Sulzer
PERVAP™ 4060 and 2211 are tested and used for methanol removal from water.
The two membranes are made of dense active layer of PDMS.
Since the motivating example comes from the industry and therefore such
methanol and water mixture is studied where the methanol composition is
usually 0.5 m/m% but mixtures of higher methanol contents can arise and
therefore such concentration range is also investigated. For the sake of accurate
modelling it is also beneficial to investigate higher concentration ranges, that is,
around 20 m/m%.
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5.1.2

Experimental apparatus and methods

The experimental set up is a P-28 membrane unit from CM-Celfa
Membrantechnik AG (Fig. 37).

Fig. 37 Schematic figure of CM-Celfa P-28 pervaporation unit
The vacuum on the permeate side is maintained with VACUUMBRAND PC2003
VARIO vacuum pump and kept at 2 Torr (2.67 mbar). The isotherm conditions are
assured with a thermostat and monitored with thermometers at the inlet and
outlet of the unit. The permeate is collected in two traps connected in series and
cooled with liquid nitrogen to prevent loss of the permeate. In all cases measured
the, permeate condenses totally in the first trap.
The pervaporation experiments are carried out at different temperatures and
feed methanol concentrations to investigate the temperature and concentration
dependence of the organophilic pervaporation process. The examined
composition ranges and temperature values are listed in Table 29.
Table 29 Operating conditions of pervaporation experiments
Sulzer PERVAP™

Applied

Feed methanol

membrane type

temperatures

concentration ranges

[Ԩ]

[m/m%]

4060

50, 60, 70

0.05–20

2211

50, 60, 70

0.05–20
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The method of Mohammadi et al. [125] is applied for measurement the degree
of swelling. The PERVAP™ 4060 and 2211 membranes, which are completely
dried at room temperature and weighed and then immersed in aqueous
solutions of 0.05–20 m/m% methanol in a sealed vessel at 50°C. After 24 h, the
membranes are quickly taken out of the vessel, wiped rapidly to remove the
solution residue, and weighed again. The degree of swelling ܵ is determined as
[125, 129]:
(15)

5.1.3

Swelling of PERVAP™ membranes in methanol-water mixtures

The result of the swelling measurements of Sulzer PERVAP™ 4060 and 2211
PDMS membranes in methanol/water binary mixtures are shown in Fig. 38.
These results are the average of five parallel measurements. The degree of
swelling values of 2211 is higher than that of the 4060 one. As it can be seen,
with increasing methanol concentration, the degree of swelling increases in good
accordance with the literature data [199] until 2-3 m/m% but after this interval
it is practically constant. This is due to the fact that raising the methanol
concentration increases methanol sorption through the membrane, and as a
result, the membrane becomes more swollen.
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Fig. 38 Degree of swelling of PERVAP™ membranes (4060:

5.1.4

, 2211:

)

Effect of feed concentration

The methanol permeate concentration is plotted versus feed weight fraction in
Fig. 39. The equilibrium vapor-liquid is also shown at 1 bar (full line) so that
pervaporation and flash distillation can be compared [110]. It can be seen that in
the cases of PERVAP™ 4060 and 2211 PDMS-type membranes the permeate
concentration is close to the equilibrium vapor concentration (full line). Only at
low methanol content PERVAP™ 4060 shows higher selectivity than equilibrium
vapor concentration.
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Fig. 39 Compositions of permeates of PERVAP™ 4060 ( ) and
PERVAP™ 2211 ( )
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Fig. 40 and 41 show the effect of feed concentration on the pervaporation
performance of the PERVAP™ 4060 and 2211 membranes at different operating
temperatures. The separation factor is greater for methanol PERVAP™ 4060 than
2211 membrane. As expected, the total flux is higher in the case of
PERVAP™ 2211. The tendencies of these main pervaporation indexes are similar,
therefore both membranes will be described together. It can be seen that
increasing the methanol concentration increases the methanol permeation flux
with temperatures (Fig. 40/A). However, increasing the methanol concentration
decreases the separation factor (Fig. 41/A). A maximum separation factor of
7.8 (PERVAP™ 4060) and 2.0 (PERVAP™ 2211), respectively can be observed at a
feed concentration of 0.05 m/m%. At higher methanol composition the
separation capability of the membranes are declining. A possible reason is that
increasing the methanol concentration increases methanol sorption through the
membrane [94, 125], and as a result, the membrane becomes more swollen
owing to its organophilic feature. The swollen membrane because of its
increased free volume facilitates the diffusion of water through the membrane
resulting in decreasing separation factor [199]. The ܲܵ ܫand selectivity follow the
tendency of the separation factor (Fig. 41/B and C).
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Fig. 40 Pervaporation performance as a function of feed concentration at
different operating temperatures for PERVAP™ 4060 and PERVAP™ 2211
membranes: Methanol flux [A], Water flux [B] and Total flux [C]
(4060_50Ԩ:
; 4060_60Ԩ:
; 4060_70Ԩ:
; 2211_50Ԩ:
;
2211_60Ԩ:
; 2211_70Ԩ:
)
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Fig. 41 Pervaporation performance as a function of feed concentration at
different operating temperatures for PERVAP™ 4060 and PERVAP™ 2211
membranes: Separation factor [A], PSI [B] and Selectivity [C]
(4060_50Ԩ:
; 4060_60Ԩ:
; 4060_70Ԩ:
; 2211_50Ԩ:
;
2211_60Ԩ:
; 2211_70Ԩ:
)
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It the case of PERVAP™ 4060 and 2211, the characteristic features are shown in
Table 30. Comparing the data measured with the membrane data found in the
literature (Table 3) it can be concluded that the PERVAP™ 4060 and 2211 show
similar features to those of the other PDMS membranes.

Table 30 The separation efficiency of examined membranes
PERVAP™ 4060

PERVAP™ 2211

ܲெைு ǣPermeate MeOH conc.ሾ݉Τ݉Ψሿ

0.39–56.11

0.10–30.31

ܬ௧௧ ǣ Total flux ሾ݃Τሺ݉ଶ ݄ሻሿ

900–3200

4300–8900

ߙǣ Separation factor ሾെሿ

2.6–7.8

1.2–2.0

ߚǣ Selectivity ሾെሿ

3.0–5.5

1.1–1.5

3.48–14.80

5.20–11.60

ܲܵܫ

ሾ݇݃Τሺ݉ଶ ݄ሻሿ

5.1.5

Effect of feed temperature

Since the free volume of the membrane increases with the temperature
therefore at higher temperatures the diffusion rate of individual permeating
molecules also increases, leading to high permeation fluxes [125, 199, 200].
Fig. 42–Fig. 45 show the effect of the operating temperature on separation
performance at different feed concentrations. As it can be seen, increasing the
temperature increases the permeation fluxes of methanol and water in the case
of both membranes. However, the water flux increases more significantly than
that of the methanol resulting in a separation factor reduction, as described
before. Similar tendency was also found in [199]. The water flux is found to be
higher through PERVAP™ 2211 than through PERVAP™ 4060 that results in a
more modest separation factor of PERVAP™ 2211 than that of PERVAP™ 4060.
The determination of the membrane operation over the temperature is
important since the temperature strongly influences the pervaporation.
Mohammadi et al. [125] have found that methanol sorption through the
membrane is an exothermic process but diffusion is an endothermic one. Since
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increasing the temperature increases the permeation fluxes, it can be concluded
that the sorption process is not more significant than the diffusion process. The
measurements are shown in Fig. 38.

Fig. 42 Pervaporation performance as a function of feed temperature at
different operating methanol concentrations for PERVAP™ 4060 membrane:
Methanol flux [A] and Water flux [B]
(0.05 m/m%:
; 0.1 m/m%:
; 0.5 m/m%:
; 1 m/m%:
; 3 m/m%:
;
5 m/m%:
; 10 m/m%:
; 15 m/m%:
; 20 m/m%
)
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Fig. 43 Pervaporation performance as a function of feed temperature at
different operating methanol concentrations for PERVAP™ 4060 membrane:
Separation factor [A] and Total flux [B]
(0.05 m/m%:
; 0.1 m/m%:
; 0.5 m/m%:
; 1 m/m%:
; 3 m/m%:
;
5 m/m%:
; 10 m/m%:
; 15 m/m%:
; 20 m/m%
)
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Fig. 44 Pervaporation performance as a function of feed temperature at
different operating methanol concentrations for PERVAP™ 2211 membrane:
Methanol flux [A] and Water flux [B]
(0.05 m/m%:
; 0.1 m/m%:
; 0.5 m/m%:
; 1 m/m%:
; 3 m/m%:
;
5 m/m%:
; 10 m/m%:
; 15 m/m%:
; 20 m/m%
)
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Fig. 45 Pervaporation performance as a function of feed temperature at
different operating methanol concentrations for PERVAP™ 2211 membrane:
Separation factor [A] and Total flux [B]
(0.05 m/m%:
; 0.1 m/m%:
; 0.5 m/m%:
; 1 m/m%:
; 3 m/m%:
;
5 m/m%:
; 10 m/m%:
; 15 m/m%:
; 20 m/m%
)
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5.1.6

Removal of methanol from aqueous mixture, long time experiments

The aim of the study is also to investigate if the methanol can be removed from
an aqueous mixture. Such a problem is a typical environmental task. It needs a
long time experiment and continuous analysis of both the permeate and
retentate (Fig. 46 and 47) The duration time of the long time experiments are
15 hours (PERVAP™ 4060) and 11 hours (PERVAP™ 2211). The effect of the
operation time on separation factor, total flux, methanol concentration in
permeate and retentate are studied. The experiment is carried out with a feed
mixture of 3 m/m% methanol and at 70Ԩ operating temperature. It can be seen
that the separation factor increases slowly with the time and meanwhile the
methanol content decreases in the tank of the pervaporator apparatus. This
tendency can also be seen in Fig. 41/A. Permeation flux decreases during the
whole experiment that can be due to the fact that the methanol concentration
in the retentate is decreasing. The separation is more effective with
PERVAP™ 4060 because the methanol content in retentate is decreasing more
intensively than at PERVAP™ 2211.
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Fig. 46 Pervaporation performance as a function of operating time at 3 m/m%
methanol concentration, at 70Ԩ operating temperature for
PERVAP™ 4060 (
) and PERVAP™ 2211 (
) membranes:
Separation factor [A] and Total flux [B]
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Fig. 47 Pervaporation performance as a function of operating time at 3 m/m%
methanol concentration, at 70Ԩ operating temperature for
PERVAP™ 4060 (
) and PERVAP™ 2211 (
) membranes:
Methanol concentration in permeate [A] and
Methanol concentration in retentate [B]
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In spite, that the methanol concentration in retentate is decreasing but it is
declining slowly and a total methanol removal seems to be impossible. Table 31
shows the values of the methanol removal experiments at 11 hours run in the
pervaporator apparatus (Fig. 37). As it can be seen a huge amount of the feed
(13% and 49% of the feed, respectively) is the permeate and the retentate is still
far from the entire methanol removal.

Table 31 Mass ratios of long time experiments after 11 hour

Retentate MeOH conc. [m/m%]
Permeate% of feed
Retentate% of feed

PERVAP™ 4060

PERVAP™ 2211

1.80

2.60

13

49

87

51

The results shown in Table 31 clearly demonstrate that the selectivities of the
organophilic membranes are modest and therefore no complete methanol
removal can be completed without losing huge or total amount of the water to
be demethanolized.
As a conclusion of our long time experiments it can be said that the membranes
investigated are not capable to remove the methanol from an aqueous mixture.
The reason is the modest selectivity. Instead, rectification can be recommended
for such a purpose if needed.

128

5.1.7

Modelling of pervaporation: parameter estimation and verification

Fig. 48 shows the algorithm of the modelling of pervaporation. This flowsheet
describes also the background of model development as usual.

Fig. 48 Algorithm of modelling of pervaporation
Modelling of pervaporation has three main steps, as follows:
1. System identification (see Part 2.3.3.3),
2. Model parameters estimation and
3. Verification.
For the modelling of pervaporation the methodology of Valentinyi et al. is
selected [79, 123] (see Eq. (11)) and applied [58, 79]. Beside the improved PV
model, the original Rautenbach model is also considered and used for the
modelling of the measurements. The two models are compared. The
Rautenbach, Mizsey model [122] is called Model I and the new model of
Valentinyi et al. [79] is called Model II.
The parameters of the model are determined on the basis of experiments
applying parameter estimation technique. The pervaporation model with the
determined parameters is verified with the comparison of measured and
modelled data (see Fig. 48). In this step, the accuracy of calibrated model is
checked with defined objective functionሺܱܨሻ that shows the sum of deviations
of the modelled and measured data.
First the parameters of the two models are estimated based on the measured
ഥ ሻ, permeability
data. These parameters are the transport coefficients ሺܦ
coefficients ሺܳ ሻ, activation energies ሺܧ ) and in the case of Model II for both
compounds the  ܤparameters that show the concentration dependencies of the
transport coefficients. The estimations are completed with the STATISTICA®
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program environment. If the pressure drop in the porous layer is negligible, the
ܳ can be regarded as infinitesimally high, that in this case the value of its
dimensionless group equals to 1 thus only the non-porous active layer has a
resistance to the component transport [21, 123]. Table 32 and 33 summarize the
ഥ , ܧ , and  ܤparameters of the two models.
estimated values for ܦ

Table 32 Estimated parameters for methanol-water mixture with Sulzer
PERVAP™ 4060 membrane
Model I

Model II

PERVAP™ 4060
ഥ [kmol/m2h]
ܦ
ܧ [kJ/kmol]

Water

MeOH

Water

MeOH

7.72 x 10-3

4.04 x 10-2

2.46 x 10-3

4.58 x 10-2

44113

42492

44170

45646

1.19

-5.64

[ ܤ-]

Table 33 Estimated parameters for methanol-water mixture with Sulzer
PERVAP™ 2211 membrane
Model I

Model II

PERVAP™ 2211
ഥ [kmol/m2h]
ܦ
ܧ [kJ/kmol]

Water

MeOH

Water

MeOH

5.72 x 10-2

1.62 x 10-1

1.70 x 10-2

1.92 x 10-1

34979

19905

34697

19018

1.28

-2.75

[ ܤ-]

Comparison of the measured and calculated partial fluxes are presented in
Fig. 49–Fig. 52.
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Fig. 49 Measured partial fluxes ( ) of methanol compared to fluxes calculated
with Model I (
), Model II (
) at T=50Ԩ [A], T=60Ԩ [B], T=70Ԩ [C]
in a function of feed methanol content in molar fraction
with PERVAP™ 4060 organophilic membrane
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Fig. 50 Measured partial fluxes ( ) of water compared to fluxes calculated
with Model I (
), Model II (
) at T=50Ԩ [A], T=60Ԩ [B], T=70Ԩ [C]
in a function of feed methanol content in molar fraction
with PERVAP™ 4060 organophilic membrane
132

Fig. 51 Measured partial fluxes ( ) of methanol compared to fluxes calculated
with Model I (
), Model II (
) at T=50Ԩ [A], T=60Ԩ [B], T=70Ԩ [C]
in a function of feed methanol content in molar fraction
with PERVAP™ 2211 organophilic membrane
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Fig. 52 Measured partial fluxes ( ) of water compared to fluxes calculated
with Model I (
), Model II (
) at T=50Ԩ [A], T=60Ԩ [B], T=70Ԩ [C]
in a function of feed methanol content in molar fraction
with PERVAP™ 2211 organophilic membrane
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A nonlinear estimation process is applied by defining a user specified regression
custom loss function (Eq. (16)). The model verification can be obtained with
objective function ሺܱܨሻ, that is, the minimization of the deviation of the
modelled and the measured values.

(16)
The minimized objective functions are shown in Table 34.
Table 34 Objective functions resulted by the two models
PERVAP™ 4060

PERVAP™ 2211

OF–Water

OF–MeOH

OF–Water

OF–MeOH

Model I

0.173

2.098

0.094

0.892

Model II

0.109

0.871

0.012

0.478

Table 34 shows the same presented in Fig. 49–Fig. 52 that Model II is much more
capable for the description of PV than Model I. Generally, it can be concluded
that the Rautenbach model [58] that considers the transport coefficient to be
constant is valid only in a small concentration range at the low methanol content
of feed. The model (Valentinyi et al. [79]) that calculates with the concentration
dependency of the transport coefficient gives much better and reliable fit for the
pervaporation measurements in a wide concentration range of the feed flow,
particularly in the case of PERVAP™ 2211.
Many authors have suggested an exponential relationship between diffusion
coefficient and feed concentration [201]. Transport coefficient is said to be less
affected by feed concentration changes than Fick’s diffusion coefficient and for
some non-ideal mixtures (chloroform–diethyl ether) its dependence on mole
fraction has been found to be linear [79, 202]. With other words, Rautenbach’s
assumption about the practically constant transport coefficient is not applicable
and the concentration dependencies of the transport coefficients must be
considered (Model II) [79].
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5.1.8

Conclusions

The investigated organophilic membranes show slightly different parameters but
they are in agreement with the parameters of other membranes published in the
literature, however, they cannot exceed the performance of the flash distillation.
The total permeation flux through PERVAP̻ 4060 membrane is found to vary
from 0.9 to 3.2 kg/m2h and through PERVAP̻ 2211 membrane from 4.3 to
8.9 kg/m2h over a concentration range of 0.05–20 m/m% at 50–70Ԩ. Using
PERVAP̻ 4060, the highest ܲܵ( ܫ14.8 kg/m2h) and a separation factor of 7.8 are
measured. This separation factor is the second highest in the literature. In the
case of PERVAP̻ 2211, the highest separation factor is found to be 2.0. The
numbers show that flux and selectivity are in inverse relationship in the case of
these two membranes, as expected by the theory.
The long-time experiments suggests that the pervaporation is not able to remove
the methanol from an aqueous mixture and other separation method should be
used for the removal of the entire methanol from such mixtures. It is worth to
note that the flash distillation would not also been able to remove the methanol
form an aqueous mixture but rectification should be rather considered for this
task. With other words, such a task gives also a challenge for the membrane
developers to produce more selective membranes increasing their performance
also for this kind of separation.
The results of parameter estimation and modelling of the pervaporation show
that the new model that considers the concentration dependency of the
transport coefficient (Model II [79]) is also capable for the modelling of
organophilic pervaporation and results in a better fit to the experimental data.
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5.2

5.2.1

Isobutanol dehydration with organophilic and hydrophilic
pervaporations

Problem statement

This separation problem demonstrates a complex separation problem of
heterogeneous-azeotropic mixtures. Such mixtures are typical in the industry,
pharmaceutical industry.
The aim is to study the separation of isobutanol-water mixture with
pervaporation with rigorous modelling in professional flowsheeting environment
and to obtain conclusion if the separation can be completed and under what
circumstances.
The organophilic-hydrophilic pervaporation process is modelled and optimized
for the separation of isobutanol-water mixture. IBU forms heteroazeotrope with
water [28, 186, 203], therefore this mixture cannot be separated with
conventional distillation. Valentinyi and Mizsey [123] have reported a hybrid
distillation/hydrophilic pervaporation separation technology for water removal
isobutanol.
At first, IBU is separated from water. With the application of organophilic
pervaporation (OPV), the IBU is gained in such a concentrated form that lands in
the limited solubility region. Then the organic reach phase of the isobutanolwater mixture is purified further with hydrophilic pervaporation (HPV). The aim
of the second membrane module is to produce isobutanol with a purity of min.
99.0 m/m%.
Fig. 53 shows the algorithm of the modelling and simulation of isobutanol-water
pervaporation. The problem is defined, that is, 7 m/m% isobutanol-water
mixture with a feed flow of 1000 kg/h should be separated. This composition
(7 m/m%) is the water rich phase of the heterogeneous azeotrope of the
isobutanol-water mixture [28, 186, 187]. The product purity of 99.9 m/m%
should be achieved both for water and isobutanol. The background of model
development is already described in Part 5.1.7 (see Fig. 48).
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If the model is verified, that is, the model parameters are accurate, it can be
applied for rigorous modelling in the professional flowsheeting environment
(ChemCAD [145]). The validation of the pervaporation model takes also place in
flowsheeting environment. At first, the simulator program must be run with
experimental data and if the results are suitable, the optimization process can be
carried out. In this case the membrane transfer area ሺܣሻ, heat duty ሺܳሻ are
determined and changed for the sake of the minimum Total Annual Cost (TAC).

Fig. 53 Algorithm of modelling and simulation of pervaporation

5.2.2

Experiments

The composite PDMS (Sulzer PERVAP™ 4060) membrane is used in organophilic
experiments. The hydrophilic pervaporation is carried out with Sulzer PERVAP™
1510 composite PVA membrane. The experimental set up is also P-28 membrane
unit from CM-Celfa Membrantechnik AG (see Fig. 37).
The pervaporation experiments are carried out at different temperatures and
feed concentrations to investigate the temperature and concentration
dependences of the hydrophilic and organophilic pervaporation processes.
Table 35 contains the operating conditions and separation efficiency of
pervaporation experiments.

138

Table 35 Operating conditions and separation efficiency of pervaporation
experiments
Organophilic-PV

Hydrophilic-PV

0.5–7.0

85.0–99.0

3

3

 ǣPermeate pressure ሾܾܽݎሿ

0.008

0.008

ܶǣApplied temperatures ሾԨሿ

50–70

70–90

ܲூ ǣPermeate IBU conc.ሾ݉Τ݉Ψሿ

11.5–71.3

0.2–2.2

ܬ௧௧ : Total flux ሾ݇݃Τሺ݉ଶ ݄ሻሿ

0.9–10.7

0.5–5.0

ܬூ ǣ IBU flux ሾ݇݃ Τሺ݉ଶ ݄ሻሿ

0.1–7.5

0.005–0.05

ߙ: Separation factor ሾെሿ

27–33

980–6010

26–318

1530–17280

340–2990

0.01–0.1

40–450

770–9570

ܨூ ǣFeed IBU conc. ሾ݉Τ݉Ψሿ
ி ǣFeed pressure ሾܾܽݎሿ

ܲܵ ܫሾ݇݃Τሺ݉ଶ ݄ሻሿ
ܲூ Τߜ ǣ IBU permeance

ሾ݇݃Τሺ݉ଶ

݄ܾܽݎሻሿ

ߚǣ Selectivity ሾെሿ

According to the measurements PERVAP̻ 4060 has the highest ܲܵ ܫvalue among
the measured data found in the literature. Its and the other membranes’
parameters are between the first three in the case of organophilic and
hydrophilic pervaporation, too (see Table 5 and 6). Fig. 54 shows the effect of
feed concentration on the pervaporation performance of the PERVAP™ 4060
(organophilic) and PERVAP™ 1510 (hydrophilic) membranes at different
operating temperatures.
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Fig. 54 Comparison of flux of Organophilic-PV and Hydrophilic-PV
It can be seen that in the case of organophilic pervaporation increasing the IBU
concentration increases the total- and isobutanol permeation fluxes. In the case
of hydrophilic pervaporation, increasing IBU concentration decreases the flux
and it is lower in the case of PERVAP™ 4060 than those of the PERVAP™ 1510.
Fig. 54 shows also that the separation factor is greater for water through
PERVAP™ 1510 than for isobutanol through PERVAP™ 4060 membrane. The
reason is that the partial fluxes are closer to the total flux in the case of
Hydrophilic-PV. A similar trend has been already reported by Liu et al. [159],
Jonquieres and Fane [157], Böddeker et al. [155], Böddeker et al. [204]
(Organophilic-PV) and Kujawski and Krajewski [160], Huang et al. [61], Guo et
al. [63], Valentinyi et al. [79] (Hydrophilic-PV). Therefore it can be concluded that
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the PERVAP™ 4060 and 1510 membranes show similar features to those of the
other pervaporation membranes.
The isobutanol permeate concentrations for both the organophilic and the
hydrophilic pervaporation are plotted against the feed weight fraction in Fig. 55
( ݕെ ݔdiagram) The equilibrium vapor-liquid curve is also shown at 1 bar
(full line) so that pervaporation and flash distillation could be compared. It can
be seen that in the cases of both membranes the permeate concentration is
higher than the equilibrium vapor concentration.

Fig. 55 Compositions of our measured permeates of Organophilic-PV and
Hydrophilic-PV
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5.2.3

Modelling of pervaporation

According to the methodology of Valentinyi et al. [79] is selected for modelling
of pervaporation both for organophilic and hydrophilic ones (see Part 5.1.7).
ഥ , ܧ , and  ܤparameters of
Table 36 and 37 summarize the estimated values for ܦ
the two models.

Table 36 Estimated parameters for isobutanol-water mixture, Model I
Model I
ഥ [kmol/m2h]
ܦ
ܧ [kJ/kmol]

Organophilic-PV
Water
1.03 x

10-2

Hydrophilic-PV

IBU
1.40 x

43831

101

-17383

Water
1.19 x

10-3

58246

IBU
6.47 x 10-7
68432

Table 37 Estimated parameters for isobutanol-water mixture, Model II
Model II

Organophilic-PV

Hydrophilic-PV

Water

IBU

Water

IBU

5.05 x 109

1.49 x 101

5.35 x 10-4

2.63 x 10-3

ܧ [kJ/kmol]

42359

-18279

58247

52252

[ ܤ-]

-27.02

-1.83

8.12

-8.06

ഥ [kmol/m2h]
ܦ

Comparison of the measured and calculated partial fluxes are presented in
Fig. 56–Fig. 59.
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Fig. 56 Measured partial fluxes ( ) of isobutanol compared to fluxes calculated
with Model I (
) and Model II (
) at T=50Ԩ [A], T=60Ԩ [B],
T=70Ԩ [C] in a function of feed isobutanol content in molar fraction
with PERVAP™ 4060 organophilic membrane
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Fig. 57 Measured partial fluxes ( ) of water compared to fluxes calculated
with Model I (
) and Model II (
) at T=50Ԩ [A], T=60Ԩ [B],
T=70Ԩ [C] in a function of feed isobutanol content in molar fraction
with PERVAP™ 4060 organophilic membrane
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Fig. 58 Measured partial fluxes ( ) of isobutanol compared to fluxes calculated
with Model I (
) and Model II (
) at T=70Ԩ [A], T=80Ԩ [B],
T=90Ԩ [C] in a function of feed isobutanol content in molar fraction
with PERVAP™ 1510 hydrophilic membrane
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Fig. 59 Measured partial fluxes ( ) of water compared to fluxes calculated
with Model I (
) and Model II (
) at T=70Ԩ [A], T=80Ԩ [B],
T=90Ԩ [C] in a function of feed isobutanol content in molar fraction
with PERVAP™ 1510 hydrophilic membrane
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The minimized ܱ( ݏܨEq. (16)) are shown in Table 38.

Table 38 Objective functions resulted by the two models
Organophilic-PV

Hydrophilic-PV

OF–Water

OF–IBU

OF–IBU

OF–IBU

Model I

0.478

2.140

6.686

6.354

Model II

0.027

2.138

0.825

0.708

It can be seen that Model II results in better fit (lower objective function values,
see Table 38) than Rautenbach’s basic model (Model I) in this case too.

5.2.4

5.2.4.1

Simulation of the hybrid organophilic-hydrophilic pervaporation

Model validation in ChemCAD environment

Rigorous modelling and optimization are needed for process synthesis/design
[123] and many authors have published numerous simulation alternatives of the
component transport so far [205-207]. The improved model (Model II) is capable
for accurate rigorous modelling of any pervaporation. This model can be applied
in the frame of a professional flowsheeting software package (ChemCAD) as a
user added subroutine written both for the application of Model I and Model II
[123].
The validation of pervaporation model (Model II) can be tested also in ChemCAD
software environment. This step is carried out with the input of model
parameters (see Table 36 and 37), previously fitted to experimental data.
Table 39 shows the comparison of the total fluxes in experiment and model
obtained for the pervaporator ሺ ܣൌ ͲǤͲͲʹͺ݉ଶ Ǣி ൌ ͵ܾܽݎǢ ൌ ͲǤͲͲͺܾܽݎሻ
by ChemCAD. It can be seen that the values have good agreement.

147

Table 39 Model validation with total fluxes
ܨூ

OPV at ͲԨ

HPV at ͻͲԨ

ܬ௧௧

Deviation

Experiment

Model

ሾ݉Τ݉Ψሿ

ሾ݇݃Τሺ݉ଶ ݄ሻሿ

ሾ݇݃Τሺ݉ଶ ݄ሻሿ

ሾΨሿ

0.5

2.56

2.54

-1.0

1.0

2.91

2.93

0.7

3.0

4.90

4.92

0.3

5.0

7.15

7.13

-0.2

7.0

10.73

10.78

0.5

99.0

0.30

0.29

-0.7

97.0

0.75

0.75

0.9

93.0

2.04

2.06

1.0

91.0

2.99

2.98

-0.5

85.0

4.97

4.99

0.4

The ChemCAD model has options for the modelling of isothermal and adiabatic
separation. If the isothermal pervaporation, ideal case, is selected it results in
the minimum membrane area. If adiabatic pervaporation, real case, is selected
that gives a higher membrane area, the area of the individual units in the
pervaporator should be also determined and the reheating between them
should be also designed [208].
Test calculation is made with changing membrane section area according to the
methodology of Koczka et al. [208]. The feed stream is 90Ԩ, 7 m/m% isobutanol
into organophilic unit. The hydrophilic stream is top phase of isobutanol
concentration of the phase separator, 84.4 m/m% with 70Ԩ temperature. The
stream is 1000 kg/h and the membrane area is 5 m2 in both cases. Fig. 60 shows
the isobutanol concentration changes with growing number of membrane
sections related to 1 m2 membrane area. In both case the 10 hypothetical
membrane section per m2 gives acceptably good result.
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Fig. 60 Isobutanol concentration changes with number of membrane section
After the successful model validation and section number scanning, we can be
sure that the modelling results are accurate and the hybrid separation system
can be rigorously modelled with ChemCAD, and optimized with dynamic
programming optimization method [209].
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5.2.4.2

Hybrid separation technology

The hybrid separation technology based on the combination of organophilic and
hydrophilic pervaporations is applied for the separation of the isobutanol-water
mixture. The feed is the water rich phase of the heterogeneous azeotrope of the
isobutanol-water mixture (7 m/m% isobutanol). The technology consists of four
main steps as follows:
1. Organophilic separation: this step is to be designed that the permeate of
the feed is enriched in the organic compound so that it enters the region
where the hydrophilic pervaporation can be applied with success. In this
case, the permeate of the organophilic pervaporation should enter the
limited solubility region (8.6–84.5 m/m% permeate isobutanol
concentration [28, 186, 203]) The other design parameter is that in the
retentate (water) there must be practically no organic liquid since this
flow will be discharged. These are tasks of the design but the objective
function (TAC) will answer this design problem as well.
2. Liquid-liquid phase separator: the permeate of the organophilic
pervaporation can be separated into two phases that are the organic rich
and water rich ones, if there is limited solubility. The aqueous phase is
recycled to the feed of the first step. (If there were no limited solubility,
this step can be omitted.)
3. Hydrophilic pervaporation: the organic rich phase is fed into the
hydrophilic pervaporation. The retentate of the hydrophilic unit is called
the ‘Alcohol (organic) product’, the concentrated isobutanol.
4. The retentate of the organophilic pervaporation and the permeate of the
hydrophilic one are mixed with each other. This stream is the ‘Water
product’ and this will be discharged.

Fig. 61 shows the flowsheet of the hybrid organophilic-hydrophilic system.
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Fig. 61 Simulated hybrid organophilic-hydrophilic pervaporation system for isobutanol purification from water

Additional apparatuses are also needed for both pervaporation processes
(see Fig. 61). The temperature and the pressure must be increased for the
operational level prior to the first membrane unit, because the feed has
atmospheric conditions, 20Ԩ and 1 bar. Heat exchanger adjusts the temperate
and pump increases the pressure prior to the first organophilic and hydrophilic
unit, too. Retentate stream is reheated after each membrane unit by further heat
exchangers [210], except for the last module. The applied membrane area per
unit should be limited to a size that ensures an acceptable temperature drop.
The pervaporation stops, if the temperature decreases below 50Ԩ [123].
Permeate streams leaving the pervaporation units are collected, mixed,
condensed with cooler and its pressure is increased again from vacuum with
pump. The phase separation operates also as heat exchanger because the
temperature of permeate must be 20Ԩ again in the phase separator. Post
coolers and valves decreases the temperature and pressure of the Water and
Alcohol products to ambient, atmospheric values. Table 40 summarizes the main
operating parameters of the system.

Table 40 Operating parameter of hybrid process
Organophilic-PV
ܨூ ǣFeed IBU conc. ሾ݉Τ݉Ψሿ

Phase separator

7.00

Hydrophilic-PV
84.40

ܶǣApplied temperature ሾԨሿ

70

20

90

ி ǣFeed pressure ሾܾܽݎሿ

3

1

3

 ǣPermeate pressure ሾܾܽݎሿ

0.008

0.008

At the determination of the process parameters it should be considered that the
pervaporation needs deep temperature permeate traps where the materials are
often solids. This must not happen since the material flows must be liquid so that
they can be pumped at any part of the hybrid separation system. As a
consequence special attention is to be paid to the temperatures and pressures
in both the organophilic and hydrophilic pervaporators.
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5.2.5

Simulation results

Results of the simulations with the organophilic-hydrophilic pervaporation
system are listed in Table 41. Four different product limits are calculated as
follows, 99.0, 99.5, 99.8 and 99.9 m/m%, thus 16 different cases are rigorously
modelled and optimized. The part of the design is to determine the membrane
areas necessary to fulfil the product requirements. In Fig. 62, it can be seen that
the more severe the product purity descriptions there are, the higher membrane
areas are needed. Fig. 62 also shows the fact that approaching to 100 % and/or
0 % in a separation technology the efforts and expenses, e.g. membrane area,
are increasing non-linearly, usually exponentially.
Table 41 contains the calculated stream flow rates of the products and the
theoretical isobutanol loss of the different hybrid processes. The highest
isobutanol waste is obtained in the case of 99.0 m/m% water concentration of
Water product, but this needs the smallest membrane areas. This phenomena is
the well-known capital and operational/material cost dilemma that forces to
determine a trade-off on the basis of optimization.
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6

6

6

6

10

10

10

10

21

21

21

21

30

30

31

31

2

3

4

5

6

7

8

9

10

11

12

13

14

15

16

Org.-PV

1

Number/Case

43

31

20

13

42

30

19

12

41

29

19

12

40

28

17

11

Hydr.-PV

Membrane area [m2]

74

61

50

43

63

51

40

33

50

39

28

22

46

34

23

17

Total

99.9

99.8

99.5

99.0

99.9

99.8

99.5

99.0

99.9

99.8

99.5

99.0

99.9

99.8

99.5

99.0

IBU [m/m%]

69.1

69.2

69.4

69.7

68.2

68.3

68.5

68.8

65.3

65.4

65.6

65.9

62.4

62.5

62.7

63.0

Stream
[kg/h]

Alcohol product

Table 41 Simulation results of hybrid process

99.9

99.9

99.9

99.9

99.8

99.8

99.8

99.8

99.5

99.5

99.5

99.5

99.0

99.0

99.0

99.0

Water
[m/m%]

930.9

930.8

930.6

930.3

931.8

931.7

931.5

931.2

934.7

934.6

934.4

934.1

937.6

937.5

937.3

937.0

Stream
[kg/h]

Water product

1.4

2.7

6.7

10.9

IBU waste
[%]

Fig. 62 Membrane area results of hybrid process
The boundary between organophilic and hydrophilic separation could be also
found in Table 41. The first step of the hybrid separation technology is the OPV.
The membrane area requirement is not a free variable of the objective function
since it is strongly determined by the compulsory task of the OPV that the
isobutanol must be removed from the feed flow. The retentate is the part of the
water flow leaving the system and its IBU content is also prescribed by the
separation problem. So the process synthesis problem is pretty determined and
that reduces the solution space.
The retentate of the OPV goes into the water output flow and the permeate goes
into the phase separator since it is usually in the immiscibility region of the
isobutanol-water mixture. After the phase separator the organic rich phase
enters the HPV and the retentate is the final IBU product. The permeate is mixed
with the retentate of the OPV and they form the water product.
Fig. 63 shows the isobutanol flow and the IBU concentration in the total flow at
different points of the hybrid system.
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Fig. 63 The change in the isobutanol concentration and stream during the
hybrid process (7 m/m% feed concentration, feed flow is 1000 kg/h,
99.9 m/m% product purity)
The process design and the evaluation of the design alternatives need the
evaluation of the energy demands at the different separation steps. Table 42
shows the calculated heat duties for case ‘16’ in Table 41. It can be seen that the
organophilic permeate cooler has the highest energy requirement and the feed
preheating of OPV is almost significant. In this case study the heat load of the
phase separator can be neglected compared to the other units.
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Table 42 Calculated heat duties of hybrid process
Calculated heat duties

Organophilic-PV

QHeating [MJ/h]

Feed preheating

219

Retentate heating

196

Permeate cooler

-285

Post cooler

-153

Phase separator

Hydrophilic-PV

25
Feed preheating

17

Retentate heating

28

Permeate cooler

-33

Post cooler

-14

Total

5.2.6

QCooling [MJ/h]

485

-485

Cost estimation

The conceptual design of an industrial process takes a small part of the project
costs but offers a huge cost reduction opportunity for the whole project
[123, 211]. Therefore the organophilic-hydrophilic hybrid system for the
separation of the isobutanol-water mixture should be investigated also from an
economic point of view.
The design parameters of the hybrid process is determined so that the total
annual cost should be minimal [208]. These costs are calculated according to the
cost correlations of Douglas [173] with current M&S Index, while pump costs are
determined by industrial data. Membrane area-price function is determined on
industrial data and used for the calculation of the capital costs of membrane
modules [21]. Investment costs of the pervaporation depend on many
parameters, e.g.: effective membrane area, the flow rate of the streams and
purity of the products. Heat exchangers and the low temperature cooling
apparatus for the permeates are also calculated. 8000 annual continuous
working hours are selected for the calculation of the operating cost. In this work,
2.5 years are taken as membrane depreciation time, because membranes should
be usually replaced in approximately every 2-5 years [21]. 10-year amortization
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of capital cost is assumed for the total cost estimation (see Eq. (14.)) The cost
items of the heat exchangers can be seen in Table 42.
Fig. 64 shows the total annual costs for the 16 optimized cases of the hybrid
process. It has similar trend with the figure of minimum membrane area (Fig. 62),
that is, if we approach to the higher concentration range, 99.8 and 99.9 m/m%,
the costs are nonlinearly increasing.

Fig. 64 Total annual cost (TAC) of hybrid process
When the cost behavior of the hybrid technology is evaluated it is similar to the
feature of other separation technologies, that is, when the separation is getting
sharper the cost is increasing. When getting closer to the 100 % purity, the TAC
is increasing non-linearly, exponentially.
Table 43 presents the cost elements considered during the calculation of
operating and investment costs by purest product case (‘16’ in Table 41). The
costs of feed preheating, retentate heating and post (product) cooler are
summarized and nominated Heat exchangers in Table 43. It can be seen that the
investment cost of the membrane modules is the most significant part of TAC by
far and heat-energy is the biggest part of the operational costs.
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Table 43 Cost elements of hybrid process
10 years amortization

Investment cost

Operating cost

TAC

1000 $/year

%

1000 $/year

%

1000 $/year

8

3.9

108

43.6

116

Membrane modules

184

87.5

37

14.9

221

Permeate cooling

15

7.2

95

38.3

110

Phase separator

2

1.2

8

3.1

10

0.5

0.2

0.5

0.2

1

Heat exchangers

Pumps
Total

209.5

247.5

159

457

5.2.7

Conclusions

The experiments, the other research works and simulation suggests that the
pervaporation is able to remove isobutanol from an aqueous mixture. The
separation capability of hydrophilic pervaporation is much better than that of
the organophilic membranes.
The results of parameter estimation of the pervaporation show that the new
model which considers the concentration dependency of the transport
coefficient (Model II [79]) is also capable for the modelling of organophilic and
hydrophilic pervaporation and results in a better fit to the experimental data.
The investigation of hybrid organophilic-hydrophilic process is carried out and
the lowest total annual cost is determined with dynamic programming
optimization method. The results show that the capital cost of the pervaporation
unit is the highest part of the total annual cost.
Both pervaporations are modelled with verified and adequate model in
professional flowsheeting environment that enables verified rigorous modelling,
optimization with the dynamic modelling method and cost estimation. The
simultaneous investigation and modelling of both organophilic and hydrophilic
pervaporation shows that
-

-

-

the limiting capital cost is determined by the organophilic and
hydrophilic pervaporators’ membrane areas,
the membrane area of the organophilic pervaporation is determined by
the fact that the retentate (water) should contain practically no organic
material since it is discharged,
the membrane area of the hydrophilic pervaporation is determined by
the fact that the retentate should fulfil the purity prescriptions for the
organic material,
the hydrophilic membranes have much better selectivity features that
calls the attention to the necessity of the organophilic membrane
developments.

The results obtained in this work are unambiguous, the modelling proves that
the combination of the organophilic and hydrophilic pervaporation results in a
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powerful hybrid separation technology that can be competitive with distillation
and opens new horizons for the application and improvement of the
pervaporation.
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6

Major new results

Thesis 1 [I, II, III]
I determined that the dichloromethane can be removed much simply for
recycling purposes from pharmaceutical process wastewater with rectification,
contrary to the air stripping treatment. I designed industrial rectification column
for this process, where the feed is 400 L/h and AOX of the treated process
wastewater is less than 8 ppm.

Thesis 2 [VI]
I determined that the extractive heterogeneous-azeotropic distillation is
applicable for separation of organic liquid mixtures an order of magnitude more
cost-effective than other classical distillation based separation method. The total
cost of the EHAD is only 6% of the two column distillation system.

Thesis 3 [IV]
I proved with measurements that methanol could be removed in a five times
more concentrated form from methanol-water mixture with organophilic
pervaporation. I determined also that the current organophilic pervaporation
membranes are not capable to remove the methanol from aqueous mixture
below 1.7 m/m% methanol concentration.

Thesis 4 [IV, V]
I determined the parameters of the improved Rautenbach model for the
organophilic pervaporation of methanol-water and isobutanol-water mixtures. I
also verified the applicability of the parameters of isobutanol-water mixtures in
professional flowsheeting environment (ChemCAD), and the data obtained are
in good agreement with measured data.
163

Thesis 5 [V]
At first in the literature, I rigorously modelled and optimized the hybrid
organophilic and hydrophilic pervaporation system for isobutanol removal from
water in professional flowsheeting environment (ChemCAD). As a result I
obtained that the system is capable for the separation of isobutanol and water
of 99.9 m/m% purity for both.
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Appendix A

Cost equations

Investment cost of distillation column
Investment cost of external side of column and phase separator
ݐݏܥሺ̈́ሻ ൌ

ܯƬܵ
ή ͳͲͳǤͻ ή ܦଵǤ ή  ܪǤ଼ଶ ή ܨ
ʹͺͲ

ܯƬܵ

Marshall-Swift index

ܦ

column diameter

ሾ݂ݐሿ

ܪ

column height

ሾ݂ݐሿ

Correction factors for column external
ܨ ൌ ܨ ή ܨ
ܨ

pressure correction: up to 50 psi, 1.00

ܨ

shell material: SS, 2.25

Investment cost of distillation trays
ݐݏܥሺ̈́ሻ ൌ

ܯƬܵ
ή ͶǤ ή ܦଵǤହହ ή  ܪή ܨ
ʹͺͲ

ܯƬܵ

Marshall-Swift index

ܦ

column diameter

ሾ݂ݐሿ

ܪ

column height

ሾ݂ݐሿ

Correction factors for column trays
ܨ ൌ ܨ௦  ܨ௧  ܨ
ܨ௦

tray spacing: 18, 1.4

ܨ௧

tray type: Valve SS304, 0.4

ܨ

tray material: SS, 1.7
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Investment cost of heat exchangers
ݐݏܥሺ̈́ሻ ൌ

ܯƬܵ
ή ͳͲͳǤ͵ ή ܣǤହ ή ܨ
ʹͺͲ

ܯƬܵ

Marshall-Swift index

ܣ

heat exchanger surface area

ሾ݂ݐሿ

Correction factors for heat exchangers
ܨ ൌ ൫ܨௗ  ܨ ൯ ή ܨ
ܨௗ

design type: Kettler/Rebolier, 1.35

ܨ

pressure correction: up to 150 psi, 0.00

ܨ

design material: SS, 3.75

Investment cost of permeate cooling
ݐݏܥሺ̈́ሻ ൌ

ܯƬܵ
ή ͷͳǤͷ ή ܾ݄Ǥ଼ଶ ή ܨ
ʹͺͲ

ܯƬܵ

Marshall-Swift index

ܾ݄

efficiency, in brake horsepower

Correction factor for deep-freezer apparatus
ܨ

design type: Centrifugal, motor, 1.00

 ܱܲܥൌ ʹ

Investment cost of pervaporator
ݐݏܿݐ݊݁݉ݐݏ݁ݒ݊݅݁݊ܽݎܾ݉݁ܯሺ̈́ሻ ൌ ͷͳͳͻͳ ή ܣǤହଶ
ݐݏܿݐ݈݊݁݉݁ܿܽ݁ݎ݁݊ܽݎܾ݉݁ܯሺ̈́ሻ ൌ ͷͲͲ ή ܣ
ܣ

ሾ݉ଶ ሿ

membrane transfer area
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Appendix D

List of terms and symbols

ܣ

Effective membrane transfer area

ሾ݉ଶ ሿ

ܤ

Constant in Model II

ሾെሿ

ܦ

Distillation, Distillate, Overhead product

ഥ
ܦ

Transport coefficient of component ݅

ሾ݈݇݉Τሺ݉ଶ ݄ሻሿ

ഥכ
ܦ

Relative transport coefficient of component ݅

ሾ݈݇݉Τሺ݉ଶ ݄ሻሿ

ܧ

Activation energy of component ݅ in Eq. (9)
for temperature dependence of
ሾ݇ܬΤ݉ ݈ሿ

the transport coefficient
ܨ

Feed

݂

Fugacity of pure ݅ component

ሾܾ݉ܽݎǡ ݇ܲܽሿ

݂ଵ

Fugacity of component ݅ in the feed

ሾܾ݉ܽݎǡ ݇ܲܽሿ

݂ଷ

Fugacity of component ݅ in the permeate

ሾܾ݉ܽݎǡ ݇ܲܽሿ

݅

Component number

݆

Component number

ܬ௧௧

Total flux

ሾ݇݃Τሺ݉ଶ ݄ሻሿ

ܬ

Partial flux

ሾ݇݃Τሺ݉ଶ ݄ሻሿ

݇

Specific penalty factor in PWW fine calculation

ሾݐܨΤ݇݃ሿ

ܮ

Liquid

݉ௗ

Denotes weight of the same membrane
ሾ݇݃ሿ

before immersion
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݉௦

Donates weight of swollen membrane

ሾ݇݃ሿ

ܰ

Number of trays

ሾെሿ



Pure ݅ component vapor pressure

ሾܾܽݎሿ

ଵ

Partial pressure of component ݅ on the
ሾܾܽݎሿ

liquid phase membrane side
ଷ

Partial pressure of component ݅ on the
vapor phase membrane side

ሾܾܽݎሿ

ଷ

Pressure on the permeate side

ሾܾܽݎሿ

ܲ

Permeate

ܲ Τߜ

Permeance of component ݅

ܳ

Head duty, Reboiler (Reb.) or Condenser (Cond.) duty ሾܬܯΤ݄ሿ

ܳ

Permeability of the porous support

ሾ݇݃Τሺ݉ଶ ݄ܾܽݎሻሿ

ሾ݈݇݉Τሺ݉ଶ ݄ܾܽݎሻሿ

layer of the membrane
ܴ

Retentate (Pervaporation)

Ʀ

Gas constant

ሾ݇ܬΤሺ݇݉ܭ݈ሻሿ

ܵ

Degree of swelling

ሾΨሿ

ݐ

Time

ሾ݄ሿ

ܶ

Temperature

ሾԨሿ

ܶכ

Reference temperature: 293 ܭ

ܸ

Vapor

ܹ

Bottom product (Distillation)

ݔ

Liquid weight fraction (Distillation) in Fig. 9
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ሾെሿ

ݔி

Feed weight fraction in  ݕെ  ݔvapor-liquid
equilibrium (VLE) diagrams (Fig. 11, Fig. 12,
Fig. 13, Fig. 39, Fig. 55)

ሾെሿ

ݔଵ

Concentration of component ݅ in the feed

ሾ݉Τ݉Ψሿ

ݔோ

Retentate weight fraction, in Fig. 10

ሾെሿ

ݕ

Permeate weight fraction in  ݕെ  ݔvapor-liquid
equilibrium (VLE) diagrams (Fig. 11, Fig. 12,
Fig. 13, Fig. 39, Fig. 55),
Vapor weight fraction (Distillation), in Fig. 9

Units
݉Τ݉Ψ

Weight percent

݉

Part per million

 ݐΤݕ

Ton/year

1000$/y

Thousand dollar/year
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ሾെሿ

Abbreviations
ሾ݉ሿ

AOX

Adsorbable Organically Bound Halogens

BAT

Best Available Techniques

Boil. T.

Boiling point

BREF

Best Available Techniques Reference Document

C1, C2

Distillation columns 1, 2

CF

Centrifugal separation

COD

Chemical Oxygen Demand

COP

Coefficient of Performance

EHAD

Extractive Heterogeneous-azeotropic Distillation

EtAc

Ethyl acetate

EtOH

Ethanol

GC

Gas chromatography

HPV

Hydrophilic pervaporation

hydr

hydrophilic

IBU

Isobutanol

IPPC

Integrated Pollution Prevention and Control

KATOX

Catalytic oxidation

KF-t

Karl Fischer titration

LLVF

Liquid-Liquid-Vapor-Flash

LTA

Linde Type A

MEK

Methyl Ethyl Ketone

ሾԨሿ
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ሾܱ݉݃ଶ Τܮሿ

MeOH

Methanol

M&S

Marshall & Swift Index

NF

Nanofiltration

ܱܨ

Objective function

OPV

Organophilic pervaporation

org

organophilic

PAE

Polyamide-imide

PAN

Polyacrylonitrile

PDMS

Polydimethylsiloxane

PEBA

Polyether-Block-Amide

PEI

Polyetherimide

ܲܵܫ

Pervaporation Separation Index

PUR

Polyurethane

PVA

Polyvinyl alcohol

PV

Pervaporation

PWW

Process wastewater

RO

Reverse Osmosis

SS

Stainless Steel

SUC

Sewer Usage Charge

TAC

Total Annual Cost

TCDS

Two Column Distillation System

TFN

Thin Film Nanocomposite

ሾ݇݃Τሺ݉ଶ ݄ሻሿ

[$/y]
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UF

Ultrafiltration

VAT

Value-Added Tax

VLE

Vapor-Liquid Equilibrium

VLLE

Vapor-Liquid-Liquid Equilibria

VOC

Volatile Organic Compounds

ሾ݉ሿ

WWF

Wastewater Fee

[1000$/y]

Greek letters
ߙ

Separation factor

ሾെሿ

ߚ

Selectivity

ሾെሿ

ߛҧ

Average activity coefficient of component ݅

ሾെሿ

ߛଵ

Activity coefficient of component ݅ in the feed

ሾെሿ

ߛଷ

Activity coefficient of component ݅ in the permeate

ሾെሿ

ο

Difference

ߜ

Membrane thickness

ሾߤ݉ሿ
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