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Abstract
Fluidized beds technology is one of the most evolving renewable fuel conversion technologies due to its excellent mixing and heat transfer characteristics. Modeling of fluidized
beds became an essential part of the research and the development of process simulation, optimization, and control. In the present study, challenging problems of modeling
of fluidized beds of energy industrial relevance were analyzed and investigated. The
challenging problems are classified under four main areas: fluidization, segregation, heat
transfer, and macroscopic modeling. The present investigations were carried out using
different numerical methods such as computational fluid dynamics (CFD) and initialboundary value problem. Moreover, experimental measurements were performed on a
laboratory-scale fluidized bed for modeling of characteristics that are difficult to investigate numerically. In fluidization, the CFD model was verified using experimental data
from the literature of different fluidized bed systems. The effect of drag models selection
was analyzed by data from the literature and assessed by the present simulations of semipilot scale systems. Validation was extended to assess a proposed system-independent
heterogeneous index function of the EMMS gas-solid drag model for transient-systems.
Moreover, the fluidization study was extended to examine other parameters of lack of
literature, such as the solid-solid drag and solid viscosity. In segregation, numerical and
experimental investigations were conducted on binary-mixture systems of energy industrial relevance. The study examined real features of shallow literature, such as the effect
of large non-spherical fuel particles (SRF and biomass) on the hydrodynamic field of the
fixed and bubbling fluidized beds. In heat transfer, a validated thermal model was used
in studying the influence of some design parameters and operating conditions. Finally,
in macroscopic modeling, a macroscopic 1D model was developed and validated to
simulate the segregation profile in the binary-mixture fluidized beds.

Keywords: Fluidized bed, Gas-solid, Drag model, Segregation, Heat transfer, Macroscopic modeling
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Chapter 1
Introduction
Fluidized beds are used in many industrial and power generation applications due to their
excellent mixing and heat transfer characteristics. And the fluidization is the phenomenon
in which the solid particles are exhibiting a fluid-like motion when suspended in a fluid
stream (gas or liquid). The fluidization phenomenon, which is responsible for the mixing in fluidized bed has a significant influence on the other consequent processes such as
chemical reactions and heat transfer.

Figure 1.1: Fluidized bed for energy conversion devices [1].

In the energy-industrial applications such as fluidized bed shown in Figure 1.1, the fluidization phenomenon is much more complex. The fuel particles and the bed particles are
non-homogeneous in shape and size, as well as heterogeneous physical properties of some
fuels such as solid refused fuel (SRF). Modeling of these systems is challenging and necessary to help in the design and optimization of these systems. In the scope of this thesis,
modeling of these important phenomena of energy-industrial relevance will be discussed,
such as gas-solid momentum interaction, segregation, and heat transfer. The recent modeling approaches will be assessed and developed in the aspects related to energy industrial
relevance.
1

1.1
1.1.1

Challenges in fluidized bed modeling
Fluidization

The fluid introduced from the bottom of the bed to turn it to a fluid-like state is the engine
of the mixing in the fluidized beds. As shown in Figure 1.2, there are many indicators
of the fluidization process, such as bed expansion, pressure drop, particle mass flow, and
bed voidage. All those indicators are the outputs of the gas-solid momentum interaction.
For example, in fixed beds, the gas drag force on the solids bed is lower than the weight of
the solids, and the air passes through the porosities between the particles without moving
the bed particles. The gas bubbles shift the solids to their side routes to the top — the
solids from the bulk move to refill the temporary bubble position. The bubbles, in this
case, act like mixer impeller, and the mixing becomes violent as the velocity increases
showing a turbulent bed regime where the bubbles collapse and divide at high frequency.
The continuous increase in fluid velocity makes the fluid drag force overcome the solid
weight, and the solids entrained at the fluidized bed exit where they can be separated
from the gas stream using cyclones and returned to the bed again.

Figure 1.2: Fluidization flow regimes transition with the fluidization velocity and the
particle groups [2].

The gas-solid drag closures are used in simulations of momentum interaction. The drag
closures are derived from experiments or Direct Numerical Simulations (DNS). The experiments were carried out on pilot-scale fluidized beds, and the DNS simulations were
performed on ideal spherical particles. These are the main challenging problems in fluidization modeling. Thus, to have a good understanding of the most important phenomena, there is a need to develop the Computational Fluid Dynamics codes to simulate these
heterogeneous physical specifications.

1.1.2

Segregation

When two or more solid particles of different densities or sizes are mixed in the fluidized
beds, the difference in their inertial forces can cause the particles to separate “segregation”. The coarse particles tend to separate to the bed bottom, and they are called
“jetsam”. While the fine particles float to the bed top, and they are called “flotsam”.
2

Segregation happens strongly in the binary mixture fluidized beds, which operates nearby
the minimum fluidization velocity. In some cases, segregation is preferable, such as metal
and metal-oxide separation in chemical looping (see Figure 1.3), while in other cases, it
is not preferable, such as catalytic reactions with ash containing chlorine in fluidized bed
combustors using biomass or solid refused fuel (SRF).
Air
(O2 <21%, N2
78%)

Exhaust gases
(CO2, H2O)

Air reactor
(Oxdizing)

Fuel reactor
(Reducing)
Binary particulate
system
(different
densities
+different sizes)

Fuel
(C,H,O)

Air
(O2 21%, N2 78%)

Figure 1.3: Segregation in the fuel reactor in chemical looping process [3].

There is a need to understand all the parameters controlling the segregation phenomenon
to optimize the binary-mixture fluidized bed operation. Computational Fluid Dynamics
(CFD) offers a wide span of parameter-investigations in many industrial applications and
becomes of great importance in the pre-design stage of many developers’ companies. The
main challenge in using CFD codes in analyzing the fluidization process of the binarymixture fluidized beds is the CFD model validation because, without any theoretical
model validation, there will be no reliability on the model prediction results.

1.1.3

Heat transfer

One of the significant advantages of the fluidized bed is its excellent transfer characteristic
compared to the gas or the packed bed. This fluidized bed advantage is due to the large
contact surface area and the continuous mixing action. Thus, the heat transfer coefficient
in the fluidized bed can exceed 12 times the heat transfer coefficient in packed beds, as
shown in Figure 1.4. This excellent heat transfer characteristic is a great advantage for
the heating of fluids in some applications like fluidized bed boilers and chemical processing
in many chemical industries such as fluid catalytic cracking (FCC).
The main challenge in the modeling of heat transfer in fluidized beds is taking into account
the influence of bed voidage and temperature on the effective thermal conductivity of the
gas and solid phases — besides, the heat transfer mechanisms on the thermal field inside
the bed.
3

Heat transfer coefficient, W/(m2 K)
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Figure 1.4: Effect of fluidization velocity on fluidized bed heat transfer coefficient [4].

1.1.4

Modeling large-scale units

In general, the majority of the industrial fluidized beds are of large scales in the order
of 30 × 10 m2 cross-section and 50 m height [5]. The geometrical scale conditions in
the industrial fluidized beds are therefore different from that in the pilot-scale laboratory
fluidized bed i.e., the bubble to particle size is large, the bed height to column height and
the bed cross-section to height.
Modeling of industrial units using the microscopic and the mesoscopic models such as
the Multi-Fluid Model (MFM) and Discrete Element Model (DEM) is a kind of difficult
computational challenge using the current computational facilities. Thus, many research
groups have been concerned with developing computationally simplified models. These
macroscopic models are mainly based on experimental correlations of different phenomena
inside the bed, such as solids concentration, mixing and segregation, heat transfer, and fuel
conversion. For example, Figure 1.5 shows a comparison among the macroscopic models
and the CFD models. The relatively short computational time of the macroscopic model
makes it an exciting research field for modeling, control, and optimization of industrial
units. The main trends in developing these models include adding sub-models to describe
a particular phenomenon such as segregation in binary-mixtures fluidized beds.

Figure 1.5: Fluidized bed modeling approaches [1].

4

1.2

Thesis overview

Based on the beforehand stated motivation, the focus of the present study is to analyze and
find out solutions of critical challenging problems of modeling of fluidized beds of energyindustrial relevance. This will be carried out by surveying the literature on the modeling
approaches and highlighting the research gaps. Then analysis of the available CFD models
will be performed for assessment and development of the models. Moreover, experimental
investigations will be conducted to model the characteristics which are difficult to model
using the numerical models. Finally, a macroscopic model for binary-mixture fluidized
beds will be proposed.
The scope of the present thesis will be as follows: Chapter 1 presents an overview about
the fluidized beds and the main challenging areas in modeling fluidized beds of the energy
industrial relevance. Chapter 2 provides an analytical review about the available models
and the related important researches from the literature in the last 10 years concerning the
challenging problems of modeling of fluidized beds. Chapter 3.2 describes the experimental
test-rig and the measuring method used in the experimental work concerning mixing of
SRF material in binary fluidized bed column. Chapter 4 discusses the modeling results
and the validation with experimental data and showing the influence of theoretical model
development proposed in the present study. Chapter 5 provides the concluding remarks of
the study and summarizes the important results and findings of the present work as well
as the recommended research points for the future work. Chapter 6 summarizes the theses
extracted from this study. The Publication section lists the publications related to this
study. Appendix A introduces the steps of calculation of the heterogeneous index function
of the EMMS drag model. Appendix B summarizes the method of calculation of the GR model coefficients using i) the bubble dynamics-based correlations, ii) the empirical
correlations using the advanced fitting method proposed in present study. Appendix C
presents the correlations used in calculation of the thermophysical properties of the gas
and the solid particles as functions of the temperature.

5

Chapter 2
Literature review and analysis of the
models
Fluidized bed modeling is a challenging problem due to the heterogeneous multi-phase
structure. The scientific problem-solving strategy starts with bounding the problem, and
this was covered in the previous chapter. Then, the following step is collecting information
about the problem. In this chapter, several model elements and modeling approaches will
be reviewed and analyzed. This analytical review aims to provide information about the
recent research focus and showing the research gaps which were not covered with sufficient
details. For example, in some cases, no evidence was found about the applicabilities and
goodness of the recent models. In these cases, I carried out detailed tests and comparisons.
The models and modeling approaches are in rather different states regarding their overall
acceptabilities, and the following discussion intelligently adapts to these differences. That
is why different methods of discussion. The analytical review surveyed model elements and
researches concerning the main four modeling challenging-areas discussed in chapter 1,
namely fluidization, segregation, heat transfer, and macroscopic modeling.

2.1

CFD modeling approaches

The most commonly-used CFD model in simulations of fluidized beds is the mesoscopic
Eulerian-Eulerian Two-Fluid Model (TFM). In the TFM, both the gas and solid phases
are considered as continuum and can be modeled by solving the conservation equations
as in FLUENT theory guide [6] as follows:
• Continuity equation of the q th phase
∂(εq ρq )
+ ∇ · (εq ρq u) = 0
∂t

(2.1)

• Momentum equation of the q th phase
∂(εq ρq uq )
+∇·(εq ρq uq uq ) = −εq ·∇p−∇·τq +εq ρq g+(δqs Igs −δqg Igs )+δik ζik (usk −usi )
∂t
(2.2)
• Energy equation of the q th phase
∂(εq ρq Hq )
+ ∇ · (εq ρq uq Hq ) = ∇ · (εq λq ∇ · Tq ) + (δqs Jgs − δqg Jgs )
∂t
6

(2.3)

(
1
δqi =
0
(
1
δik =
0

q=i
otherwise

(2.4)

ikk=s
otherwise

(2.5)

where εq , ρq , uq ,and Hq represent the volume fraction, the bulk density, the velocity, and
the specific enthalpy of the q th phase. For the gas phase q = g while for the solid phases
q = s and εs = 1 − εg . The interaction terms in the conservation equations are resolved
using empirical models to account for the gas-solid and the solid-solid interactions (momentum, heat transfer, ... etc.). The solid viscosity is modeled by solving the transport
equation of an imaginary variable called the granular temperature, which is a quantity
proportional to the solid velocity fluctuation, analogical to the Kinetic Theory of Gases
(KTG).
On the other hand, the microscopic CFD-DEM model is a Eulerian-Lagrangian model
where the gas phase is treated as a continuum and modeled by solving the mass, momentum, and Energy conservation equations. While the solids phase is modeled by solving
Newton’s second-low of motion of particles under external forces. Practically, the Discrete
Element Model (DEM) can be applied to the computational particle (parcel: group of
physical particles behave as a single computational particle [7]). The particle momentum
equation can be given as follows [8]:
dup
= FC + FD + Fp + mp g
(2.6)
dt
dωp
= Mp
(2.7)
Ip
dt
where up and ωp are the linear and rotational velocities of the particle, respectively. Ip
and Mp are the moment of inertia and the torque of the particle, respectively. While FC ,
FD , and Fp are contact force between the particles, the drag force exerted by the gas on
the particle, and the pressure gradient force, respectively.
mp

The contact force is described in terms of the collision model used (the soft sphere
model [7]) in which the collision between the particles is modeled using the spring/dashpot approach to account for the loss in mechanical energy due to inelastic particles
collisions. The contact force is the sum of the normal and tangential components as
follows [9]:
FC = FCnij + FCtij
(2.8)
FCnij = (−kn δnij − ηn utij nij )nij

(2.9)

FCtij = −kt δtij − ηt utij

(2.10)

In which kn and ηn are the spring and the damping coefficients in the normal directions,
respectively. While kt and ηt are the spring and the damping coefficients in the tangential
direction, respectively. δnij and δtij are the normal and the tangential displacement between
the ith particle and the j th particle, respectively. The pressure gradient force is the force
resulting from the local fluid pressure gradient around the particle and is defined as [10]:
πd3p
Fp = −
∇p
(2.11)
6
The pressure gradient force is only essential when there is a significant fluid pressure
gradient, and when the particle density is smaller than or similar to the fluid density.
7

2.2

Gas-solid drag

The lion-share hydrodynamic momentum interaction is caused by the gas-solid drag force
which can be given by empirical closures called drag models as in the following drag model
form of Wen and Yu [11]:
πd3p
FD =
Kgs (ug − up )
(2.12)
6εs
3 εs εg ρg |ug − up | −2.7
Kgs = CD
εg
4
dp

(2.13)

where Kgs is the gas-solid momentum interaction term given in the gas momentum equation. The drag coefficient of insulated sphere CD can be calculated by Schiller and Naumann [12] empirical equation as follows:
(
24
[1 + 0.15(εg Rep )0.687 ], for Rep ≤ 1000
εg Rep
CD =
(2.14)
0.44,
for Rep > 1000
g |dp
where Rep = ρg |upµ−u
.
g
Syamlal and O’Brien [13] formulated a drag closure that uses an expression for terminal
velocity correction [6]:
q
(2.15)
vr,s = 0.5(A − 0.06Rep + (0.06Rep )2 + 0.12Rep (2B − A) + A2 )

Gidaspow [14] tried to solve the problem of drag force over-prediction by describing the
gas-solid suspension as a composition of two different density regimes, namely dilute
regime (gas-dominated/bubbles) and dense regime (solids dominated/emulsion). He proposed using the Ergun [15] equation of packed beds for estimation of the drag force in the
dense fluidization regimes (voidage ≤ 0.8), and the Wen and Yu [11] drag formula for the
dilute fluidization regimes (voidage > 0.8) with setting the voidage function exponent to
be equal to -2.65 as follows:
(
g )µg
+ 1.75 ρg εs |udpg −up | , for εg ≤ 0.8
150 εs (1−ε
εg d2p
Kgs = 3 εs εg ρg |ug −up | −2.65
(2.16)
for εg > 0.8
εg ,
C
4 D
dp
Mazzei and Lettieri [16] derived an expression for the voidage function exponent to be
a variable depending on the local particle Reynolds number and voidage value. They
proposed this assumption to account for the terminal velocity changes with both the
voidage and Reynolds number resulting in good agreement with Richardson and Zaki [17]
drag data. The developed Mazzei and Lettieri [16] drag model can be represented by the
following equations:
3 εs εg ρg |ug − up | − (”g ,Rep )
Kgs = CD
εg
(2.17)
4
dp
CD∗ (εg , Re∗p ) 2(1−n)
ln φ(εg , Rep )
ψ(εg , Rep ) = −
, φ(εg , Rep ) = −
ε
ln εg
CD (Rep ) g
q
p
2
∗
CD (Rep ) = (0.63 + 4.80/ Rep ) , CD (εg , Rep ) = (0.63 + 4.80/ Re∗p )2

(2.18)
(2.19)

∗3/4

Re∗p =

Rep
2.35(2 + 0.175Rep )
∗
,
n(Re
)
=
p
∗3/4
εng
1 + 0.175Rep
8

(2.20)

With the rapid increase in computational facilities, the nanoscopic Lattice Boltzmann
Method (LBM) become a commonly applicable in the analysis of the gas-particle momentum interaction and developing new drag models. Cello et al. [18] derived a developed
fitting relation for the voidage function using a large set of the LBM drag force values
of different systems in the previous studies (van der Hoef [19] and Hill et al. [20]). The
equations of their model are summarized as follows:
Kgs = 3πµg dp |ug − up | f

(2.21)

f = K1 + K2 ε4g + K3 (1 − ε4g )

(2.22)

1 + 128K0 + 715K02
1 − εg
, K1 =
1 + 3εg
ε2g (1 + 49.5K0 )

(2.23)

where

K0 =
K3 =

2Re2p
−410εg + 9.20 × 107 Rep K02 + 1900ε2g − 0.066Rep
1 − Rep 6600εg + 0.000492Rep − 43000ε2g − 0.00131Re2p + 7380ε2g

(2.24)

The effect of the particle-particle relative movement was included in the LBM drag model
of Rong et al. [21], and correspondingly have a different form and voidage function as
follows:
3 εs εg ρg |ug − up | 2−B(εg ,Rep )
εg
(2.25)
Kgs = CD
4
dp
and
B(εg , Rep ) = 2.65(1 + εg ) − (5.3 − 3.5εg ) exp[−0.5(1.5 − log Rep )2 ]

(2.26)

The problem of drag force over-prediction is a common experience from literature studies,
Ayeni et al. [22] derived a drag model function which satisfies the momentum and energy
conservation laws. The developed drag formula used a correction scale factor to correct
the pressure drop and the bed expansion based on the ratio of the superficial velocity to
the minimum fluidization velocity as follows:
Kgs =

3Rep µg εs ε2g
CD
d2p

(2.27)

and
CD =

40.91K 2 ε2s
umf
6 3.6εs
umf
εs
[ 4 + 1] + 0.11[
+ 1], K = [
+ (1 −
)(1 −
)] (2.28)
2
Rep εg
εg
ug
ug
us,mf

In general, all the previously mentioned models are homogeneous models, i.e., they do not
have sub-model treatment for meso/sub-grid structures such as small bubbles and clusters.
This neglect of the mesoscale structures results in over-predicting the value of the drag
force and, in turn, a homogeneous solids concentration. The EMMS research group [23]
in the Chinese Academy of Science has proposed a series of drag models based on the
thermodynamics-like principle of Energy Minimization Multi-Scale to formulate a systemdependent voidage function or what is commonly called the heterogeneous index function.
The EMMS model solves the drag force by filtering of the heterogeneous structure into
three frames, the emulsion phase frame, the mesostructure (clusters/bubbles) frame, and
the interaction frame as shown in Figure 2.1. There are two versions of the EMMS
model, namely the cluster-based or the classical EMMS model and the bubble-based
9

Figure 2.1: A schematic description of the heterogeneous structure filtration in the EMMS
bubble-based model.

EMMS model. The cluster-based EMMS model solved the heterogeneous structure in
the fast fluidized beds by assuming the particle grouping (clusters) as the mesostructure.
While in the bubble-based EMMS model, the bubbles are solved as the mesostructure in
the bubbling and turbulent fluidized beds to reduce the overall drag force value under
the framework of the Energy Minimization Multi-Scale principle. The methodology of
determination of the heterogeneous function is described in Appendix A. The general
formula of any of the EMMS models is as follows [24]:

ρg εs |ug −up |
εs (1−εg )µg

, for εg ≤ εmf

dp
150 εg d2p + 1.75
(2.29)
Kgs = 34 CD εs εg ρgd|up g −up | Hd ,
for εmf < εg ≤ ε∗


ε
ε
ρ
|u
−u
|
 3 CD s g g g p ε−2.65 ,
for ε∗ < εg
4

dp

g

where Hd is the heterogeneous index function (see Appendix A), and ε∗ is the voidage
value at which the EMMS drag equals the Wen and Yu [11] drag i.e. at heterogeneous
index of 1.
Figure 2.2 and Figure 2.3 show comparisons between the drag coefficients (drag
force/solids volume/slip velocity) calculated using different drag closures of two different fluidized beds systems: Geldart A and Geldart B. It can be seen from Figure 2.2
that, all the homogeneous drag models show high drag force values at the low and the
intermediate voidage over all the particles Reynolds number range (0.001 - 500). While
the EMMS drag model of Shi et al. [25] showed smaller drag force values over the same
range with no significant difference in the drag value between the dense and dilute regimes
compared to the other drag models. The drag force of Geldart A particles is higher than
that of Geldart B particles in all fluidization regimes. It is also noticed from Figure 2.3
that all homogeneous drag models give high drag force values in the low voidage regimes
at high Reynolds numbers. While smaller values of the drag force can be observed over
the remaining regimes. The EMMS model of Shi et al. [25] showed the drag force values
at voidage values just lower the intermediate regime at high particles Reynolds numbers,
10

(a) Gidaspow [14]

(b) Cello et al. [18]

(c) Rong et al. [21]

(d) Ayeni et al. [22]

(e) Mazzei and Lettieri [16]

(f) EMMS-Shi et al. [25]

Figure 2.2: A comparison between different drag models in variation of drag coefficient
with the voidage and the particles Reynolds number in a fast fluidized bed, Geldart A.
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(a) Gidaspow [14]

(b) Cello et al. [18]

(c) Rong et al. [21]

(d) Ayeni et al. [22]

(e) Mazzei and Lettieri [16]

(f) EMMS-Shi et al. [25]

Figure 2.3: A comparison between different drag models in variation of drag coefficient
with the voidage and the particles Reynolds number in a bubbling fluidized bed, Geldart
B.
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and small drag values in the other regimes. The previous experience from the literature
studies did not specify a specific gas-solid closure as the best drag model for all system/flow regimes. For this reason, there is a continuous update in the modeling research
database about comparative studies between the drag models to help in the selection of
the optimum gas-solid drag model for a specific system or flow regime. The following
Table (Table 2.1) summarizes a review of the drag models assessment studies carried out
within the last ten years.
Table 2.1: A summarized review of the last 10 years gas-solid drag models assessment
studies.

Study/Regime

Gas-solid drag model used

Finding

/System

/Experimental data

Hong et al. [26]/
Circulating
fluidized
beds/Geldart A

Gidaspow [14], EMMS (Li and
Kwauk [27]), EMMS
(Subbarao [28]) / Experimental
data from literature
(semi-industrial scale)

The solid flux results showed minimum
prediction error in case of using the
EMMS model of Li and Kwauk [27],
while large solid flux predictions were
obtained when using the Gidaspow
[14] model at different computational
grid resolutions (fine, medium, and
coarse). The axial solids concentration
profile was well-predicted when using
both the EMMS models, while the
Gidaspow model could not show the
dense bottom zone as obtained from
experimental data.

Dey et al. [29]/
Circulating
fluidized
beds/Geldart B

Syamlal and O’Brien [13],
Representative Unit Cell (RUC),
Du plessis [30], Hill-Koch-Ladd
(HKL) [20], Macroscopic model
Matsen [31], Space-averaged
model Shah et al. [32],
Ergun/Wen-Yu [11, 15] model,
Richardson and Zaki [17] model,
EMMS model Qi et al. [33],
Gidaspow [14] model /
Experimental data from literature
(Lab. scale)

The Ergun/Wen-Yu [11, 15] model
over-predicts the pressure drop in the
fluidized beds. The Syamlal-O’Brien
[13] and the Gidaspow [14] models
have high bed expansion predictions
compared to the McKeen and Pugsley [34] and the EMMS [33] drag models. The EMMS [33] and the spaceaveraged model produce similar solids
distribution and significantly different
than the solids concentration using
the Ergun/Wen-Yu [11, 15]. In typical bubbling bed, the Gidaspow model
was found better than the RUC and
the HKL models compared to experimental data.
Continue on the next page
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Table 2.1: A summarized review of some of the last 10 years gas-solid drag models
assessment studies. (Cont.)

Study/Regime

Gas-solid drag model used

Finding

/System

/Experimental data

Bakshi et
al. [35]/
Bubbling
fluidized
beds/Geldart B

Syamlal-O’Brien [13],
Gidaspow [14] / Experimental
data from literature (Lab. scale)

The Gidaspow [14] model is more efficient in case of homogeneous bubbling fluidization (u/umf < 4), while
the Syamlal and O’Brien [13] model is
more suitable for high fluidization velocities (u/umf > 4).

Estejab and
Battaglia [36]/
Bubbling
fluidized
beds/Geldart A

Wen and Yu [11],
Syamlal-O’Brien [13],
Gidaspow [14], Gidaspow-blend
(Huilin and Gidaspow [37]), HKL
(Hill et al. [20]), BKV (Beetstra
et al. [38]), HYS (Yin and
Sundaresan [39]) / Experimental
data of their own (Lab. scale)

The commonly used drag models for
Geldart B particles can be valid for
Geldart A particles if the non-fluidized
regions of the materials are subtracted.
For mono-size particles-system, the
HKL, the BKV, and the HYS drag
models over-predicted the bed height,
while they could predict correctly
the bed expansion for poly-disperse
particles-systems. The Wen and Yu
[11], the Syamlal-O’Brien [13], the Gidaspow [14], and the Gidaspow-blend
[37] showed good agreement with experimental data for both the mono
and the poly-disperse systems with
the Gidaspow-blend giving overall best
predictions.

Luna et al. [40]/
Bubbling
fluidized
bed/Geldart B

Syamlal and O’Brien [13],
Gidaspow [14], Hill et al. [20],
Van der Hoef et al. [41], Beetstra
et al. [38] / Experimental data
from literature (Lab. scale)

The LBM-based models (Hill et al.
[20], Van der Hoef et al. [41] and Beetstra et al. [38]) gave overall better predictions compared to the empiricalbased ones (Syamlal-O’Brien [13] and
Gidaspow [14]), The bubbling bed
pressure drop as well as the experimental minimum fluidization velocity
can be well estimated using the Hill et
al. [20], the Beetstra et al. [38]. While
the van der Hoef et al. [41] and the
Syamlal and O’Brien [13] drag models
over-estimated the experimental minimum fluidization velocity.
Continue on the next page
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Table 2.1: A summarized review of some of the last 10 years gas-solid drag models
assessment studies. (Cont.)

Study/Regime

Gas-solid drag model used

Finding

/System

/Experimental data

Pei et al. [42]/
Spouting
fluidized
beds/Geldart B

Dallavalle [43], Gibilaro et al. [44],
Syamlal-O’Brien [13],
Gidaspow [14], Arastoopour et
al. [45], Di Felice [46],
Gidaspow [14]Experimental data
pf their own (Lab. scale)

All of the studied drag models underpredicted the jetted bed pressure drop,
with the minimum relative error results obtained with simulations using
the Gidaspow [14] and the SyamlalO’Brien [13] models. While the Gibilaro et al. [44] and the Di Felice [46]
models gave the largest deviation from
the experimental pressure drop.

Wu et al. [47]/
Bubbling and
circulating
fluidized
bed/Geldart B

Gidaspow [14], EMMS (Wu et
al. [47]) / Experimental data from
literature (Lab. scale)

The experimental axial pressure drop
profile, as well as the radial solids concentration, were well-predicted by using the EMMS [47] model, while the
Gidaspow [14] model was found over
predicting the drag force resulting in
poor simulation results.

Gao et al. [48]/
Bubbling and
circulating
fluidized
beds/Geldart A

Gidaspow [14] , BVK (Beetstra et
al. [38]), TGS (Tenneti et
al. [49]), Igci et al. [50], Radl et
al. [51], Sarkar et al. [52], Sarkar
et al. [53], MMS (Mehrabadiet
al. [54]), EMMS (Li and
Kwauk [27], Jiradilok et al. [55],
Luo et al. [56]) / Experimental
data from literature (Lab.and
semi industrial scale)

In the bubbling fluidization regime,
the Sarkar et al. [52], the Igci et al. [50]
and the Radl et al. [51] drag models
under-predict the bed expansion.The
Gidaspow [14], the BVK, the TGS,
the MMS, the EMMS (Luo et al. [56]),
and the Sarkar et al. [53] models overpredict the bed expansion ratio with
minimum error predictions obtained
by the Sarkar et al. [53] drag model.
In the circulating fluidized beds, the
solids axial concentration profile results showed that the EMMS of Jiradilok et al. [55] has the minimum
overall deviation from the experimental solids concentration profile.
Continue on the next page
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Table 2.1: A summarized review of some of the last 10 years gas-solid drag models
assessment studies. (Cont.)

Study/Regime

Gas-solid drag model used

/System

/Experimental data

Stanly and
Shoev [57]/
Bubbling
fluidized
beds/Geldart B,
Geldart D

Gidaspow [14], Beetstra et
al. [38], Cello et al. [18], Tenneti
et al. [49], Rong et al. [21], Tang
et al. [58] / Experimental data
from literature (Lab. scale)

The Gidaspow [14], the Tenneti et al.
[49] and the Rong et al. [21] give good
agreement with experimental data of
bubbling beds contain Geldart B particles. While for bigger sizes particles (Geldart D), the Gidaspow [14]
and the Tenneti et al. [49] are the best
drag models. The Beetstra et al. [38]
and the Cello et al. [18] can only give
better results in simulations of bubbles evolution. The Tenneti et al. [49]
drag model is the best one among the
tested drag models taking into account
the minimum computational time and
good prediction accuracy.

Stroh et al. [59]/
Circulating
fluidized
beds/Particle
Size Distribution
with mean
physical particle
of class Geldart
B

Wen and Yu [11], Gibilaro et
al. [44], Syamlal-O’Brien [13],
Gidaspow [14], Tang et al. [58] /
Experimental data of their own
(semi industrial scale)

All the models well-predicted the overall riser pressure drop, however, there
was a large deviation in the in pressure gradient between all the predictions of the models and the experimental data. The Wen and Yu [11]
showed the largest pressure gradient
error, while the Tang et al. [58] gave
the minimum deviation from the experimental data among all the other
models.

2.3

Finding

Solid-solid drag

When two or more solids of different densities or sizes are mixed in the fluidized bed,
the difference in the drag and the inertial forces-balance results in a non-homogeneity of
the bed composition (segregation). Modeling of the total drag force of the binary system
within the computational cell can be carried out using two different methods. The first
method can be achieved by directly calculate the drag force of each solid using the monodisperse drag force formulas previously mentioned and then summing for the total drag
force. In this case, the drag force of each component is calculated based on each solid
local void fraction and Reynold number. While in the other method, the total drag force
is calculated using the average values of the solids void fraction and Reynolds number.
Then distribute the drag share the drag of every solid component based on the ratio
between the solid diameter to the average diameter of all the solids components. The
average solid void fraction and the average Reynolds number can be calculated from the
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following relations [60]:
c
c
X
X
εi
xi −1
di
εg ρg dp uslip
xi = , εs =
εsi , dp = [
] , yi = , Rep =
εs
d
µg
dp
i=1
i=1 i

(2.30)

The existence of a binary mixture of different masses requires adding solids-solids momentum exchange term ζik to the solids phases (s,k) momentum equation. The two
particle-particle drag closures examined in the present study are the most common Syamlal [61] model and the most recent Chao et al. [62] model. The equations of those models
are given as follows:
• Syamlal [61]
2

3(1 − eik )( π2 + Cfr,ik π8 )εsi ρsi εsk ρsk (dsi + dsk )2 gik
|usi − usk |
ζik =
2π(ρsi d3si + ρsk d3sk )

(2.31)

where eik ,Cfr,ik are the coefficient of restitution, coefficient of friction between the
solid phases (s,k), respectively, while gik is the radial distribution function for both
the solid phases and the radial distribution function of each phase as follows:
P
3( ki=s εi /dsi )
1
gik =
+ 2
dsi dsk
(2.32)
εg
εg (dsi + dsk )
• Chao et al. [63]
q
p
p
εs εk ρ s ρ k 2
ζik =
d (1 + esk )gsk [( 2πΘs + 2πΘk − 2πΘs0.5 Θ0.5
k )
ms + mk sk
π
0.5
0.125 0.125
fri
+ usk − 1.135usk
(Θs0.25 + Θ0.25
Θk ] + βsk
k ) + 0.8Θs
2
fri
βsk
=

πεs εk ρs ρk 2
d (1 + eik )gsk Kfri Cfri usk
2(ms + mk ) sk

(2.33)

(2.34)

where vsk = |us − uk | and Kfri = 700

2.4

Segregation modeling review

Mixing and segregation in binary fluidized beds gained considerable interest in the literature as the majority of fluidized bed applications are composed of different density or size
solids particles. Thus, the heterogeneity of the segregating beds needs to be understood
with sufficient details. The continuous development in computational codes and facilities
can take over the computation-domain limitation. As a result, there is a large number
of publications have been performed to investigate the influence of model parameters on
the theoretical results. The following table (Table 2.2) shows a summary of the critical
studies of modeling of binary fluidized beds in the last ten years.
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Table 2.2: A summary of the most important studies on modeling of binary fluidized
beds in the last 10 years.

Study/Binary
system/Fluidization
regime

Effects investigated

Remarks

Norouzi et al. [64]/
Size segregation/Stationary
bed

Effect of adding fines (400
– 900 µm) on the
segregation of binary
bubbling fluidized beds

Adding fines to the binary fluidized
beds of mono-density enhances the
segregation tendency. The smaller the
size of the fines, the higher the segregation behavior within the range (500
– 900 µm). The fines of the size smaller
than 500 µm were found to have an inverse effect on the size segregation.

Tagliaferri et al. [65]/
Size binary
mixture/Stationary
bed

Effect of particles
restitution coefficient.
Effect of the time
integration method

Comparing different CFD solutions using different values of restitution coefficients as well as different time integrations schemes with the experimental data showed that the optimum
value of the restitution coefficient is 0.7
and the best time integration scheme
is the second order implicit scheme.

Sharma et al. [66]/
Size-density segregation/Stationary
bed

Effect of bed geometry
(2D/3D). Effect of
gas-solid drag model.
Effect of wall boundary
coefficient and restitution
coefficient

The biomass distribution along the
bed height did not affected by the bed
geometry (2D or 3D). The effect of
the gas-solid drag model has a significant effect on the binary mixture axial concentration. The effect of the
wall boundary condition (specularity
coefficient) was found significant at
low fluidization velocities and negligible at higher fluidization velocities.
The higher the value of restitution coefficient, the lower the power of the
segregation in the binary bubbling fluidized bed.

Zhou and Wang [67]/
Size-density binary
mixture/Fast fluidized
beds

Effect of gas-solid and
solid-solid drag models on
the simulations of binary
circulating fluidized beds

Extended poly-disperse EMMS gassolid drag was found to give better
prediction results of the axial solids
components compared to the homogeneous drag model of Gidaspow [14]
model. The solid-solid drag closure of
the Chao et al. [62] was found to be
better than the Syamlal [61] model and
the no-drag model case as well.
Continue on the next page
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Table 2.2: A summary of the most important studies on modeling of binary fluidized
beds in the last 10 years. (Cont.)

Study/Binary
system/Fluidization
regime

Effects investigated

Remarks

Azimi et al. [68]/
Size-density ternary
mixture/Stationary
bed

Effect of modification of
the Syamlal-O’Brien [13]
gas-solid drag model,
Effect of solid-solid
restitution coefficient
Effect of bed geometry
(2D/3D)

The comparison between the CFD
model solutions and the experimental
data showed that the modification of
the Syamlal-O’Brien [13] drag model
coefficients to 0.52 and 5.30369 was
a good assumption. The CFD model
with restitution coefficient of 0.9 can
give the best prediction results. The
3D model simulations are better than
that of the 2D models by 29.1%.

Geng et al. [69]/
Size-density
mixture/Stationary
bed

Effects of the boundary
wall condition,
particle-particle
restitution coefficient,
friction packing limit, and
the transport equation for
granular temperature

The full expression of the granular
temperature transport equation gave
better agreement with experimental
data compared to the simplified algebraic expression. When using the
full expression of granular temperature transport equation, the optimum
values for the specularity coefficient
and the frictional solids packing were
found to be 1.0 and 0.6, respectively.
The decrease in particle-particle restitution coefficient leads to increase of
mixing degree. There is a critical bed
depth larger than which the system
was found in well-mixed condition, irrespective to the investigated model
parameters.

Zhang et al. [60]/ Size
segregation/Stationary
bed

The effect of gas-solid
drag model selection on
the segregation degree of
the poly-disperse binary
fluidized bed

The segregation degree at high gas velocities was well predicted by the CFD
model using any of the gas-solid drag
models of Gidaspow [14], Sarkar et
al. [70], Cello et al. [18], or Rong et
al. [71]. At low fluidization velocities,
the Sarkar et al. [70] and the Rong et
al. [71] gave lower deviation from the
experimental data compared to the Gidaspow [14] and the Cello et al. [18]
models.
Continue on the next page
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Table 2.2: A summary of the most important studies on modeling of binary fluidized
beds in the last 10 years. (Cont.)

Study/Binary
system/Fluidization
regime

Effects investigated

Remarks

Sant’Anna et al. [72]/
Size-density
mixture/Stationary
bed

The effect of binary
mixtures particles mass
ratio

At superficial gas velocity 0.38 m/s,
segregation occurs when the mass ratio
between the biomass particles to the
sand particles is larger than unity for
mixtures of overall biomass and sand
volume fractions in the bed less than
50%.

Cardoso et al. [73]/
Size-density
mixture/Stationary
bed

Effect of the particles
density and size ratios and
the inlet gas velocity and
the bed particles density

Size ratio and inlet gas velocity have
a significant effect on the segregation
phenomenon. The larger is the particle density ratio, the greater is the
solids segregation. The larger is the
particle size, the greater is the solids
segregation. The higher the fluidization velocity, the weaker is the segregation behavior.

Moliner et al. [74]/
Size-density binary
mixtures/Spouted
fluidized beds

Effect of binary mixture
particles properties
(diameter, density,
sphericity) on the spout
jet velocity and the
segregation

The solids density and size ratio has
significant influence on the segregation phenomena. The increase in the
fluidization velocity decreases the segregation. Perfect mixing can be obtained at fluidization flow rate of 1.15
the minimum fluidization flow rate.
The low sphericity ratio was found to
has blockage, channeling and start-up
problems.

2.5

Thermal field modeling review

Excellent heat transfer is one of the most significant advantages of fluidized beds. Thus,
this area of research was found attractive to the researchers for decades. Nowadays, with
the availability of high computational facilities, the focus is on the microscopic approach
of the phenomenon to get a better understanding and to help develop the computational
codes to be more reliable in the design and optimization of fluidized bed systems subjected
to heat transfer. In the following table (Table 2.3), a summary of the latest researches in
this area in the last ten years.
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Table 2.3: A review summary of the most important heat transfer modeling studies in
the last 10 years.

Study/Application

Investigated parameters

Remarks

Chang et al. [75]/
Dense fluidized
beds/
Eulerian-Eulerian
MFM

The effects of particle
property and operating
conditions on the heat
transfer in a binary mixture
fluidized beds composed of
particles of different sizes

The gas-particle heat transfer coefficient
along the bed height increases reaching the
maximum then decreases gradually. The
ratio of the particle-particle to the gasparticle heat transfer increases with the increase of the fluidization velocity and the
large particle size and decreases with the
increase of the large particle mass fraction
within the binary mixture.

Wu et al. [76]/
Jetting fluidized
beds/
Eulerian-Eulerian
TFM

The effect of a pulse jet on
the heat transfer. The effect
of gas-solid physical
properties and operational
conditions on the
time-averaged heat transfer
coefficient

The time-averaged heat transfer coefficient
increases with the decrease in the jet velocity or with the increase in the particles thermal conductivity. The decrease
in particles-size or the jet nozzle diameter increases the heat transfer coefficient.
There is a reasonable similarity of the jet
time-averaged hydrodynamic and thermal
fields of different scale fluidized beds.

Fattahi et al. [77]/
Spouted fluidized
beds/
Eulerian-Eulerian
TFM

The effect of transient inlet
gas temperature. The effect
of solids-wall boundary
condition (specularity
coefficient) on the heat
transfer and the spouting
regimes

The transient time-dependent inlet air
temperature was found to increase the
particles temperature distribution through
the bed. The specularity coefficient value
of 0.025 was the optimum value for the
solids-wall slip at which the best agreement with the experimental data can be
obtained for both the spouted regimes and
the heat transfer.

Ngoh and
Lim [78]/ Dense
fluidized beds/
Eulerian-Eulerian

Effect of particle size and
inlet gas fluidization velocity

The bed voidage increases along with increasing the fluidization velocity or by
using smaller particles sizes.
Overfluidization leads to poor heat transfer due to channeling (less particleparticle contact), while under-fluidization
result in poor convective heat transfer
rate due to smaller voidage.
There
is an efficient heat transfer regime between the over-fluidization and underfluidization regimes.

/Method
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Table 2.3: A review summary of the most important heat transfer modeling studies in
the last 10 years. (Cont.)

Study/Application

Investigated parameters

Remarks

Hooshdaran et
al. [79]/ Spouted
fluidized
bed/EulerianEulerian
TFM

Effects of gas velocity, wall
temperature, and solids-wall
boundary conditions.

The optimum value for the specularity coefficient for best agreement between the
CFD results and the experimental data
was found 0.15 for the heat transfer coefficient and 0.07 for the pressure drop. The
best value for the particles-wall restitution
coefficient was found unity for the pressure
drop results, while less than 0.2 for the
heat transfer predictions. Raising the wall
temperature results in an increase in the
bed pressure drop, and the heat transfer
coefficient as well.

Hou et al. [80]/
Packed bed/
Packed-bed porous
medium
Eulerian-Eulerian
CFD model

The effect of turbulence of
gas phase in the wall
adjacent layer instead of the
commonly-used effective
thermal conductivity model
in the heat transfer
modeling in the fluidized
beds

The usage of turbulence effect on the wall
adjacent layer was found effective in the
modeling of heat transfer coefficient at low
particles Reynolds number flows (Rep ≤
187), while the agreement with the experimental data diverges dramatically with
increasing the Reynolds number (Rep >
187).

Bellan et al. [81]/
Dense fluidized
bed/ EulerianLagrangian
CFD-DEM model

The effect of gas superficial
velocity, bed mass and inlet
gas temperature on the
hydrodynamic and thermal
fields

The peak temperature, average temperature, and velocity of the bed are decreasing with increasing the total bed mass.
When increasing the inlet gas temperature, the average bed temperature increases whereas the flow characteristics are
not significantly changed.

Ostermeier et
al. [82]/ Dense
fluidized bed/
Eulerian-Eulerian
TFM

The heat transfer coefficient
on the immersed tube in the
dense particle region at
different superficial
velocities

The CFD model is able to predict the magnitude and the tendency of the heat transfer around horizontal tubes correctly at
high superficial fluidization velocity and
the accuracy diverge with decreasing the
fluidization velocity. The correct prediction of the angle-dependent heat transfer
is strongly coupled to the precise simulation of the hydrodynamic behavior.

Wang et al. [83]/
Dense fluidized
beds/
Eulerian-Eulerian
TFM

The effect of electrostatic
charges on the
hydrodynamic and thermal
fields of the fluidized bed

The electrostatic chargers decreased the
bubbles sizes and increased the particles
vortex diffuse and as a result, improved
the heat transfer coefficient.

/Method
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The apparent thermal conductivity model is the commonly used model to account for
the higher thermal conductivity values in the fluidized beds. This approach, which was
proposed by (Zehner and Schluender [84]), takes into account the effect of the voidage on
the effective thermal conductivity. The relation between the corrected thermal conductivities and the microscopic thermal conductivities of both phases with local voidage can
be estimated as follows [85]:
p
p
λb
= (1 − 1 − εg ) + 1 − εg (β0 A + (1 − β0 )Kth )
λg,0
Kth =

2
1−

B
A

[

A−1 B
B
B−1
− 0.5(B + 1)]
ln( ) −
B 2
A
(1 − A ) A
1− B
A

(2.35)

(2.36)

s,0
where A is the ratio between the gas and solids bulk thermal conductivities, A = λλg,0
,
and
1 − εg 10
B = 1.25(
) 9 , β0 = 7.26 × 10−3
(2.37)
εg

Then, according to Kuipers et al. [86] the total bed bulk thermal conductivity is equal to
the sum of the gas and the solids thermal bulk conductivities λb,g ,λb,s as follows:
λb = λb,g + λb,s
p
= (1 − 1 − εg )λg,0

λb,s

λb,g
p
= 1 − εg [β0 A + (1 − β0 )Kth ]λg,0

(2.38)
(2.39)
(2.40)

Finally, the thermal conductivities of the phases can be obtained by dividing the bulk
thermal conductivity for the given phase by its volume fraction.
p
(1 − 1 − εg )λg,0
λg =
(2.41)
εg
λs =

2.6

[β0 A + (1 − β0 )Kth ]λg,0
p
1 − εg

(2.42)

Macroscopic modeling review

The microscale and mesoscale modeling of large-scale fluidized beds require an enormous
number of computational cells. Thus, there is a parallel improvement in the macroscopic
models, which are a group of empirical correlations used to describe certain phenomena
such as solids axial and radial population, heat transfer, and combustion reactions. This
macroscopic modeling is an evolving research field by many academic and industrial institutes around the world. The following Table (Table 2.4) summarizes the latest researches
in this exciting field in the last ten years.
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Table 2.4: A summary review on the last 10-years development on the macroscopic
models for simulations of large-scale fluidized bed units.

Study/Application

Investigated parameters

Remarks

Pallarès and
Johnsson [87]/
Bubbling and
circulating
fluidized bed/ 3D
macroscopic model
for fuel mixing in
the fluidized bed

The effect of experimental
mixing of fuel particles in
risers at different bed
geometries and operational
conditions of fluidized bed
combustors

Fuel fragmentation input data was found
to have a large influence on the results and
the modeling of the spatial distribution of
the fuel inventory within the unit. The
model prediction results of the fuel concentration showed overall good agreement
with the experimental data for different
fuel types when the common fragmentation pattern was adjusted.

Gómez-Barea and
Leckner [88]/
Bubbling and
circulating
fluidized beds

Survey of published
macroscopic models for
biomass and waste
gasification in FB

The survey concluded that, in many cases,
the validation of the model parameters
was not checked with different experimental cases. Also, there were many adjustable parameters which can vary from
one case to another during the simulation.

Liu and Chen [89]/
Dense fluidized
bed/ EulerianLagrangian
DEM

Using CFD-DEM
simulations with factious
tracer particle technique to
compute the lateral
dispersion coefficient in
wide cross-section (0.4 -12.8
m) at different superficial
velocities in dense particle
regions

The results showed that, at a given fluidization velocity, the lateral dispersion coefficient increased markedly with the bed
width, then the increasing rate declined,
and finally it stabilized around a constant
value. The computed values of the lateral
dispersion coefficient were compared to experimental data from literature and good
agreement was attained. The value of
the lateral dispersion coefficient was found
higher at elevated fluidization velocities.

Myöhänen and
Hyppänen [90]/
Circulating
fluidized beds/ A
three-dimensional
semi-empirical
steady-state model
for modeling
combustion and
gasification in
circulating
fluidized bed
processes

3D modeling of combustion
and gasification

The incorporated sub-models included
fluid dynamics of solids and gases, heat
transfer within suspension and to surfaces,
and combustion reactions The model was
reported to give realistic results that are
in good agreement with the circulating fluidized bed different phenomena.

/Model
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Table 2.4: A summary review on the last 10-years development on the macroscopic
models for simulations of large-scale fluidized bed units. (Cont.)

Study/Application

Investigated parameters

Remarks

Garcı́a-Labiano et
al. [91],
Circulating
fluidized bed, 1D
macroscopic model
for simulation of
chemical looping
combustion and
carbon capture
processes

The effect of the carbon
separation, reactor
temperature, oxygen carrier
on the carbon capture
efficiency.

The fuel reactor temperature and the efficiency of carbon separation were the parameters which had the most influence in
the carbon capture. Using highly reactive
oxygen carrier materials was desirable for
the combustion efficiency.

Lisbona et al. [92]/
Circulating
fluidized bed/
Macroscopic model
of hydrodynamic
in single and dual
calcium looping
fluidized bed
reactors

The model parameters such
as back-flow coefficient and
the percentage of gas fed to
the loop-seal up-flowing
through the standpipe were
used in scaling the cold flow
model of the dual
circulating fluidized bed
reactor

The hydrodynamic predictions using the
modified parameters model showed good
agreement with the experimental data of
pressure drop and solids circulation in the
cold flow calcium looping single and dual
fluidized bed reactor.

Pallarès and
Johnsson [93]/
Circulating
fluidized bed/
Macroscopic
time-resolved
model of gas
mixing in fluidized
bed unites

The model took into
account the fluctuation in
the velocity and solid
concentration in both the
bubble and emulsion phases
in the dense particle region
at the bottom

Separation of the gas phase in two phases
gives a realistic representation of the gas
velocity fluctuation at the dense particle
region. The model gave good agreement
with the experimental data without a need
to adjust the model parameters.

Nikku et al. [94]/
Circulating
fluidized bed/ 3D
macroscopic model
of biomass fuel
flow in CFB

Developing a semi-empirical
gas–fuel momentum
exchange model for the fuel
flow. The proposed model
took into account the effect
of physical properties of the
fuel, namely the shape and
size

The proposed method improved the hydrodynamic modeling of the non-spherical
irregular shape fuel particles in the circulating fluidized bed. The new gas-fuel
momentum model gave good agreement
with the experimental data. The improved
semi-empirical model can be used in the
simulation of fuel flow in the large-scale
unite CFB in faster time period.

/Model
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Table 2.4: A summary review on the last 10-years development on the macroscopic
models for simulations of large-scale fluidized bed units. (Cont.)

Study/Application

Investigated parameters

Remarks

Myöhänen et
al. [95]/
Circulating
fluidized bed/
modeling of
indirect steam
gasification in
industrial fluidized
bed

Analysis of the different
phenomena occurring in the
reactors and to study the
effects of process parameters
on producer gas composition
and the cold gas efficiency

The model was successfully validated by
experimental data from literature for gasification cases. The simulation results
showed that, increasing the fuel input to
combustor increases the gasification temperature, which increases the heat value of
the produced gas slightly, but reduces the
cold gas efficiency of the system.

Xu et al. [96]/
Circulating
fluidized beds/
Simulation of the
fluid dynamics
with the transfer
of heat and mass
in the fuel reactor
and the riser for
chemical looping
combustion of coal

The effects of different
operation conditions on the
performance of in-situ
gasification chemical looping
combustion of coal in a
novel 5 kWth interconnected
fluidized bed system

The sensitivity analysis showed that the
reactor temperature is the most relevant
parameter affecting the combustion efficiency and CO2 capture efficiency. Increasing the oxygen carrier to coal ratio
increases the combustion efficiency but decreases the CO2 capture efficiency, while
increasing the volume fraction of CO2 in
the fluidizing agent has the opposite effect
on the performance of this unit.

/Model

2.7

Gibilaro-Rowe model

The majority of the macroscopic models are based on semi-empirical correlations or the
so-called Two-Phase Theory (TPT) of Toomey and Johnstone [97]. The TPT assumes
the fluidized bed is composed of two interactive phases, namely the bulk phase (emulsion
phase), and the wake phase (bubble phase). The law of mass conservation encloses this
interaction between the two phases. The G-R model assumed four mechanisms responsible
for the segregation phenomenon (see Figure 2.4). They evaluated the four mechanisms
effect on the segregation profile of three ideal binary system states, namely the perfect
mixing state, the strong segregation state, and partial segregation state. Gibilaro and
Rowe [98] derived two differential equations based on the two-phase theory to describe
the movement of jetsam bulk and wake phases in binary mixtures as follows:
β

∂CB
∂ 2 CB
+ (λ + 1 − 2CB )
+ γλ(CW − CB ) = 0
2
∂Z
∂Z

(2.43)

∂CB
+ γλ(CB − CW ) = 0
(2.44)
∂Z
where CB and CW are the jetsam concentration in the bulk and wake phases along
the axial direction, Z, and β,γ, and λ are analytical parameters expressing axial mixing/segregation, phase exchange/circulation and circulation/segregation, respectively.
λ
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Figure 2.4: The mixing and segregation mechanisms (Gibilaro and Rowe [98]).

The full model also requires two further post-processing algebraic equations describing
the average volume and mass concentration of jetsam, respectively, as follows [98, 99]:
Cave = (1 − fW )CB + fW CW

(2.45)

where fW is the volumetric wake fraction of all solids in the wake phase, as discussed in
the original publication (Gibilaro and Rowe [98]). The effect of these four coefficients of
the G-R model (β, λ, γ, and fW ) on the segregation profile is shown in Figure 2.5.
It can be seen from this figure that the value of the coefficient β is the only variable
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Figure 2.5: Effect of the G-R model coefficients on the segregation profile.
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1

to control the segregation distance and represent the average jetsam mass fraction within
the bed. The effect of λ and fW coefficients are similar, i.e. to represent the average
jetsam mass fraction within the bed. While the influence of the coefficient γ is to describe
the jetsam variation along the axial direction without changes in the segregation distance,
neither the average jetsam mass fraction. The methods of determination of G-R model
coefficients are illustrated in Appendix B.

2.8

Literature conclusion and scope of the present
study

After reviewing the previous studies, the research gaps can now be clear and based on
them, the objectives of the present study will be set. The concluding remarks of the
previous studies can be summarized as follows:
• There is no available gas-solid drag model which can give good agreement with the
experimental data for all fluidized bed regimes or all bed particle classes.
• The Energy Minimization Multi-Scale model (EMMS) is the most reliable gas-solid
model in the literature for different fluidization regimes of Geldart A systems.
• The EMMS model provides a heterogeneous scaling function for correcting the drag
force over-estimation of Wen and Yu [11] drag closure.
• The modeling of mixing/segregation phenomena of Geldart B-D binary-mixture
fluidized beds did not got sufficient research.
• The effect of viscosity closure, poly-dispersity, gas-solid, and solid-solid drag models
on the CFD simulations of bubbling binary mixture fluidized beds was not covered
with sufficient details.
• The effect of the effective thermal conductivity was found of significant improvement
of CFD simulations of the heat transfer process in the fluidized beds.
• There is no sufficient information in the previous heat transfer studies about using
temperature-dependent thermal properties of the gas and solids phases on the heat
transfer process.
• The Eulerian-Eulerian Two-Fluid Model (TFM) was found having the loin-share in
the previous heat transfer studies.
• The comprehensive macroscopic model used in the literature did not include submodels for segregation of binary-mixture fluidized beds.
Based on those concluding remarks and research gaps the present study will shed the
light on the assessment and development of the microscopic, mesoscopic, and macroscopic
modeling of the fluidized bed systems of energy industrial relevance as follows:
• Carrying out a systematic comparative study between the gas-solid drag models
available in the literature.
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• Formulation and assessment of a system-independent general formula of the bubblebased/EMMS drag model for transient system properties of energy industrial relevance.
• Studying the influence of different CFD modeling aspects on the simulation of the
segregation in the binary mixture fluidized beds.
• Performing CFD and experimental studies on the binary-mixture fluidized beds
containing large, non-spherical, and irregularly shaped particles of energy industrial
relevance such as solid refused fuel (SRF) and biomass.
• Studying the influence of the fluidized bed system properties and the operating
conditions on the heat transfer mechanism in fluidized beds.
• Developing a macroscopic model for simulation of segregation profiles of binary
mixture fluidized beds.
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Chapter 3
Methods
Modeling of fluidized beds can be performed using numerical and experimental methods,
according to the literature survey in the last chapter. The present chapter describes the
main methods used in the present study. The aim of using these methods is to provide
data that can help in the analysis of the challenging problems of modeling of fluidized
beds of energy industrial relevance.

3.1

Numerical

The numerical modeling is an important method that offers a big and diverse amount
of data about a given problem [7, 100–102]. In this study, two popular softwares in the
numerical modeling were used: Ansys FLUENT and MATLAB with student free license.
The numerical simulations included 1D, 2D, and 3D modeling of the fluid-dynamics and
thermal fields. The 1D model was solved by the boundary-value problem using the 4t h
order Runge-Kutta method with a numerical increment of 2e − 5. While the 2D and 3D
simulations were carried out by solving the Navier-Stokes equations. The Finite-Volume
method is used to convert these set of non-linear differential equations into linear algebraic
equations that can be solved using the SIMPLE algorithm (Semi-Implicit Method for
Pressure Linked Equations). The settings of the 2D and 3D CFD models were adjusted
according to the literature studies as follows:
Table 3.1: Summary of the CFD model settings.
0.90

Syamlal [61]

Specularity coefficient

0.60

KTGF [103]

Maximum packing

0.63

Time step

0.001

Gidaspow [14]

Solid-solid drag
Viscosity closure
Particle-particle
restitution coefficient

3.2

Particle-wall restitution
coefficient

Gas-solid drag

0.90

Experimental

The experimental measurements were carried out to investigate the phenomena which
are difficult to model by the current numerical capabilities. For example, the drag force
on large irregular particles of non-homogeneous composition such as SRF and biomass
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were not discussed with sufficient details in literature. It is of a significant difficulty to
model this complex nature using CFD models. Thus, the present study sheds light on
the fluidization of SRF and biomass particles in a pilot-scale fluidized bed to investigate
the effect of their concentration on the pressure drop in packed beds.
The experimental setup used in the present study consists of a pilot-scale fluidized bed
(see Figure 3.1). The bed column is made of Plexiglas and height 600 mm and an
internal diameter of 192 mm. The plenum-distributer arrangement supplies the bed
with a uniform stream of fluidization air from the bed-bottom. The distributer holes
are of 2 mm-diameter with 3 mm apart- distance. The test-rig is supplied with gas flow

Figure 3.1: A schematic of the experimental setup.

meter and pressure gauge to calculate the pressure drop through the packed bed, as
shown in Figure 3.1. A compressor provides the fluidization air stream. The air-flow
rate is controlled by a valve and measured by a rotameter. A high-speed camera of 1000
frames/s was used to capture the influence of SRF particles on the gas stream inside the
bed.
A homogeneous bed of sand (ρs = 2650 kg/m3 ) and mean particles-diameter of 810
(Szentannai and Szücs [104]) was fed into the column at different static heights to
measure the average pressure drop before adding SRF particles or biomass pellets. The
SRF particles and biomass pellet sizes and shapes are shown in Figure 3.2.
The experimental error subjected to the measurements was calculated following the
procedure stated in Holman [105]. Table 3.2 presents a list of the measured quantities in
the present study and their uncertainties.
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Figure 3.2: The accumulative size distribution and shapes of the SRF particles and
biomass pellets used in the present study.
Table 3.2: Summary of the measured quantities and their absolute uncertainties in the
present study.

Quantity

Uncertainty

Flowrate

± 50 l/h

Length

± 0.05 mm

Mass

± 0.05 g

Pressure

± 4.9 Pa
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Chapter 4
Results and discussion
In this chapter, the results of the investigations of the challenging areas in the modeling
of the fluidized beds of energy-industrial relevance will be presented and discussed. The
literature survey showed many exciting gaps such as gas-solid drag and solid-solid drag
(momentum interaction), segregation of non-spherical fuel, heat transfer model validation,
as well as the macroscopic G-R model for binary-mixture fluidized beds.

4.1

Momentum interaction

The momentum interaction includes the gas-solid momentum interaction and the solidsolid momentum interaction in the binary-mixture fluidized beds. Both the gas-solid and
the solid-solid momentum interactions are represented by empirical correlations commonly
called drag models. As there is no drag model in literature is globally verified, the present
study starts with the evaluation of the CFD model prediction using different gas-solid
and solid-solid drag closures. The comparison includes recent drag closures as well as the
commonly used ones in the literature. The following are the results of this comparative
study using experimental test cases of pilot and semi-industrial fluidized beds from the
literature of turbulent and bubbling fluidized beds containing Geldart A and Geldart B
particles, respectively.

4.1.1

Assessment of gas-solid drag models

The axial solids concentration of a fast fluidized bed is shown on Figure 4.1 for Geldart
A particles using the experimental data of Zhu et al. [106]. It can be seen here that
the CFD model gives good agreement with the experimental data only if it is integrated
with the bubble-based EMMS gas-solid drag model of Shi et al. [25]. The EMMS model
predicted a transition zone between the dense regime at the bed bottom and the dilute
regime at the top, which is in good agreement with the experimental data. While the
other solutions showed homogeneous solids concentrations along the bed axis, resulting in
poor agreement with the experimental data. Similar results were reported by the EMMS
research group in many applications [25, 26, 107].
Figure 4.2 shows a comparison between measured and simulated voidage values along with
the radial position at the height of 0.2 m above the distributor in a bubbling fluidized bed.
The experimental data were taken from Taghipour et al. [108] at fluidization velocity of
0.38 m/s. It can be seen from this figure that the numerical results of the CFD model
using the Ayeni et al. [22] gas-solid drag model gives the best match with the experimental
33
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Figure 4.1: Comparison between the CFD results of axial solids concentration using
different gas-solids drag models and experimental data of Zhou et al. [106] (ug = 0.40
m/s).

data. In this case, the characteristic peak voidage near the centerline can also be observed.
All other models show a different trend with two peaks at the mid-distance between the
centerline and the walls.
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Figure 4.2: Comparison between the CFD results of radial voidage profile at a height of
0.2 m using different gas-solids drag models and the experimental data of Taghipour et
al. [108] (ug = 0.38 m/s).

The previous results from Figure 4.1 and Figure 4.2 showed similar trend of the drag
models of Cello et al. [18], Rong et al. [21], Mazzei and Lettieri [16] with the Gidaspow [14]
drag model. Figure 4.3 shows further comparisons of the bed expansion and pressure
drop calculated using the best radial voidage prediction model (Ayeni et al. [22]) and
the best axial prediction model (Shi et al. [25]) together with the Gidaspow [14] model
predictions and experimental data of Taghipour et al. [108] system. The figure indicates
that the structure-dependent EMMS drag models of Shi et al. [25] under predicts the bed
expansion and overpredicts the bed pressure drop but with small error. Also, it was found
that the drag model of Ayeni et al. [22] gives the exact expansion ratio of the bubbling
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fluidized bed, but it underpredicts the bed pressure drop by about 18%. While, the
Gidaspow [14] model was found to give the highest over prediction error in bed expansion
ratio and acceptable bed pressure drop result with percentage under prediction error of
11.5%.
2

Bed pressure drop, kPa

Bed expansion, -
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Figure 4.3: Comparison between the CFD results of a. Bed expansion, b. Pressure drop
using different gas-solids drag models and the experimental data of Taghipour et al. [108]
(ug = 0.46 m/s).

4.1.2

Bubble-based EMMS model development

The homogeneous drag closures are the drag models which fail to predict the heterogeneous structure (bubble or cluster) in coarse-mesh simulations. In all the previous
developments of the EMMS drag model, only one homogeneous drag closure (Wen and
Yu [11]) was used as a base-function to be scaled with the heterogeneous index. This
scaling function enables the heterogeneous model to predict the sub-grid heterogeneous
structure and as a result the solids axial concentration. While, on the other hand, according to the definitions and equations used in the implementation of EMMS drag, it does
not influence the radial solids distribution. This means that the radial solids concentration will be sensitive to the base homogeneous drag closure. Thus, in the present study,
some other homogeneous drag closures were tested as a basis for the present EMMS drag.
The homogeneous drags tested are of Ayeni et al. [22], Gibilaro et al. [44], Mazzei and
Lettieri [16], Rong et al. [21], and the conventional Wen and Yu [11] closure. Figure 4.4
shows comparisons between those homogeneous drag models before and after scaling with
the heterogeneous index.
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Figure 4.4: Comparisons between homogeneous drag models used as base-function for
the present EMMS model.

It can be noticed from these comparisons that the Syamlal and O’Brien [13] model
always gives the highest value of the drag force among all the tested closures and as a
result, its heterogeneous index function gives the smallest correction factors. On the
opposite side, the Rong et al. [21] model gives the lowest drag and thus has the highest
values of correction factors. Also, Ayeni et al. [22], Gibilaro et al. [44] were found coincide
and have almost the same heterogeneous index function. Mazzei and Lettieri [16] drag was
found having the least decreasing rate compared to Wen and Yu [11] and the other models.
To optimize the homogeneous base drag closure for the EMMS drag model, experimental test cases from the literature of Geldart A and Geldart B particles (see Table 4.1)
were chosen. Figure 4.5 shows that, among the base homogeneous drag models tested
in this study, Mazzei and Lettieri [16], Rong et al. [21], Syamlal and O’Brien [13]
gave the poorest prediction accuracy. Although, in some cases like Figure 4.5, the
EMMS-Syamlal and O’Brien [13] was the best drag model to predict the gradual decrease
of solids concentration in the upper portion of the bed and similarly, in Figure 4.5 the
EMMS-Mazzei and Lettieri [16] was the most accurate model to predict the peak of
voidage in the bed core region, but in general those stated models cannot be reliable to
be a strong base homogeneous closure for the EMMS model. Also, it can be observed
that both EMMS-Ayeni et al. [22] and EMMS-Gibilaro et al. [44] can give the same
well-prediction of axial voidage (Figure 4.5) and as well both gave acceptable radial gas
36

Table 4.1: Summary of parameters of systems from literature used in the present study.

System I [108]

System II [106]

System III [109]

Gas density, kg/m3

1.225

1.225

1.225

Gas viscosity, Pa s

1.789e-5

1.789e-5

1.789e-5

Particle diameter, µm

275

65

139

Particle density, kg/m3

2500

1780

2400

Inlet gas velocity, m/s

0.38, 0.46

0.40

1.25

Reactor height, m

1.000

2.464

1.000

Bed diameter, m

0.280

0.267

0.095

Initial bed height, m

0.400

1.200

0.204

Minimum fluidization velocity, m/s

0.065

0.003

0.091

Minimum fluidization voidage, -

0.40

0.39

0.40

Particles class, (Geldart [110]), -

B

A

A/B

0.8
1

0.6
0.4

Exp - Gao et al. (2012)
EMMS-Wen and Yu (1966)
EMMS-Ayeni et al. (2016)
EMMS-Rong et al. (2013)
EMMS-Mazzei and Lettieri (2007)
EMMS-Syamlal and O-Brien (1989)
EMMS-Gibilaro et al. (1985)

0.6

Voidage, -

Height, m

0.8

0.4

0.2
0.2
0
0.5

0.6

0.7

0.8

0.9

0
-0.15

1

-0.1

-0.05

Voidage, -

0.05

0.1

0.8

Solids void fraction, -

Solids void fraction, -

0.8

0.6

0.4

0.2

0
-1

0

Radial position, m

-0.5

0

0.5

0.6

0.4

0.2

0
-1

1

r/R, -

-0.5

0
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1

r/R, -

Figure 4.5: Prediction accuracy comparisons between EMMS drag model using different
base-homogeneous closures and experimental data from literature.

and solid concentrations with a bit more improvement of results of EMMS-Ayeni et
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al. [22] on the wall-approaching regime. The commonly used in literature EMMS-Wen
and Yu [11] was the best one among the tested homogeneous drags with its gradual
solids degradation in the upper regime in the bed (Figure 4.5) and better agreement in
prediction results of bed-core voidage and solid concentration (Figure 4.5).

4.1.3

System-independent EMMS model

The EMMS is a system-dependent model i.e., the EMMS heterogeneous index function
is calculated using a Matlab code from a given system properties. In case of changes
happened in the properties of the system, the separate Matlab code should be updated
with the new system properties. This makes difficulty in simulations of such a variableproperties systems.
If we compared the heterogeneous index function with the dimensionless fluidization ratio
(ug /umf ), we can observe that the heterogeneous index line offsets with a constant distance
with the change in Reynolds number. Figure 4.6 shows that for different particulate
systems the heterogeneous index is depending fairly on the dimensionless fluidization
ratio. This guides us to correlate a system-independent heterogeneous index function

Figure 4.6: A system-independent heterogeneous index whose coefficients correlated with
the fluidization velocity ratio.

that depends only on the dimensionless fluidization ratio as shown in Figure 4.6. This
system-independent heterogeneous index can be used in simulations of systems where
the particles’ properties change (e.g., density and size) during reactive processes such as
gasification and fluid catalytic cracking.
Figure 4.7 presents a comparison among the system-dependent and system-independent
EMMS simulations. The validation with the experimental data showed no significant loss
in accuracy.
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Figure 4.7: Comparison among the system-dependent and present system independent
EMMS simulations and the experimental data of Geldart A system.

4.1.4

Solid-solid drag model validation

When speaking about the binary mixture of different density and/or sizes, the question
about the solid-solid momentum exchange arises. In the present study, two solid-solid
drag models were tested namely Syamlal [61] model (the most common model) and Chao
et al. [63] model (the most recent). Figure 4.8 shows two comparisons between those two
solid-solid drag models using Ayeni et al. [22] and Gidaspow [14] poly-disperse gas-solid
drag models. It can be observed clearly from this figure that the no-drag and Chao et
al. [63] solid-solid drag model gave poor predictions, while Syamlal [61] drag is giving
good agreement with the experimental data.

Dimensionless height, -

1
Exp - Naimer et al. (1982)
Syamlal (1987)
Chao et al. (2012)
No solid-solid drag

0.8

0.6

0.4

0.2

0

0

0.2

0.4

0.6

0.8

1

Jetsam mass concentration, -

Figure 4.8: Effect of the solid-solid drag models on binary fluidized beds simulations (ug
= 0.336 m/s, xj = 0.7).
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4.1.5

Effect of the solid viscosity closure on modeling

In the constant viscosity model (CVM), the treatment of solids particles is more similar to
that of real fluid, which has a constant bulk viscosity. While the Kinetic Theory of Granular Flow (KTGF) is a modified version of the Kinetic Theory of Gases (KTG) in which
the solids stresses are calculated using the transport equation of granular temperature.
The granular temperature is a factious variable that expresses the fluctuating velocity
of solids due to the random collisions similar to that of gases but with adding terms for
energy dissipation due to inelastic collisions of solids. There were attempted in the literature to investigate the CVM [111], but without comparing it to the KTGF. Figure 4.9
shows the effect of using two different solids viscosity closure, namely constant viscosity
model and Kinetic Theory of Granular Flow (KTGF-based) model using Gidaspow [14]
and Syamlal [61] poly-disperse gas-solid, and solid-solid drag models, respectively. It can
be noticed from this figure that there is no big difference between the two closures in the
segregation layer height (jetsam-rich layer). But rather, the difference is significant within
the upper bed region, i.e., the constant viscosity model shows better agreement.

Dimensionless height, -

1
Exp - Naimer et al. (1982)
CVM approach
KTGF appoach
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Figure 4.9: Effect of solids viscosity closure on binary fluidized beds segregation profile
(ug = 0.337 m/s, xj = 0.4).

4.1.6

Effect of the binary-mixture properties on the segregation

The particle properties of the binary system affect the fluidization process and can influence segregation behavior as well. The investigated particle properties are the sizes and
densities. From the common experience of previous studies, the density ratio of the binary
mixture is the most dominant parameter on the segregation phenomenon. Thus, three
binary systems of different density ratios (see Table 4.2) were tested. The three systems
Table 4.2: Properties of binary systems commonly used in industrial applications.

System

CaO-Sand(B)

Sand(B)-Sand(S)

Coal-Sand(S)

Size, µm

273-461

461-273

461-273

Density, kg/m3

3320-2560

2560-2560

1500-2560
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were of average weight ratio of 50%, and the particle-size ratio of ≈1.7, and fluidization
velocity of 0.337 m/s. Figure 4.10 shows a comparison of the axial concentration profiles,
void fraction contours, and velocity vectors of the two active materials (CaO and coal),
and the bigger-size sand particles. It can be noticed from this figure that the particles-size
ratio is an essential parameter on the segregation phenomenon of almost the same order
of influence of the density ratio.

Dimensionless height, -

1
CaO
Coal
Sand(B)

0.8

0.6

0.4

0.2

0
0.4

0.45

0.5

0.55

0.6

0.65

Mass concentration, -

Figure 4.10: Effect of binary system properties on the segregation profile.

In more detail, the mono-density and particles-size ratio-system “Sand(B)-Sand(S)” was
found of the strongest segregation with the bigger particles acting as jetsam. While, on the
system of density ratio of 1.7 “Coal-Sand(S)”, it was found that the inverse particles-size
ratio equalizes the density segregation resulting in a prefect mixing condition. Moreover,
the dominant particle-size ratio over the density ratio of the “CaO-Sand(B)” system made
the Calcium-Oxide (CaO) behave as a flotsam component.

4.2

Mixing of non-spherical fuel particles in binarymixture beds

The fluidized beds of energy industrial relevance use fuel particles of non-spherical shape
and of large size (2-20 mm). The literature studies did not approach this heterogeneous
nature. The non-spherical particles are difficult to model using the numerical method.
Thus, the experimental test-rig described in chapter 3 was used to model these fuel particles in binary-mixture fluidized beds. This section presents and discusses the results of
the investigations of the effect of sphericity of the particles on mixing in binary-mixture
beds (fluidized and packed).

4.2.1

SRF and biomass in packed bed

The previous literature studies of non-spherical bed particles proposed different sets of
coefficients for the packed bed pressure drop equation [112, 113]. The present study is
also aiming to formulate a modified set of coefficients of the Ergun [15] pressure drop
equation (A, B ) of packed beds containing binary-mixtures.
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∆P
(1 − εg )2 µu0
(1 − εg )ρu0 |u0 |
=A
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3
2
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εg d p
ε3g dp

(4.1)

This can be achieved by measuring the pressure drop of a homogeneous bed material such
as sand (dpm = 810 µm in the present study), then adding SRF particles to the bed and
mixing it with the sand to measure the overall pressure drop of the mixture. Practically, it
is preferable to feed the SRF or biomass into the bed to reduce the fly out behavior of such
lighter materials if injected over the bed. Thus, for effective gasification and combustion
processes, the SRF should be mixed with the bed material, and this is what the present
study is concerned with (i.e., measuring the SRF pressure drop in binary mixture packed
beds). Figure 4.11 shows the pressure drop of sand in the bed (D = 49.4 mm) with that
of sand-SRF mixtures in the same bed in comparison with the Ergun [15] pressure drop
equation.

Figure 4.11: Comparison between the measured pressure drop of sand-bed and Sand +
SRF-bed with the prediction of Ergun equation.

It can be seen from this figure that the sand pressure drop matches well with the prediction
using the Ergun equation with voidage of 0.38. While the effect of adding SRF particles
was found to decrease the pressure drop through the bed. This may be attributed to
the smooth channels that the SRF particles form inside the bed leading to minimizing
the overall bed hydrodynamic resistance. Although, at small amount of SRF (X = 2.1 5.2%wt.), there was a significant effect on the pressure drop through the packed-bed.
Unlike the significant influence of the SRF particles in the binary mixture, the wood pellets
appeared to cause a tiny decrease in the pressure drop even at higher weight ratios (15.1
- 26.3%wt.) as shown in Figure 4.12. In small concentration, the effect of non-spherical
wood-pellets can be neglected (15.1%wt.), while the effect becomes barely noticeable at
high concentration (26.3%wt.). This can be attributed to the average bed-size increase
causing higher voidage.
To generalize the influence of SRF particles on the pressure drop of a binary fluidized
bed (sand + SRF), a new set of Ergun equation coefficients should be introduced. In
the present study, fitting relations of coefficients A and B as functions of SRF weight
42

Figure 4.12: Comparison between the measured pressure drop of sand-bed and Sand +
wood pellets-bed with the prediction of Ergun equation.

concentration were proposed in the binary well-mixed bed in the range of (X ≈ 2.1 −
5.2%wt.).
A(X) = 150e−0.154X
(4.2)
B(X) = 1.75e−0.322X

(4.3)

Figure 4.13 shows the fitting curves for the Ergun equation coefficients A and B with
SRF weight concentration.

Figure 4.13: Fitting curves of Ergun equation coefficients (A and B) with the SRF mass
ratio in the binary bed (SRF+sand).

4.2.2

SRF segregation in binary bubbling fluidized bed

A comparison among the CFD model predictions and the experimental data of the flotsam
vertical concentration with the fluidization velocity is shown in Figure 4.14. The data
showed a decreasing trend of the SRF concentration at the bed bottom and the bed top
at lower fluidization velocity ratios (ur < 1.6). At elevated fluidization velocities (ur =
1.6 − 2.0), the SRF concentration was rising at the top layer and continuing decreasing at
the bottom layer but with a lower decreasing rate. While on the bed body (the middle),
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Figure 4.14: Flotsam velocity vectors and relative mass fraction at three different bed
axial regimes (bottom, middle, and top).

the SRF concentration was found stabilizing around a constant value of about 34%. The
experimental results showed closer ratios of flotsam SRF within the bed bottom, the
middle and at the top layer in the range of 0.2 to 0.4 at smaller normalized fluidization
velocities (ur < 1.5). While after this speed (ur > 1.5), the bottom-composition decrease
with a quadratic rate and the top layer concentration was found of an inverse trend to
that of the bottom layer. This behavior is clearly shown by the SRF velocity vectors,
where the motion of particles is observed of overall motion from the bottom to the top
layer.
The CFD predictions were carried out on the sand of medium jetsam particles-size of dp =
810 µm and the flotsam SRF particles of equivalent spherical mean diameter of dp = 3520
µm. Two CFD solutions were presented in this figure; the first one considering the SRF
as spherical particles (i.e., sphericity ratio = 1.00), and the other solution considers the
SRF particles as disks of sphericity ratio equals to 0.23 (Haider and Lepisvel [114]). The
choice of these two specific sphericity ratios solutions is rather for comparison between
the standard solution (sphericity ratio = 1.00) and the optimal solution (sphericity ratio
= 0.23) from among different sphericity ratio solutions (sphericity ratio = 0.33, 0.23, and
0.123) [115]. It can be clearly noticed from Figure 4.14 that the CFD model using the lower
sphericity ratio drag coefficient gives overall good agreement with the experimental data.
The lower sphericity ratio solution predicts the same concaving curve of the experimental
data of the SRF relative concentration at the bed top as well as the convex shape curve
of the SRF relative concentration at the bed body (middle). The CFD model of higher
sphericity ratio gives better results in the bed bottom regime at low fluidization velocity
ratios (ur < 1.5), while over this range, the lower sphericity solution is in good agreement
with the experimental data. The figure also shows that the CFD model using spherical
SRF particles (i.e., sphericity ratio = 1.00) can not be reliable and gives overall poor
prediction results.
The time-averaged SRF void fraction contour in Figure 4.14 shows more details about
the distribution of the SRF particles in the bed. It is observed that the SRF particles
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tend to concentrate near the walls at the bed body and this concentration near the walls
decreases linearly in the bed top, while in the bed bottom the SRF particles were found
uniformly distributed in the core with almost SRF-empty zones near the walls. Moreover,
the instantaneous velocity vectors at time = 30 s in Figure 4.14 show a strong velocity
gradient of the SRF particles in the bed core at the bed bottom and around the bed core
in the middle zone, while there was no significant velocity gradient at the bed top.
The bed material (sand) particles-mean size is an essential parameter in the fluidization
process. Thus, three sand samples of three different mean diameters (654 µm, 810 µm, and
1110 µm) were tested. Figure 4.15 shows a comparison between the SRF relative mass
fractions within three bed locations: the bottom, the middle, and the top with using
different particles-size bed material. The experimental results showed a considerable
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1

SRF relative concentration, -

Figure 4.15: Comparison between SRF relative mass fraction at different axial bed locations (bottom, middle, and top) at fluidization velocity ratio, ur = 1.6 and using different
bed material sizes.

influence of the bed material on the SRF concentration within the bed. The coarsest
mean-size bed material (dpm = 1110 µm) was found of the highest segregation behavior,
where the SRF concentration was minimum at the bed bottom and maximum in the
bed body, while moderate concentration at the bed top. The opposite was observed for
the smallest bed mean-size (dpm = 654 µm), where it was found maximum at the top,
moderate at the bottom, and minimum at the bed body (middle). The CFD results using
the modified drag coefficient of disks of sphericity ratio of 0.23 (Haider and Lepisvel [114])
was found giving overall acceptable predictions with the experimental results.

4.2.3

Effect of sphericity of the active particles

For understanding the effect of sphericity of the particles on mixing, wood particles of
similar size of 8 mm and different sphericity ratios of 1.00, 0.86, 0.69, and 0.21 were fluidized in sand (dp,m = 0.5 mm). The axial concentration of wood particles within the bed
was measured using the optical method.
Figure 4.17 presents the axial concentration of wood particles of different sphericity at
low, medium, and high fluidization velocities. It can be observed from this figure that the
lowest-sphericity particles (sphericity = 0.21) exist in the bed body (middle) with higher
concentration compared to the high sphericity particles. The bottom layer of the bed is
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Figure 4.16: Non-spherical particles shape and the measurement method.

free from wood particles over all the range of fluidization velocities ug /umf,s = 1.2, 1.8,
and 2.4, except the lowest-sphericity particles at the elevated fluidization velocities. The
spherical particles of the same size concentrate in the upper layer at low and intermediate
fluidization velocities.
In conclusion, the lower is the sphericity ratio of the wood particles the higher is the mixing. Above the sphericity of particles of 0.86, its actual value on the wood concentration
profile can be neglected at fluidization velocities of ug /umf = 1.2 − 2.4.

4.3

Thermal model validation

The present CFD model with the thermal field modeling aspects (see section 2.5) was
examined by experimental data from the literature (Yusuf et al. [85]). In this validation
test case, the bed was heated from the wall, and there were two air inlets at the bottom,
a small jet vent close to the heated wall (313 K) with a high-velocity stream (16.6 m/s),
and a uniform velocity inlet from a distributor plate at the bed bottom with a velocity
of 0.25 m/s as shown in Figure 4.18. The thermophysical properties of the validation
case at room temperature (298.5 K) are indicated in Table 4.3. The experimental data
Table 4.3: Thermophysical properties of the validation test case (Yusuf et al. [85]).

Property

Gas

Solids

Diameter, µm

-

491

Density, kg/m3

1.2

2485

Specific heat, J/(kg K)

994

737

Thermal conductivity, W/(m K)

0.026

1.0

included heat flux from the heated wall to the bed material. The unsteady local heat flux
at the height of 116.5 mm was measured by a heat flux sensor from the RDF corporation.
The numerical code was integrated with a user-defined function for the bulk thermal
conductivity of both the gas and solids phases.
For validation of the model, the numerical results were compared with the experimental
data of Yusuf et al. [85] as shown in Figure 4.19. It can be noticed that using the modified
bulk thermal conductivity instead of the microscopic thermal conductivities of the phases
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Figure 4.17: The effect of wood particles’ sphericity on the axial concentration at different
fluidization velocities ug /umf,s = 1.2, 1.8, and 2.4.

can improve the numerical solution. Also, the instantaneous heat transfer coefficient is
strongly affected by the bubbling action, where the peak values of the instantaneous heat
transfer occur when the solids are touching the heated wall between the bubbling times.
This is in good agreement with the literature [85].

4.3.1

CFD modeling of packed beds

The literature studies showed that the mesoscopic Eulerian-Eulerian Two-Fluid Model
(TFM) could handle the same prediction accuracy of the microscopic Eulerian-Lagrangian
Discrete Element Model (DEM) in the hydrodynamic and thermal fields of fluidized beds.
In this study, the validity of the TFM model in the simulation of the bubbling fluidized
bed was confirmed. On the other hand, packed beds have many industrial applications
such as thermal heat storage and grate firing boilers. Thus, the study was extended to
investigate the thermal field of the packed bed.
The experimental case from the literature of Simsek et al. [116] was used in the numerical
model assessment. In this case study, the bed is filled with particles of large size and
has similar thermophysical properties of woody biomass. The bed was initially at room
temperature and then continuously heated with inlet air in a two-stage heating process,
rapid heating from 200 - 250 ℃ at the first 200 s, then, slow heating from 250 - 300 ℃ at
the time interval from 200 - 2000 s.
Figure 4.20 shows that the TFM model is not valid for a fixed bed regime as it underpredicts the temperature gradient profile. On the other side, the DEM model was found valid
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Figure 4.18: Bed geometry and boundary conditions of validation system [85].
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Figure 4.19: Wall-to-bed heat transfer coefficient a. Comparison between the average
heat transfer coefficient of the present model and experimental data of Yusuf et al. [85]
b. Instantaneous wall-to-bed heat transfer coefficient result of the present model with
modified thermal conductivity function.

and gave an overall good agreement with the experimental data. However, the simulation
time of the DEM model is much greater than that of the TFM (approximately 10 times)
because of the higher resolution.
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Figure 4.20: Comparison between the numerical predictions using the DEM and TFM
approaches with the experimental data of a fixed bed (Simsek et al. [116]).

4.3.2

Effect of the system properties and operating conditions
on the thermal field

The development of fluidized bed thermal applications requires a sufficient understanding
of the influencing parameters on the heat transfer process. In this section, investigations
on the fluidized bed system properties and operational parameters are conducted. The
effect of the particles-size, bed-material, initial bed-temperature and fluidization velocity
was analyzed during a cooling process of a hot flat-base spouted fluidized bed. The
spouted bed is a fluidized bed with a jet fluidization flow vent in the bottom center.
The spouted bed has a low pressure drop and high local heat exchange rate due to the
effect of the fluidization jet flow. The dimensions and properties of the spouted bed
used in the present study are shown in Table 4.4. The effect of size of the particles on
Table 4.4: Dimensions and properties of the system used in the present study.

Bed height, mm

250

Gas density, kg/m3

1.225

Bed width, mm

200

Gas viscosity, Pa s

1.8e-5

Jet diameter, mm

10

Materials, -

SiO2 , CaO, ZiO2

Jet velocity, m/s

3, 5, 8

Solids density, kg/m3

2500, 3320, 3800

Solids diameter, mum

125, 250, 500

Solids thermal conductivity, W/(m K)

1.50, 2.25, 2.00

Bed initial temperature, ℃

600, 700, 800

Solids specific heat ca- 737, 783, 457
pacity, J/(kg K)

the solids temperature discharge rate is shown in Figure 4.21. It can be noticed from
this figure that the temperature decay rate of the solids increases as the particle size
increases. Although being of smaller contact area than the finer particles, the effect of
enhanced heat transfer due to particle wakes is found more dominant than the impact of
the contact surface area.
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Figure 4.21: The effect of particles-size on the solids thermal discharge rate of a spouted
fluidized bed containing sand (u = 5 m/s, Ti = 600 ℃).

Three different solid materials, namely sand (silicon oxide, SiO2 ), zirconium oxide (ZiO2 ),
and calcium oxide (CaO), were tested. The selection of those materials was based on
their chemical stability at high temperatures and their high melting temperature in
addition to their non-corrosive behavior. The comparison between those three materials
based on solids temperature decay rate is shown in Figure 4.22.
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Figure 4.22: The effect of particles material on the solids thermal discharge rate of a
spouted fluidized bed, (u = 5 m/s, dp = 500 µm).

This figure indicates that the zirconium oxide has a fast solids-temperature degradation
rate, while the silicon oxide (sand) has the lowest rate. On the other hand, the highest
specific heat capacity material (CaO) did not show the lowest heat exchange. This is
because the heat exchange does not depend only on the specific heat capacity, but also
on the thermal conductivity. In other words, here, the thermal diffusivity (αth = k/ρCp )
clarifies the difference, where the highest thermal diffusivity material has the fastest heat
exchanges, followed by the lower.
Figure 4.22 also reveals the importance of the selection between materials when designing
high thermal energy storage. For example, if the highest heat discharge rate from
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the solids is required, the zirconium oxide is the best choice. While, on the other
hand, calcium oxide presents more than just sensible heat storage as it can be used
as thermo-chemical energy storage by hydration-dehydration thermal reactions. For
economic issues, sand may be the optimum choice, especially for domestic applications.
As being the motor of the fluidization process, the effect of the jet velocity is of great
importance on the hydrodynamic field, and as a consequence, the thermal field, as shown
in Figure 4.23. It can be noticed that the higher the jet velocity, the faster the solids
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Figure 4.23: Effect of the jet velocity on the solids thermal discharge rate of a spouted
fluidized bed of sand particles (Ti = 600 ℃, dp = 500 µm).

temperature degradation rate. This factor needs more focus for the operation optimization
point of view because the increase in jet velocity is subjected to a pressure drop, and the
optimum feasible operation will be at a given jet velocity taking into account all the
thermal energy storage inputs and outputs.

4.3.3

Effect of the temperature on the thermal field

The effect of the temperature on the thermophysical properties was discussed in the literature and found of significant influence on the thermal field of the high-temperature
fluidized beds such as thermal heat storage and fluidized bed combustors. The correlations used in the estimation of the temperature-dependent thermophysical properties are
summarized in Appendix C.
Figure 4.24 shows a comparison between the temperature degradation during a thermal
discharge process in high thermal energy storage filled with sand particles and fluidized
by a jet air stream at ambient temperature.
The comparison between the temperature-independent and the temperature-dependent
thermophysical properties shows that the temperature-dependent cases have a lower temperature degradation slope than the temperature-independent solution. Also, it is indicated in this figure, the higher the temperature, the slower the temperature variation rate
in the fluidized bed. This behavior is contrary to the fact of increasing gas-solid heat
transfer coefficient with temperature. One can argue this trend due to that the decrease
in thermal diffusivity of solids with temperature is more effective than the enhancement
in the gas-solid heat transfer coefficient.
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Figure 4.24: Effect of the temperature on the solids thermal discharge rate of a spouted
fluidized bed of sand particles (u = 5 m/s, dp = 500 µm).

4.3.4

Effect of the radiation on the thermal field

The operating temperature in the fluidized bed combustor and the high thermal energy
storage is around 900 ℃. At this temperature, the effect of the radiation heat transfer
mechanism on the thermal field of the fluidized bed can not be negligible. Although it is
difficult to distinguish between the effect of the radiation and the effect of the temperature
on the gas thermophysical properties in the experimental measurements, CFD modeling
can be a proper method for showing clearly the effect of radiation mechanism on the
thermal field of the fluidized beds. Figure 4.25 presents a comparison between the CFD
model results with and without the effect of the radiation heat transfer mechanism. The
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Figure 4.25: Effect of the radiation heat transfer on the solids thermal discharge rate of
a spouted fluidized bed of sand particles (u = 5 m/s, dp = 500 µm).

radiation heat transfer mechanism is found speeding up the temperature variation rate in
the fluidized bed, which is opposite to the effect of considering the impact of temperature
on the gas and solid thermophysical properties.
52

4.4

Macroscopic G-R model development and assessment

The comprehensive fluidized bed models in the literature did not include elements for
segregation modeling. The Gibilaro-Rowe model was the most cited macroscopic model
for segregation modeling in the literature. However, all of these studies used simplified
analytical solutions of the G-R model. The problem of these solutions is that they neglect
parts of the main theory to make the mathematical integration possible. In the present
study, an overall solution of the G-R model is calculated using the 4th order Runge-Kutta
numerical integration method [117] as shown in Figure 4.26.

Figure 4.26: Flow chart of the overall G-R model calculation [117].

In this overall G-R model, the coefficients of G-R model were optimized. Then, a
new set of G-R model correlations were correlated using direct linkage with the system
properties [118]. Figure 4.27 presents the developed fitting procedure which was proposed
based on using optimum group of solutions points instead of single optimum point [118].

4.4.1

Comparison with previous 1D models

The overall G-R model was tested with all the available measured data sets of binarymixture systems in Table 4.5. The results of the overall G-R model are discussed here and
compared with the predictions of the previous theoretical 1D models. Some representative
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Figure 4.27: Overall G-R model solution contours using iterative coefficients [118].

cases can be seen in Figure 4.28. As visible, the present G-R model assures an overall
acceptable agreement with the experimental results.
Sub-figure N1 represents strong segregation behavior, the only model which predicts this
trend properly is the proposed one, while the other models even fail to give the correct
height of the segregation layer. Sub-figures N2 and N3 show partial segregating profiles,
and, it can be noticed that the current model has better agreement with the experimental
data points. Strong mixing systems were represented by sub-figures J1, J3, J5, and J6,
and it is visible that there is a good agreement between the present 1D model results
and the experimental data in most of those systems, while the inferior prediction of many
other models can be noticed. Sub-figures N4, HR2, and J4 indicated poor predictions of
the previous theoretical models where they indicate unrealistic profiles of jetsam, although
the current model shows a similar partial segregation trend.
The drawback of the present model at high jetsam concentrations can be attributed to
the fewer representative experimental cases of higher total jetsam mass fraction xj > 50%
in the calibration procedure.
The validity area of empirical and even semi-empirical models cannot be drawn based
on the validity areas of the laws of nature built-in. Accordingly, also, the validity area
of the current model can only be judged by the experimental cases that appear to be
well-modeled. So, the range of validity of the current model can be declared within the
following intervals, density ratio: 1.00 - 4.55, particles-size ratio: 0.40 - 2.00, fluidization
velocity ratio: 1.34 - 3.67.
A summary of absolute error comparison between the present model and the previous
models is summarized in Figure 4.29, which shows a lower error level of the current model
compared to the others in almost all cases.

4.4.2

Comparison with the 2D and the 3D models

2D and 3D simulations were carried out by using the Eulerian-Eulerian multi-fluid model,
which was verified for binary mixture fluidized bed simulations (Tagliaferie et al. [65]).
Both gas and solid phases were treated as a continuum and modeled by solving the fluid
flow governing equations (continuity and momentum) using a commercial code (Ansys
Fluent R18.0). The kinetic theory of granular flow was used to calculate granular stresses
in the solids momentum equations by solving the granular temperature transport equation.
The interaction between the phases was expressed by the gas-solid and the solid-solid momentum exchange terms in the momentum equations of the phase, as in the Fluent theory
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Figure 4.28: Comparison between the measured data points (symbols), the prediction of
the overall G-R model (blue lines), and previous models

guide [6]. In the present study, the Gidaspow [14] drag model was applied as the most
commonly used one. For the solid-solid momentum exchange, the Syamlal-O’Brien symmetric model (Syamlal [61]) was applied. This is one of the built-in models of FLUENT
recommended for such dense fluidized bed systems. The other computational settings are
listed in Table 4.6.
The concentration profiles are shown in Figure 4.30 of two binary-mixture systems N1 and
N2, while the absolute errors of all investigated experiments can be seen in Figure 4.31.
The comparison between the current 1D with the 2D and 3D simulations indicate comparable predictions. Also, the present G-R model is the least time-consuming model (almost
negligible).
One of the most observed findings in Figure 4.31 is that although the 3D result was more
complicated and suited well with the real experimental setup, it presented somewhat less
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Table 4.5: Binary fluidized bed systems from literature

System ID

xj

ρj /ρf

dj /df

u/umf

N1 [99]

0.100

8860/2950

273/461

0.336/0.196

J1 [119]

0.200

2476/1064

231/231

0.059/0.044

J2 [119]

0.250

2476/1064

116/275

0.036/0.019

J3 [119]

0.250

2476/2476

231/116

0.062/0.034

N2 [99]

0.400

8860/2950

273/461

0.337/0.196

N3 [99]

0.400

8860/2950

273/461

0.650/0.196

HR1 [120]

0.500

8650/2490

273/281

0.312/0.085

HR2 [120]

0.500

11320/2490

112/281

0.146/0.068

HF1 [121]

0.500

8750/2510

235/565

0.290/0.210

HF2 [121]

0.750

8750/2510

235/565

0.525/0.239

J4 [119]

0.690

2476/1064

116/275

0.045/0.026

N4 [99]

0.700

8860/2950

273/461

0.336/0.199

J5 [119]

0.750

2476/2476

231/116

0.042/0.019

J6 [119]

0.750

2476/1064

231/231

0.0478/0.030
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Figure 4.29: Comparison summary of the errors of the present model (the darkest blue
bars) and previous models.

accurate predictions compared to the 2D and 1D models as shown on sub-figure N1.
The comparison between the present 1D and both the 2D and 3D models based on an
overall error and the total computational time for a given system shown in Figure 4.31.
This figure demonstrates the feasibility of the proposed semi-empirical 1D model in the
prediction of axial jetsam concentration in binary fluidized beds. The present 1D model of
negligible computation time can give comparable results to the complex 2D and 3D mod56

Table 4.6: Computational settings for the 2D and 3D CFD simulations.

Total bed height

500 mm (2D), 300 mm (3D)

Bed diameter

147 mm

Initial bed height

110 mm

Initial bed voidage

0.45

Under-relaxation factor

0.2 (pressure, momentum, volume fraction)

Convergence criteria

1e-5 (continuity, momentum)

Computational time step (adaptive)

1e-5 - 3.5e-3 s (2D) 1e-4 – 3.5e-3 s (3D)

Maximum iteration/time step

200

Total computational time

15 s
1
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Figure 4.30: Comparison between the measured data points ( symbols), the prediction
of the current 1D model (blue line), and 2D and 3D models.
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Figure 4.31: a) Comparison summary of the errors of the present model, and 2D and 3D
models. b) Total computation time required by the present 1D model, and the advanced
2D and 3D calculations.

els requiring high computational units. Besides accuracy, also computational efficiency
is a critical characteristic of a model in several applications like real-time simulations,
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operator training, and advanced control algorithms [122].

4.4.3

Conservative G-R model

For reliable predictions over a wide range of applications, the model coefficients should be
valid, and the results should satisfy the conservation laws. The conservative G-R model
calculation achieve these goals. In this model, the G-R coefficients are iteratively corrected to give multiple solutions with a conditional command to pass only the solution
which satisfies the mass conservation, as shown in Figure 4.32. This method then allows
using the most commonly used set of coefficients which is based on bubble-bed fluid dynamics.

1

Area under
Cjt the segregation profile
(Block F)
CA = òCave(z) dz

Dz: Height segment

Segregation
profile (Block E)
Cave(z)

z

0

0

Cave

1

Figure 4.32: a) Flowchart of the conservative G-R model. b) Total mass of the jetsam
inside the bed.

In the strong segregation cases, an expression for the segregation layer thickness is proposed. The segregation layer height represents the bed-bottom layer containing 100%
jetsam in partial and total segregation conditions. While, in the strong mixing conditions, it does not have a physical indication, but rather a mathematical boundary value.
The segregation layer height can be expressed as a function of the fluidization velocity
ratio as follows:
(
15.589( uumf0 )3.76 exp[−3.275( uumf0 )4.76 ], for u0 ≤ umf,j
Yi
=
(4.4)
Cjt
−0.8,
for u0 > umf,j
where Yi is the segregation layer height and Cjt is the total volumetric jetsam concentration within the bed.
Figure 4.33 presents the validation results of the conservative G-R model against the
experimental data of density and size binary systems (see Table 4.7). The results showed
good agreement of the present conservative model and poor prediction of the standard
G-R model (without coefficient correction).
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Figure 4.33: Validation results of the conservative G-R model (continuous line), standard
G-R model (dashed line) with experimental data of density and size binary systems
(symbols).
Table 4.7: Properties of binary-mixture systems used for verification of the conservative
G-R model [119].

System ID ρj /ρf

dj /df

u/umf

G231P231

2476/1064

231/231

0.076/0.042

G231G116I

2476/2476

231/116

0.057/0.022
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Chapter 5
Conclusion
In this study, challenging problems of modeling of fluidized beds of energy-industrial relevance were analyzed and investigated. The four main challenging areas of modeling
of fluidized beds are the fluidization process, the segregation phenomena, the heat
transfer, and the macroscopic modeling of the binary-mixture fluidized beds. The
study aimed to analyze and find out solutions to these challenging problems. The literature was reviewed for the available modeling elements of recent interest and the related
research gaps. Then, numerical and experimental methods were used to collect data
through examinations and measurements. The results were analyzed and discussed to
assure the literature findings and to show new research findings that were not studied in
the literature.
In the fluidization part: the effect of gas-solid drag model selection on the CFD
model prediction was investigated using different drag model closures from the literature.
The CFD model results of these drag models were assessed by experimental data from the
literature. The validation data of bubbling and turbulent fluidized beds are corresponding
to test-rigs ranging from Lab-scale to semi-industrial scale. The assessment results showed
that the EMMS drag model of Shi et al. [25] was the best model for simulation of fluidized
beds of Geldart A system. The Wen and Yu [11] homogeneous drag model was found the
best base homogeneous model for scaling the EMMS model using the heterogeneous index
function. While on the other side, Ayeni et al. [22]) drag model was found, giving the
best prediction accuracy for the bubbling fluidized beds. A new system-independent Heterogeneous index function of Geldart A system was deduced from the system-dependent
EMMS model. This system-independent formula makes the EMMS model applicable for
transient properties systems such as gasification. The validation results showed that this
new formula gives good acceptance with the experimental data and similar to the results
of the original system-dependent EMMS model.
In the segregation phenomena investigations: the CFD model was validated using
experimental data from the literature of Lab-scale test-rigs. It was found that the constant
viscosity closure can give a better prediction of the jetsam profile than the CFD solution
using the Kinetic Theory of Granular Flow approach. The Syamlal [61] model was found
the best solid-solid drag model in the simulation of binary-mixture fluidized bed. The
effect of the binary-mixture of binary-particle-size has the same influence of the binaryparticle-density on the segregation phenomenon. The large, irregular SRF particles reduce
the overall pressure drop of the binary fixed bed. While the biomass cylindrical particles
were found having less influence on the pressure drop. In the bubbling fluidized bed of
SRF-sand binary mixture, the effect of the fluidization velocity ratio is significant. The
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rise in the fluidization velocity ratio from 1.2 to 1.5 decreases the content of the SRF
particles in the upper bed layer, increasing it with the same rate from the bottom layer,
keeping the bed body composition almost constant. The rise of the fluidization velocity
ratio from 1.5 to 2.0 was found of the opposite tend. The CFD model using Haider and
Levenspiel [114] drag coefficient on a disk of sphericity ratio of 0.23 gives overall good
agreement with the experimental data, especially at higher fluidization velocity ratios
more than 1.4. The bed particle size has a significant influence on the SRF concentration
in the bed body. The coarser the bed particle size, the higher the SRF concentration in the
bed body. The experimental investigations on the effect of sphericity of active particles
showed a significant influence on mixing. The smallest-sphericity particles (sphericity =
0.21) tend to mix with bed material more than the high sphericity particles (sphericity >
0.69).
The heat transfer model is influenced by different aspects such as; the CFD model
approach, thermophysical properties, the radiation mechanism. The Eulerian-Eulerian
Two-Fluid Model was found successful in predicting the transient and the time-averaged
heat transfer coefficient in the bubbling fluidized bed while giving poor prediction in the
fixed bed regime. The Eulerian-Lagrangian Discrete Element Model gives good agreement
with the experimental data in the fixed bed but it requires more computational time. The
effective thermal conductivity model depends on the bed voidage as well as the microscopic
thermal conductivity ratio of the solid and the gas phases. The heat transfer model with
the effective thermal conductivity model gives good agreement with the experimental
data. The effect of the temperature on the thermophysical properties of the gas and
the solid phases as well as the radiation heat transfer component tend to slow down
the temperature variation in the fluidized bed. The increase in the size of the particles,
the thermal diffusivity, and the fluidization velocity speed up the change in the bed
temperature.
The macroscopic models is used in modeling large-scale units. They require less
computational time and have good prediction accuracy. The literature comprehensive
macroscopic models did not include submodel for mixing/segregation. In the present
study, a new set of semi-empirical correlations for the macroscopic (G-R) segregation
model coefficients were proposed. These semi-empirical correlations were generated using
a developed superposition fitting of dimensionless physical and operating parameters such
as the density ratio and the fluidization ratio. The correlations are valid over the range
of experimental data used in the fitting procedure. The G-R model developed version
can be more applicable if more experimental results can be used in getting the parameter
correlations. Also, a new conservative G-R model calculation was proposed for a realistic
concentration prediction. The conservative G-R model uses the mass conservation law to
correct the concentration profile in binary-mixture beds.
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Chapter 6
Theses
6.1

Thesis I

The EMMS gas-solid model is a steady-state system-dependent model. It is scaled with
a transient drag model such as the Wen-Yu model, and the resultant scaling function is
called the heterogeneous index function. The EMMS model is the most verified gas-solid
model for simulations of fluidized beds containing Geldart A systems. The conventional
EMMS heterogeneous function is a function of the system properties. A new general,
system-independent formula of the heterogeneous index for Geldart A systems
is given as follows:

(

0.56p1 − p2 , for εg ≤ 0.56
1.0,
for ug /umf ≤ 90
(6.1)
log(Hd ) = p1 εg − p2 ,
for 0.56 < εg ≤ ε∗ , ε∗ =

0.86, for ug /umf > 90
 ∗
∗
p1 ε − p2 ,
for εg > ε
where p1 and p2 are coefficients and they can be estimated from the fluidization velocity
ratio as follows:
ug −0.9752
p1 = 35.23
+ 7.645
(6.2)
umf
|p2 |
ug 0.03075
= 3.788
− 3.471
p1
umf

(6.3)

This new general formula makes the system-dependent EMMS model applicable in
simulations of reactive particulate systems where the physical properties change with
time, such as combustion and gasification modeling.

Part of the dissertation related to this thesis [section 2.2,subsection 4.1.1,subsection 4.1.3]
Publication related to this thesis [P2,P9,P10]

6.2

Thesis II

The existence of SRF particles in binary SRF-sand packed beds reduces the overall pressure drop of the bed in the fixed state and the fluidized condition as well, even with small
SRF concentrations of X = 2.1 - 5.2%wt. While the cylindrical biomass pellets do not
have a significant influence on bed homogeneity in the range of biomass concentration of
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X = 15.1 - 26.3%wt. As a result, the viscous and kinetic loss coefficients in the
Ergun pressure drop equation should be modified according to the following
relation:
A(X) = 150e−0.154X
(6.4)
B(X) = 1.75e−0.322X

(6.5)

where A and B are the viscous and kinetic loss coefficients in the generally-used Ergun
equation, X is the amount of SRF %wt in the binary bed with sand as inert material.
Part of the dissertation related to this thesis [section 3.2, subsection 4.2.1]
Publication related to this thesis [P13]

6.3

Thesis III

In numerical modeling of irregular-shaped large-size SRF in binary bubbling
fluidized beds, the Gidaspow drag model is suitable for the simulation of
SRF segregation in the bubbling beds when using the Haider and Levenspiel
drag coefficient. 0.23 is the disk sphericity ratio, which characterizes the SRF
particles the best with absolute deviation from the experimental data less than 32%
at the elevated fluidization velocities ug /umf = 1.6 - 2.0.
Part of the dissertation related to this thesis [subsection 4.2.2]
Publication related to this thesis [P7,P8]

6.4

Thesis IV

When equal-sized, non-spherical wood particles are fluidized in sand, the
lower is the sphericity ratio of the wood particles the higher is the mixing.
Above sphericity of the particles of 0.86, its actual value on the wood
concentration profile can be neglected at fluidization velocities of ug /umf = 1.2
- 2.4.

Part of the dissertation related to this thesis [subsection 4.2.3]
Publication related to this thesis [P12]

6.5

Thesis V

The Two-Fluid Model (TFM), which is widely used in CFD simulations
of fluidized beds, is not valid for the simulation of heat transfer in packed
beds. The CFD Discrete-Element Model (DEM) gives agreement with the
experimental data of the thermal field of packed beds, but it requires at least ten
times the computational time of the TFM method.

Part of the dissertation related to this thesis [subsection 4.3.1]
Publication related to this thesis [P4,P8]
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6.6

Thesis VI

The macroscopic segregation model of Gibilaro and Rowe (G-R) gives high accuracy
prediction of the segregation profile of the binary mixture fluidized beds if an adequate
set of coefficients are applied. The optimum set of coefficients of the G-R model
can be obtained by executing the following numerical program:

Part of the dissertation related to this thesis [subsection 4.4.1]
Publication related to this thesis [P1]

6.7

Thesis VII

A new method based on the binary system properties was developed. A new set of
semi-empirical correlations was obtained using an advanced fitting method in which
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a group of minimum-error solution points is used to represent a given system
instead of one optimum point as shown in the following figure:

Part of the dissertation related to this thesis [subsection 4.4.2]
Publication related to this thesis [P5]

6.8

Thesis VIII

The specific G-R model gives better prediction results compared to the previous 1D
models and the CFD 2D/3D models as well. Besides, the overall model is faster in
computation compared to the CFD models. These advances were achieved by using the
new set of coefficients given as follows:
0.539

u−umf
umf

(6.6)

0.5 d j 0.140

u−umf
umf

(6.7)

0.534

u−umf
umf

(6.8)

0.712

u−umf
umf

(6.9)

XfW = xj 1.662 (ρj /ρf )−0.223 (dj /df )0.493 e

fw = 0.25289XfW ,

d

β = 0.01331Xβ −0.10125 ,

λ = β(32.09753Xλ ),

γ=

β(1.72223Xγ )
,
λ

Xβ = e−2.404xj (ρj /ρf )−0.471 e

f

e

Xλ = xj 1.143 (ρj /ρf )0.655 (dj /df )0.677 e

Xγ = xj 1.319 (ρj /ρf )1.120 (dj /df )−0.063 e

Part of the dissertation related to this thesis [subsection 4.4.2]
Publication related to this thesis [P5]

6.9

Thesis IX

The conservative calculation method of the G-R model gives overall realistic jetsam profile
prediction. This calculation method uses the mass conservation to correct the
G-R model coefficients iteratively by creating multiple solutions and choosing
the solution which satisfies the mass conservation. The flowchart of this conservative G-R model calculation is shown as follows:
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Part of the dissertation related to this thesis [subsection 4.4.3]

6.10

Thesis X

In the conservative G-R model calculation, the segregation layer height represents the
bottom layer of the bed containing 100% jetsam. A new expression for the segregation layer height as a function of the fluidization velocity ratio is given as
follows:
(
15.589( uumf0 )3.76 exp[−3.275( uumf0 )4.76 ] for u0 ≤ umf,j
Yi
=
(6.10)
Cjt
−0.8
for u0 > umf,j
where Yi is the segregation layer height and Cjt is the total volumetric jetsam concentration within the bed. Here, the negative value is no more than a mathematical indicator,
which represents the strong mixing cases where there is no segregation appears at the
bed bottom.
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Appendix A
EMMS model
In the present study, the solution algorithm is applied for bubble-based EMMS model (Shi
et al. [25]) in which the bubble diameter is determined by the experimental correlation
of Horio and Nonaka [123]. The solution strategy with the equations is then arranged as
follows:
• For a given system of ρg , µg , ug , ρp , up assign a large value for Ns, for example:Ns =
1e + 6.
• Traverse over values of εg between minimum fluidization voidage and 1.
• Loop for the emulsion voidage, εe in the range of ]εmf , εg [ and then estimate the
overall bubbles volume fraction δb from the following relation:
εg = (1 − δb )εe + δb

(A.1)

• Calculate the slip-velocity of the emulsion phase from the following equation:
[150

use
1 − εe 2 µg 7 (1 − εe )ρg
+
use ] 2 = (1 − εe )(ρp − ρg )g
2
4 εe d p
εe
εe d p

(A.2)

• Calculate the bubble phase acceleration by comparing the different added-mass force
definitions (Zhang and van der Heyden [124], Zuber [125]) as in follows:
Fam = Cb (1 − εe )δb ρe (ab − ae ) = σ 2 (ρp − ρg )g
ab − ae =

σ 2 (ρp − ρg )g
Cb (1 − εe )δb ρe

(A.3)
(A.4)

b
where Cb is the coefficient of added mass (Zuber [125]), Cb = 0.5( 1+2δ
), and σ 2
1−δb
is the variance of local solids concentration fluctuation and defined as in Zenit and
Hunt [126] as follows:

σ2 =

(1 − εg )2 εg 4
1 + 4(1 − εg ) + 4(1 − εg )2 − 4(1 − εg )3 + (1 − εg )4

(A.5)

• Use the emulsion phase slip-velocity to estimate the gas and solids velocity in the
emulsion phase from the following equations:
up − upe (1 − δb ) = 0
εe
use = uge − upe
1 − εe
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(A.6)
(A.7)

• Calculate the bubble rising velocity and the maximum stable bubble diameter from
the following equations:
ug − uge (1 − δb ) − ub δb = 0
dbe = [−γM + (γM 2 +
where γM = 2.56 × 10−2

(

dt 0.5
)
g

uge

4dbm 0.5 2 dt
) ]
dt
4

(A.8)
(A.9)

, and dbm = 2.59g −0.2 [(ug − uge )At ]0.4

• Calculate the mass-specific energy consumption for suspending particles from the
following relation and store the variables if Ns is minimum:
Ns =

3 Cde ρg use 2
uge + fp ug (g + ab ) → M in.
4 ρ p dp

(A.10)

where fb is the ratio of gas in the bubble phase to that in total as is given by:
fb =

δb ε b
δb εb + (1 − δb )εe

(A.11)

While the drag coefficient of the emulsion phase is given by:
Cde = 200

7
(1 − εe )µg 1
+
3
εe dp ρg use 3εe 3

(A.12)

• Calculate the momentum exchange coefficient βemms and the heterogeneous function
Hd from the following equations:
βemms =

εg 2
εg 2
Fd =
[(1 − δb )(1 − εe )(ρp − ρg )(g + ac ) + δb (ρe − ρg )(g + ab )] (A.13)
uslip
uslip
Hd = βemms /β0

(A.14)

where β0 is the homogeneous drag formula to be scaled with the heterogeneous
index, Hd .

81

Appendix B
G-R model coefficients
The G-R model coefficient can be estimated by two methods, namely the bubbles based
correlation method and the direct linkage to system properties-method which was developed during this thesis work.

B.1

The bubble-based method

Some trials have been carried out for estimation of fW as a function of bubbles average
diameter. Hartholt [120] compared between different relation for calculating the wake
fraction and found that Naimer et al. [99] correlation gives the best results. The Naimer
et al. [99] correlation calculate the wake fraction based on the angle between the flat wake
surface and the sphere tangent drawing the volume segment occupied by the solids in the
bubble bottom as follows:
fW =

1
9
θW
1
3θW
−
cos( ) +
cos(
)
2 16
2
16
2

(B.1)

where,
θW



0,
= 70(100dB − 1),


140,

for dB ≤ 0.01
for 0.01 ≤ dB < 0.03
for dB > 0.03

(B.2)

and the frontal bubble size dB can be calculated from Geldart [127]correlation as follows:
dB = dB0 + 2.05(u0 − umf )0.94 Hb

(B.3)

6.84 1 u0 − umf 2 − 1
)3 (
)5 g 5
(B.4)
π
N0
where u0 , umf are the superficial and the minimum fluidization velocities, respectively.
0
While N is the number of holes per unit area of the distributer plate. The other G-R
model coefficients can be calculated from the following expressions:
dB0 = (

0

4 α2 d2B (1 − δB )
β=
0
9H 2 1 − (1 − fW )δB
λ=

4
fW
ρ
3 0.6( j )( dj ) 13
ρf
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df

(B.5)

(B.6)

γ=

3 umf Hb
2 uB dB εmf

(B.7)
0

where the bubble rising velocity uB and the bubble volume fraction in the bed δB are
given by:
0.711
(B.8)
uB = u0 − umf + √
gdB
, and α =

B.2

uB εmf
umf

The direct linkage to system properties-method

In this method, the G-R model coefficients are correlated by an efficient fitting process
with the binary system dimensionless parameters, which affect the segregation, such as
the fluidization velocity ratio, the density ratio, and the particle-size ratio. Then, by
substituting with the binary system properties in the following correlations, the G-R
model coefficients can be obtained as follows:
fw = 0.25289XfW ,

XfW = xj 1.662 (ρj /ρf )−0.223 (dj /df )0.493 e

0.539

d

β = 0.01331Xβ −0.10125 ,

λ = β(32.09753Xλ ),

γ=

β(1.72223Xγ )
,
λ

(B.9)

0.5 d j 0.140

u−umf
umf

(B.10)

0.534

u−umf
umf

(B.11)

0.712

u−umf
umf

(B.12)

Xβ = e−2.404xj (ρj /ρf )−0.471 e

f

e

Xλ = xj 1.143 (ρj /ρf )0.655 (dj /df )0.677 e

Xγ = xj 1.319 (ρj /ρf )1.120 (dj /df )−0.063 e

83

u−umf
umf

Appendix C
Gas and solid thermophysical
properties
In this study, correlations from literature were selected for estimation of the temperaturedependent air and solid thermophysical properties as follows [128]:
Air at temperature 25 - 650 ℃ and pressure 1.013 bar (atm)
ρair (T ) = 1.274 − 0.004509T + 1.343e−005 T 2 − 2.799e−008 T 3
+ 3.561e−011 T 4 − 2.429e−014 T 5 + 6.75e−018 T 6

(C.1)

λair (T ) = 0.02477 + 0.00007298e−005 T − 2.592e−008 T 2 + 9.381e−012 T 3

(C.2)

µair (T ) = 1.743e−005 + 4.76e−008 T − 2.243e−011 T 2 + 8.118e−015 T 3

(C.3)

Cpair (T ) = 1006 − 0.008615T + 0.0006581T 2 − 7.131e−007 T 3 + 2.42e−010 T 4

(C.4)

Temperature in ℃, while for the solid phase, Tikhomirov’s correlation of temperaturedependent thermal conductivity [128]:
˘
λs (T ) = λs20 − a˘ (T − b˘ )(λs20 − c˘ )[λs20 (d˘ T )−e˘ +f˘ ]λgs20

(C.5)

And Kelley correlation of temperature-dependent thermal capacity [128]:
Cps (T ) = acp + 2bcp T − ccp T −2
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(C.6)

