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ABSTRACT
Ethanol is one of the leading candidates with respect to replacing some fraction of
fossil fuels. Currently, it is produced from sugar- and starch-containing materials.
However, the large-scale use of ethanol as fuel will require lignocellulosic biomass
to be used as raw material. The conversion of lignocellulosic material to ethanol is
more complex than ethanol production from sugar or starch. Although pilot-scale
and demonstration plants have been brought into operation recently, the process
concept has not yet been introduced to an industrial scale.
The aim of my PhD work was to investigate the lignocellulose-to-ethanol process
either by performing experiments regarding certain process steps or by constructing
and evaluating techno-economic models of the whole process. In the experimental
part, steam pretreatment of non-impregnated hemp hurds was investigated at two
reactor scales by varying the temperature. The optimal temperature of steam
pretreatment of hemp hurds for releasing fermentable sugars in enzymatic
hydrolysis and for subsequent ethanol fermentation, is 210°C in terms of overall
glucose (336 g/kg dry hurds, 75% of theoretical) and ethanol yield (141 g/kg dry
hurds, 60%). However, the maximum sugar yield (414 g/kg dry hurds, 63%),
considering glucose and xylose, can be obtained at lower temperature (200°C).
Besides steam pretreatment of hemp hurds, integrated simultaneous
saccharification and fermentation of steam pretreated wheat straw and
presaccharified wheat meal was investigated using various mixtures of the two
substrates. By increasing the amount of presaccharified wheat meal, not only the
ethanol concentration, but also the ethanol yield increased. The maximum ethanol
yield, 99% of theoretical based on glucose, was obtained for a mixture of
containing equal amounts of presaccharified wheat meal and steam pretreated
wheat straw (on a water-insoluble solids basis). Hence, mixing of the two
substrates was found to be beneficial for the final ethanol concentration and also
for the ethanol yield.
In the part of techno-economic modelling, on-site cellulase enzyme fermentation in
a softwood-to-ethanol process was investigated. The effect of varying the carbon
source of enzyme fermentation was monitored through the whole process. Liquid
fraction of steam pretreated material, the same supplemented with molasses and the
whole pretreated slurry served as carbon source. Capital cost was found to be the
main cost contributor to enzyme fermentation. Productivity of cellulase
fermentation was proved to be an important parameter in the cost of enzyme
production. The lowest minimum ethanol selling prices were obtained in those
scenarios, where pretreated liquid fraction supplemented with molasses was used
as carbon source. On-site enzyme fermentation was found to be a feasible
alternative in some of the scenarios investigated.

V

Regarding the downstream part of the lignocellulose-to-ethanol process, various
process configurations of anaerobic digestion of the stillage, with different
combinations of co-products, were evaluated versus the reference case of
evaporation. Anaerobic digestion of the stillage showed a significantly higher
overall energy efficiency (87-92%), based on the lower heating values, than the
reference case (81%). Although the amount of ethanol produced was the same in
all scenarios, the production cost varied between 4.00 and 5.27 SEK/L, including
the reference case. Anaerobic digestion of the stillage with biogas upgrading was
found to be a favourable option for both energy efficiency and ethanol production
cost.
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1

INTRODUCTION

Increasing awareness that fossil fuel resources are limited has prompted the
research for alternative fuels. Ideally, alternative fuels should not only be
ecologically sustainable, but also cheaper than fossil fuels. Ethanol is one of the
leading candidates with respect to replacing some fraction of fossil fuels. It can be
produced in large quantities from renewable raw materials at a relatively low cost.
Its introduction to the fuel market is facilitated by the following features: ethanol
can be handled and distributed similarly to petrol and diesel, it is completely
miscible with petrol, and ethanol-petrol mixtures with ethanol content up to 20%
can be used in current spark-ignited combustion engines without any major
modification.
The majority of governments also support the replacement of conventional fossil
fuels in the transportation sector with alternative ones by means of directives. The
European Commission plans to progressively replace 20% (on energy basis) by
2020 (Directive, 2003), and ethanol is expected to be one of the main means of
achieving this goal (Galbe et al., 2007).
The world annual ethanol production has shown a steady increase: 31, 51, 66
million cubic meter in 2001, 2006, 2009, respectively (Biofuels, 2011). As the
amounts used in beverages and industrial applications have remained almost
constant over this period, the growing demand for fuel ethanol is responsible for
the whole increase. The two leader countries in ethanol production are the United
States and Brazil, contributing to 43 and 27% of the total production in 2009
(Biofuels, 2011), respectively.
According to maturity and raw materials of the biochemical processes first- and
second-generation ethanol production technologies can be distinguished (Briens
et al., 2008). For the former, sugar substances and grains serve as feedstocks and
these technologies already exist on a large scale, while the latter utilises
lignocellulosic materials and involve more complex technologies that have not yet
been demonstrated on an industrial scale. Whereas sugar and starch-containing
feedstocks are limited, relatively expensive and supply the food industry as well,
lignocellulosic biomass is abundant, available at low cost and largely unused
(Tomás-Pejó et al., 2008a). However, currently the two major feedstocks used on a
full scale are corn grain and sugar cane (Biofuels, 2011).
Demonstration activities on the biochemical route of lignocellulosic ethanol
production are pursued mainly in Europe (e.g. Abengoa, Spain; BioGasol,
Denmark; Inbicon, Denmark; M&G/Chemtex, Italy; Procethol 2G/Futurol, France;
SEKAB, Sweden), in the United States (e.g. BlueFire Ethanol, KL Energy,
Mascoma, POET, QTeros, Verenium) and in Canada (Iogen). Except BlueFire
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Ethanol, which applies acid hydrolysis, all the others, either in Europe or in North
America, hydrolyse the cellulose in enzymatic way (Gnansounou and Dauriat,
2010).

1.1

Aim of the thesis

The general aim of my work was to add some novel knowledge to the
lignocellulose-to-ethanol process intensively investigated recently. I chose two
ways of gathering new information, i.e. by performing experiments regarding
certain steps of the process and by constructing and evaluating techno-economic
models of the whole process with all the interactions thereof. The models taken
from the literature or constructed by the author are described in present tenses.
Based on the two-way approach, the present work contains the results of the
following studies:
1) Optimisation of steam pretreatment of hemp hurds
2) Integrated ethanol production from wheat straw and wheat meal
3) Modelling of on-site enzyme fermentation
4) Modelling of alternative stillage treatment and production of various coproducts
The work was carried out at the Non-Food Research Group of Department of
Applied Biotechnology and Food Science, Budapest University of Technology and
Economics in cooperation with Lund University (Lund, Sweden) and CIEMAT
(Madrid, Spain). Steam pretreatment of hemp hurds was performed at the Biomass
Unit of CIEMAT. Integrated ethanol production was carried out at the Department
of Chemical Engineering of Lund University. Simulation softwares used in the
modelling studies were available at the Department of Chemical Engineering
(Lund University) and at the Department of Chemical and Environmental Process
Engineering (Budapest University of Technology and Economics).
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2
2.1

BACKGROUND
Lignocelluloses

Lignocelluloses constitute a number of materials including woody biomass,
herbaceous crops, agricultural residues, etc. Although these materials may appear
quite different, they consist of the same three main constituents: cellulose,
hemicellulose and lignin (Figure 1). Cellulose is the fibre fraction, which provides
the strength and flexibility of the cell wall. Lignin has an impregnating role, and
makes the structure more resistant to biological and chemical attacks. Cellulose and
lignin are chemically coupled by hemicellulose. Minor, but still important,
constituents are extractives and ash.

Figure 1

Constituents of lignocelluloses:
cellulose (yellow), hemicellulose (blue) and lignin (brown).

Typical compositions of some lignocellulosic materials are presented in Table 1.
The two major polysaccharides are glucan and xylan at hardwood and agricultural
residues, while at softwood they are glucan and mannan. Polysaccharides
contribute around two third to the dry matter of lignocelluloses.
Table 1

Composition of some lignocellulosic material expressed as % of
dry matter.

Raw material
Glucan
Softwood (spruce)
43.3
Hardwood (willow)
43.0
Wheat straw
32.6
Corn stover
42.5
1
Monavari et al., 2009
2
Sassner et al., 2006
3
Linde et al., 2008
4
Kálmán et al., 2002
n.r. not reported

Mannan
11.7
3.2
0.0
n.r.

Galactan
5.3
2.0
0.8
n.r.

Xylan
6.1
14.9
20.1
16.1

Arabinan
1.6
1.2
3.3
n.r.

Lignin
32.0
26.4
24.2
20.1

Ref.
1
2
3
4
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2.1.1

Cellulose

Cellulose, the major component of the plant cell wall, is the most abundant
renewable polysaccharide on earth. It is a linear homopolymer of -1,4 bound
glucose molecules, with the disaccharide cellobiose as repeating unit (Figure 2).
The chain contains between 2 000 and 20 000 glucose molecules, which are rotated
180° with respect to its neighbour. Cellulose has a strong tendency to form intrachain and inter-chain hydrogen bonds (Sjöström, 1993). Intra-chain bonds are
present between the hydroxyl group of C3 and the oxygen of C5 in the adjacent
glucose molecule. Through inter-chain bonds bundles of cellulose macromolecules
aggregate to microfibrils, in which highly ordered crystalline and less ordered
amorphous regions are combined (Hon, 1994). Microfibrils form fibrils, which
build up the cellulose fibres. The highly ordered structure and the hydrogen bonds
make the cellulose insoluble in water and alkalis (Fengel and Wegener, 1989).

Figure 2

2.1.2

Disaccharide cellobiose is the repeating unit of cellulose.

Hemicellulose

Hemicellulose is a branched heteropolymer with less resistance, more amorphous
part and lower degree of polymerisation (DP<200) than cellulose (Saha, 2003). It
mainly consists of various hexoses such as glucose, galactose, mannose and
pentoses such as xylose and arabinose, bound by -1,4 and -1,3 linkages. The
composition of hemicellulose largely depends on the origin. Hemicelluloses of
softwood, hardwood and herbaceous plant mainly contain galactoglucomannan, Oacetyl-4-O-methyl-glucuronoxylan and arabinoxylan, respectively (Harman and
Kubicek, 1998). Especially in hardwood, the majority of xylose units in the xylan
backbone are acetylated, i.e. hydroxyl groups either at C2 or at C3 are replaced by
O-acetyl groups, which are released as acetic acid, when the material is hydrolysed
(Shiraishi, 1991). Hemicellulose is more hydrophilic and can be hydrolysed easier
than cellulose. It can be solubilised in acids and concentrated bases as well (Fengel
and Wegener, 1989).
2.1.3

Lignin

Lignin is constituted from polymers of phenyl propane units (Lynd, 1996). The
primary building units are 4-hydroxyphenylpropane, guaiacylpropane, and
syringylpropane molecules, linked by ether and carbon-carbon bonds. The 4-
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hydroxyphenylpropane unit is not methoxylated, while guaiacyl and syringyl units
have one and two methoxyl groups adjacent to the phenolic hydroxyl group,
respectively. The building units are polymerised by random-coupling reactions into
a cross-linked, complex macromolecule, thus lignin lacks a general structure
(Bruce and Palfreyman, 1998). The ratio of building units varies over the species.
Softwood lignin contains mainly guaiacyl, whereas hardwood lignin contains both
guaiacylpropane and syringylpropane units. Lignin of herbaceous plants comprises
of all the three monomers. Lignin, together with cellulose, plays an important role
in strengthening the plant material (Sjöström, 1993).
2.1.4

Hemp hurds

Hemp hurds are the woody core of industrial hemp (Cannabis sativa L.), which is
one of the raw materials of the fibre industry, where bast fibres are required.
Conventionally, they are removed after dew-retting the hemp stalks in the field
(Garcia et al., 1998) or after water-retting. In these processes pectinases produced
by bacteria present on the material digest the pectin and enable fibre separation.
The residue, containing less cellulose but more hemicellulose than the fibre
fraction, is referred to as hemp hurds and has had several, minor applications so
far, such as animal bedding – due to its favourable properties: high water-absorbing
ability, easy handling and rapid composting after use –, garden mulch or a
component of light-weight concrete. In 2002, 95% of the hemp hurds produced in
the European Union (40 000 tonnes) was utilised as animal bedding, mainly as
horse bedding, whereas 4% was used in the construction sector as pour-in
insulation, hurds board and additive to bricks or loam (Karus and Vogt, 2004).
Hemp hurds constitute 70% of the stalk dry matter (Dang and Nguyen, 2006).
Industrial hemp is an attractive crop, because it requires little or no pesticides or
fertilisers, replenishes the soil with nutrients and eliminates competing weeds
(Moxley et al., 2008). In the 1960s, Hungary produced huge amounts of industrial
hemp, which has dropped significantly since then; nevertheless the conditions
(climate, soil etc.) are still appropriate for cultivation of large quantities.
Since hemp hurds are an agro-industrial by-product with a high carbohydrate
content, they are a potential candidate for second-generation fuel-ethanol
production. Vignon et al. (1995) investigated impregnated hemp woody core in a
steam explosion treatment to optimise fibre separation and delignification,
primarily by means of optical and scanning electron microscopy and compositional
analysis. Moxley et al. (2008) performed cellulose-solvent-based lignocellulose
fractionation of hemp hurds and subsequent enzymatic hydrolysis of the residual
cellulose fraction. At the best pretreatment condition (84% H3PO4 at 50 °C for 60
min), the glucan digestibility was found to be 96% at 24 h at a cellulase loading of
15 FPU/g glucan.
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2.1.5

Wheat straw

Wheat straw is an abundant agricultural residue, and is considered as one of the
potential raw materials of lignocellulosic ethanol production. The main advantage
of wheat straw in terms of ethanol production is its easily degradable structure,
which requires milder pretreatment conditions than woody biomass. Wheat straw is
tested in several pilot facilities (Solomon et al., 2007) and is the feedstock of some
demonstration plants already, such as those of Iogen (Solomon et al., 2007),
Abengoa (Gnansounou and Dauriat, 2010) and Inbicon (Persson, 2009).
The ratio of residue to grain for wheat is about 1.3:1.0 (w/w) (Milbrandt, 2005).
Generally, 30-40% of the straw is left on the field for soil protection, hence the
mass of the straw available and the mass of grain harvested are approximately the
same. Kim and Dale (2004) assumed 60% ground cover, instead of 30%, due to the
uncertainties of local situations, and estimated a global wheat straw availability of
354 million tonnes annually. The European Union produced 140 million tonnes of
wheat straw in 2006 (Tomás-Pejó et al., 2008b). The Hungarian production was 7.3
million tonnes in 2008 (KSH, 2010).

2.2

Cellulolytic enzyme systems

Cellulolytic enzymes systems play an important role in the carbon cycle, and are
produced by a number of microorganisms, including aerobes (Microbispora,
Pseudomonas), facultative anaerobes (Bacillus, Cellulomonas), anaerobes
(Clostridium, Acetivibrio) and a variety of fungal species (Trichoderma,
Penicillium, Aspergillus, Phanerochaete, Fusarium) (Coughlan, 1992). Some
anaerobic bacteria, e.g. Clostridium thermocellum, produce a multienzyme
complex referred to as cellulosome, comprising both cellulases and hemicellulases
organised around a non-catalytic integrating protein on the cell surface. It has been
proven that cellulosomes mediate attachment to the substrate, and can efficiently
break down crystalline cellulose (Xu and Smith, 2010). In contrast to anaerobes,
aerobic bacteria and fungi excrete discretely acting, non-complexed cellulases
existing as free entities in the culture medium (Ding et al., 2008).
2.2.1

Cellulases

In this section fungal cellulase enzyme systems will be discussed. Three major
types of enzyme can be distinguished: endoglucanases (EC 3.2.1.4); exoglucanases
including cellobiohydrolases (EC 3.2.1.91) and glucohydrolases (EC 3.2.1.74); and
-glucosidases (EC 3.2.1.21). In parenthesis the codes recommended by Enzyme
Commission (EC) are given. Endoglucanases attack -1,4-glycosidic bonds inside
the cellulose chain in the amorphous region liberating gluco-oligomers of various
length (Teeri, 1997). Exoglucanases act in a processive way on the ends of
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cellulose chain and on the gluco-oligomers generated by endoglucanases (Figure
3). Processive mode of action means that enzymes move along the chain cleaving
more than one glycosidic bond before being desorped from the cellulose (Jalak and
Valjamae, 2010). Cellobiohydrolases and glucohydrolases release cellobiose and
glucose, respectively, and have high affinity to crystalline cellulose (Teeri, 1997).
Final step of the cellulose-to-glucose conversion is the action of -glucosidases,
which cleave primarly cellobiose, but also longer water-soluble gluco-oligomers, to
glucose. Strictly speaking, -glucosidase does not belong to cellulases, as it does
not act on cellulose chain, however it plays an undoubtedly important role in the
efficient cellulose hydrolysis by converting the cellobiose that has strong inhibitory
effect on both cellobiohydrolases and endoglucanases (Chauve et al., 2010).

Figure 3

Mechanistic scheme of enzymatic cellulose hydrolysis by
Trichoderma non-complexed cellulase system (adapted from
Zhang et al., 2006). Endos: endoglucanases, exos:
exoglucanases, R: reducing end (•), NR: non-reducing end (o), Gase: -glucosidase.
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The most widely studied cellulolytic fungus is Trichoderma reesei, which is also
the most important cellulase producing microorganism in industrial point of view.
The principal components of the excreted enzymes are cellobiohydrolases
(CBHI/Cel7A, CBHII/Cel6A) contributing 70-80% to the total amount of enzyme
protein (Wood, 1992). In parenthesis names of enzyme component are given
according to the traditional and recent nomenclatures; the latter was proposed by
Henrissat et al. in 1998. Cel7A and Cel6A act on reducing and non-reducing ends
of cellulose chain, respectively. Beside the cellobiohydrolases, five major
endoglucanases, EGI/Cel7B, EGII/Cel5A, EGIII/Cel12A, EGIV/Cel61A, and
EGV/Cel45A, are also present in the enzyme cocktail secreted (Sipos et al., 2010).
Trichoderma reesei produces two -glucosidases, BGLI/Cel3A and BGL II/Cel1A.
Both Cel3A and Cel1A have been isolated from culture supernatants, but a large
fraction of these enzymes remains bound to the cell wall (Messner et al., 1990).
In the case of Trichoderma reesei, the production of enzymes for the utilisation of
cellulose, is induced e.g. in the presence of cellulose, products thereof, i.e.
gluco-oligomers and cellobiose; lactose and sophorose (Persson et al., 1991). The
latter is considered to be a strong inducer, because it is already active at very low
concentrations (Mandels et al., 1962). Other important feature of the wild-type
Trichoderma reesei cellulase enzyme system is that the enzyme synthesis is
repressed by glucose, the end product of cellulose hydrolysis (Mach and Zeilinger,
2003). However, the cellulase-hyperproducing Trichoderma reesei strain Rut C30
has a cre1 mutation – the general carbon catabolite repressor protein CRE1
represses the transcription of cellulase genes (Strauss et al., 1995) – due to this
mutation the Rut C30 strain produces cellulases even in the presence of glucose.
2.2.2

Hemicellulases

Beside cellulases, hemicellulases are also essential in the complete hydrolysis of
lignocellulosic substrates. They comprise a number of enzymes that are responsible
for the degradation of different types of hemicelluloses, primarily xylans and
mannans.
Hemicellulases can be placed into three general categories (Wyman, 1996). Endoacting enzymes attack the polysaccharide backbone internally producing oligomers
of varying length, e.g. endo-xylanase (EC 3.2.1.8) and endo-mannanase (EC
3.2.1.78). Exo-acting enzymes act processively at the chain ends, e.g. -xylosidase
(EC 3.2.1.37) and -mannosidase (EC 3.2.1.25) release xylose and mannose,
respectively. “Accessory” enzymes include a variety of acetylesterases (EC
3.1.1.6) and arylesterases (EC 3.1.1.2), such as coumaric acid and ferulic acid
esterases, and cleave the corresponding acids from the hemicellulose. Since these
acids serve as covalent cross-linker between hemicellulose and lignin, their release
loosens the hemicellulose-lignin interaction (Tabka et al., 2006).
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2.2.3

Synergy of cellulolytic enzymes

Cellulolytic enzymes display synergy when act on a lignocellulosic substrate. The
activity of a mixture of enzymes is higher than the activity of the individual
enzymes.
The first hypothesis for the synergy of cellulases was proposed by Reese et al.
(1950). The C1/Cx concept assumed that cellulase complex consisted of at least two
consecutive enzymes: C1 was capable to open up cellulose for Cx. In 1972, Wood
and McCrae introduced the most widely accepted hypothesis, the endo/exo
cooperation. According to this hypothesis endoglucanases initiate degradation by
hydrolysing amorphous domains in cellulose and thus generating new chain ends.
On the other hand cellobiohydrolases, which produce predominantly cellobiose
from insoluble cellulose, catalyse the recurrent removal of cellobiose units from the
non-reducing ends of cellulose chain created by endoglucanases. Fägerstam and
Petterson (1980) made the first observation of the exo/exo cooperation between the
two cellobiohydrolases of Trichoderma reesei. Some authors also observed
synergism between endoglucanases (Boisset et al., 2000, Tuka et al., 1992, Walker
et al., 1992, Zhou and Ingram, 2000). Nidetzky et al. (1994) proposed a new model
for the synergy of cellulases, which involves a sequential attack of cellulose with
no requirement for simultaneous action of different enzymes. This model provided
a possible explanation for the exo/exo cooperation between the two
cellobiohydrolases of Trichoderma reesei.
Other studies demonstrated the synergy of cellulases with non-cellulase enzymes,
including primarily hemicellulases (Han et al., 2004, Koukiekolo et al., 2005,
Morgavi et al., 2000, Murashima et al., 2003). The synergism between cellulases
and hemicellulases is believed to arise from the ability of hemicellulases to expose
the cellulose microfibrils, by either removing the hemicellulose or the
hemicellulosic sidechains (Yu et al., 2003).

2.3

Conversion of lignocelluloses

The schematic overview of the enzymatic route of lignocellulosic ethanol
production is illustrated in Figure 4. The raw material is pretreated and hydrolysed
to monomer sugars that are fermented to ethanol by a microorganism, such as
yeast. Both cellulase enzyme production and propagation of the fermenting
organism can be carried out using the sugar-containing liquid fraction of the
pretreated material. Ethanol is recovered by means of distillation, and various types
of co-product can be produced, including pelletised solid fuel, biogas, electricity
and district heat.
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Figure 4

2.3.1

Enzymatic route of the lignocellulosic ethanol process. Boxes in
the dashed rectangle can be integrated in various ways, see
Figure 7.

Pretreatment

In the context of biological processing of lignocelluloses to sugars for fermentation
to ethanol and other products, pretreatment generally refers to the disruption of the
resistant carbohydrate-lignin shield that limits the accessibility of enzymes to
cellulose and hemicellulose (Wyman et al., 2005). The considerable variation in
structure and composition of raw materials makes it difficult to establish a
generally applicable pretreatment method with optimal conditions, therefore an
empirical approach is necessary, basically for each raw material (Canettieri et al.,
2007). The pretreatment step affects all subsequent process steps, even the
wastewater treatment, as well as biomass production and handling of raw material
prior to pretreatment (Yang and Wyman, 2008). Pretreatment methods can be
divided into different categories: physical (e.g. milling, grinding and irradiation),
biological, chemical (e.g. alkali, dilute acid), physicochemical (e.g. steam
pretreatment, hydrothermolysis and wet oxidation), or combinations of these (Weil
et al., 1994).
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In most cases of physical methods (e.g. milling, grinding) power consumption is
too high to reach appropriate cellulose digestibility in the enzymatic hydrolysis. It
can be even higher than the theoretical energy content available in the biomass
(Datta, 1981). Irradiation of cellulose by gamma rays cleaves the β-1,4-glycosidic
bonds giving larger surface area and a lower crystallinity (Takács et al., 2000),
however, is too expensive to be applied in a full-scale process.
Biological pretreatments employ wood-degrading fungi (soft, brown and white rot)
to modify the chemical composition of the lignocelluloses. Generally, soft and
brown rot fungi primarily degrade the hemicellulose, while white-rot fungi can
attack the lignin fraction (Ander and Eriksson, 1977). Major disadvantages of
biological pretreatments are the long residence time (10–14 days), thus large space
requirement, and the need for careful control of growth conditions (Wyman, 1996).
Nevertheless, these methods could be used as first step followed by another
pretreatment.
Alkaline pretreatment refers to as soaking of the material in an alkaline solution,
such as NaOH, and then heating it for a certain time. The swelling increases the
internal surface area, and decreases the degree of polymerisation and crystallinity.
Usually the major fraction of lignin is solubilised together with part of the
hemicellulose that is recovered mainly as oligomer. Alkaline pretreatment proved
to be more effective on agricultural residues and herbaceous crops than on woody
materials (Galbe and Zacchi, 2007). Pretreatment using lime instead of sodium
hydroxide is especially suited for agricultural residues, e.g. corn stover (Kim and
Holtzapple, 2005), or hardwood, such as poplar (Chang et al., 2001).
Dilute acid pretreatment is performed by soaking the material in dilute acid
solution, usually below 4%, and then heating to temperatures between 120 and
200°C. The residence time varies from several minutes up to few hours. The most
widely investigated approaches are based on dilute sulphuric acid (Lloyd and
Wyman, 2005, Torget et al., 1992), since sulphuric acid is inexpensive and
effective. However, nitric acid, hydrochloric acid (Goldstein and Easter, 1992), and
phosphoric acid (Israilides et al., 1978) have also been tested. The hemicellulose is
hydrolysed and the main part is usually obtained as monomer sugars. It has been
shown that materials that have been subjected to dilute acid pretreatment may be
harder to ferment because of the inhibitors formed during the treatment (Larsson et
al., 1991).
The use of ionic liquids (e.g. 3-methyl-N-butylpyridinium chloride, 1-n-butyl-3methylimidazolium chloride and 1-allyl-3-methylimidazolium chloride) for
pretreatment has recently received attention as green solvents. Ionic liquids are
salts with very low volatility and high thermal stability (up to 300°C), and can
dissolve carbohydrates and lignin simultaneously forming hydrogen bonds between
the non-hydrated chloride ions and the hydrogen atoms of the hydroxyl groups
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while minimising formation of degradation products (Dadi et al., 2006). However,
it is still uncertain whether ionic liquids can be a feasible option in full-scale
pretreatment of lignocelluloses (Yang and Wyman, 2008).

Figure 5

Scheme of steam pretreatment unit
(adapted from Monavari et al., 2010).

Combined methods presented below are the mixture of physical and chemical
pretreatments. Steam pretreatment (formerly referred to as steam explosion) is one
of the most widely investigated and used methods for pretreatment of
lignocelluloses. The raw material is usually treated with high-pressure saturated
steam at a temperature typically between 160 and 240°C (corresponding to a
saturated steam pressure between 6 and 34 bars). At the time set, which varies from
few seconds to several minutes, some steam is rapidly vented from the reactor to
reduce the pressure, and the contents are discharged into a large vessel to flash cool
the biomass (Figure 5). During pretreatment some of the dry matter, predominantly
hemicellulose, is solubilised, and is present in the liquid phase as oligomer and
monomer sugars, meanwhile the cellulose in the solid phase becomes more
accessible to the enzymes. It has been shown that the effect of steam pretreatment,
which renders a material suitable for enzymatic hydrolysis, is more likely due to
acid hydrolysis of the hemicellulose than the “explosive” action when the pressure
is released (Galbe and Zacchi, 2007). Drawbacks of steam pretreatment are partial
degradation of hemicellulose, production of enzymes and fermentation inhibitors,
and incomplete separation of lignin and cellulose (Hendriks and Zeeman, 2009,
Sun and Cheng, 2002).
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Since hemicellulose, in particular that of hardwood and agricultural residues,
contains acetyl groups that are cleaved during the reaction forming acetic acid,
catalysis occurs, which is referred to as autohydrolysis (Fengel and Wegener,
1989). Nevertheless, impregnation with other acids such as H2SO4 or SO2 (catalyst
addition) prior to steam pretreatment has been proven to have a positive effect on
the sugar recovery through pretreatment by enabling lower temperatures and
shorter residence times (Sassner et al., 2005). Moreover, impregnation improves
enzymatic hydrolysis as well as ethanol fermentation by reducing the formation of
inhibitory compounds from sugar degradation (Duff and Murray, 1996, Saddler
et al., 1993). In some cases it is difficult to find the conditions that result in high
recovery of hemicellulose sugars, and at the same time also create a cellulose
fraction which can be easily attacked by cellulases. This may require two-step
steam pretreatment, where hemicellulose sugars are recovered at milder conditions,
while the separated cellulose fraction is subjected to pretreatment under harsher
circumstances. However, the difficulty with separation and washing of the
pretreated material (slurry) at high pressure between the two steps and the
increased capital cost are major disadvantages. Monavari et al. (2010) reported that
one-step steam pretreatment, using linear or stepwise temperature increase, resulted
in high ethanol yield and reduced formation of degradation products. They
achieved as high ethanol yield using stepwise temperature increase mode, as
obtained with one-step constant temperature pretreatment but at a significantly
shorter residence time (7 min versus 12 min), which is favourable in terms of
capital cost.
Ammonia fibre/freeze explosion (AFEX) operates at high pressure but at moderate
temperate (below 100°C), hence the formation of sugar degradation products is
minimised (Teymouri et al., 2005). Only a small amount of the solid material is
solubilised, however, the structure is changed. The hemicellulose is degraded to
oligomer sugars and deacetylated (Gollapalli et al., 2002), which is a probable
reason for that the hemicellulose remains in the solid phase. By reducing the
pressure after pretreatment, the volatile ammonia can be easily recycled.
Herbaceous and agricultural residues are well suited for AFEX. However, this
method works only moderately well on hardwoods, and is not attractive for
softwoods due to their high lignin content (Holtzapple et al., 1991). The continuous
version of AFEX is called fibre extrusion (FIBEX, Dale et al., 1999).
Pretreatment with aqueous ammonia in a flowthrough mode involves percolating
ammonia solution (5–15%) through a column reactor packed with biomass at
elevated temperatures (160–180°C). This method is also known as ammonia
recycled percolation (ARP) process since ammonia is separated and recycled.
Under these conditions, aqueous ammonia causes depolymerisation of lignin and
cleavage of lignin-carbohydrate linkages (Mosier et al., 2005). High degree of
delignification has been reported in tests with hardwood (Yoon et al., 1995) and
agricultural residues (Iyer et al., 1996).
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Hot water under pressure can penetrate the cell structure of raw material, hydrate
cellulose, and remove hemicellulose and part of the lignin (Mosier et al., 2005).
This method is referred to as hydrothermolysis, or liquid hot-water (LHW)
treatment. The pKa of water is affected by temperature: the pH of pure water at
200°C is nearly 5. In addition, hot water cleaves hemiacetal linkages and liberates
acetic acid that catalyses break down of ether linkages. An alternative approach is
based on maintaining the pH between 4 and 7 by adding KOH when the pH drops
below 4 (Weil et al., 1998). The control of pH limits the chemical reactions
occurring during pretreatment. The base differs in function from chemicals added
as catalysts in chemical pretreatment methods. The goal is to minimise degradation
by avoiding the formation of monosaccharides that degrade at high temperature,
and enzymes may be added at lower temperature for hydrolysis of the obtained
cellulose and hemicellulose oligomers. The optimal temperature has been proven to
be 180-190°C for corn stover (Mosier et al., 2005) and wheat straw (Perez et al.,
2008) and 150-160°C for corn fiber (Mosier et al., 2005).
2.3.2

Enzyme production

Enzyme fermentation (e.g. with Trichoderma) can be carried out on various types
of carbon sources: purified celluloses, lignocelluloses and soluble sugars. Purified
cellulosic substrates have been used for cellulase production in many studies, as
can be seen in the review of Persson et al. (1991), however, industrial enzyme
production requires inexpensive raw materials. Therefore, much work has been
devoted to enzyme production from lignocellulosic substrates. Due to their
recalcitrant structure, lignocelluloses have to be pretreated before being used as
carbon source in enzyme fermentation. The pretreated material consists of liquid
and solid phases, which contain water-soluble sugars and water-insoluble
polysaccharides, respectively. Hence, in enzyme fermentation either the whole
pretreated slurry (Kovács et al., 2008), or only a certain part thereof, i.e. the
separated liquid (Szengyel et al., 2000) or washed solid fractions (Juhász et al.,
2005, Szengyel et al., 2000) can serve as carbon source. During pretreatment,
inhibitory compounds are formed in the liquid phase, which can impair the
efficiency of the enzyme-fermenting microorganism. However, Szengyel and
Zacchi (2000) observed that acetic acid alone did not influence the cellulase
production, however, β-glucosidase secretion was increased with increasing acetic
acid concentration. Furfural alone proved to be an inhibiting agent resulting in a
significant decrease in both cellulase and β-glucosidase production. In the presence
of furfural, however, acetic acid, applied at low concentrations, had a positive
effect, cancelling the inhibition of furfural.
It was presumed that propagation of the cellulolytic microorganism on a certain
lignocellulosic substrate would result in an enzyme profile, which is especially
suitable for the hydrolysis of that particular material (Olsson et al., 2003).
Trichoderma proved to grow and excrete cellulases on several pretreated
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lignocellulosic material such as wheat straw (Acebal et al., 1985, Maheswari et al.,
1993), corn stover (Juhász et al., 2005), spruce (Szengyel et al., 2000), poplar
(Hayward et al., 1999), willow (Réczey et al., 1996, Szengyel et al., 1997), sugar
cane bagasse (Adsul et al., 2004, Kawamori et al., 1986).
The establishments of soluble-sugar-based cellulase production plant would
facilitate the practical application of catabolite-derepressed mutants of
Trichoderma for large-scale ethanol production (Ike et al., 2010). Carbon sources
containing soluble sugars have several advantages: (1) soluble sugars can be
obtained in bulk in many ways (molasses, hydrolysis of starch and lignocelluloses),
(2) prior to enzyme fermentation the sugar solution can be sterilised readily via
filtration, (3) in the case of batch fermentation, the concentration of carbon source
can be increased easily in order to increase productivity, without facing the
problems of mixing and mass transfer limitation.
In lignocellulosic ethanol production point of view, cellulase enzymes can be
purchased from enzyme producers or can be fermented on site. The former has the
advantage of large-scale production, maintenance of latest technology, while the
latter can provide with tailor-made solution, simplified logistics, quick and flexible
supply. Moreover, on-site enzyme production eliminates costs of enzyme
stabilisation, formulation and transportation and there are potential synergies (e.g.
sharing utilities) between the enzyme fermenting step and the main, lignocelluloseto-ethanol process (Ike et al., 2010).
2.3.3

Enzymatic hydrolysis

Enzymatic hydrolysis of cellulose is generally rate limiting in the lignocellulose-toethanol process (Lynd, 1996). Starch hydrolysis can be about 100-fold faster than
hydrolysis of cellulose under conditions anticipated for industrial processes (Zhang
and Lynd, 2004). This difference can be attributed to the smaller fraction of
accessible bonds, smaller frequency of chain ends and a much smaller fraction of
bonds cleaved in the liquid phase during hydrolysis: whereas cellodextrins are
essentially insoluble at DP > 6–10 (Miller, 1963), maltooligosaccharides are
soluble at DP up to 60 (John et al., 1982).
Main factors that influence the rate of cellulose hydrolysis are either related to the
substrate, such as accessible surface area, particle size, lignin content and
distribution, hemicellulose content, porosity; or to the enzymes, e.g. irreversible
adsorption, end-product inhibition, inactivation (Mansfield et al., 1999). Degree of
polymerisation and cellulose crystallinity have been considered as important
factors in determining the hydrolysis rate of refined cellulose substrates, however,
data from several independent investigations indicate that these parameters alone
do not explain the recalcitrance of lignocellulosic substrates (Alvira et al., 2010).
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It has been widely observed that the heterogeneous structure of cellulose gives rise
to a rapid decrease in rate as hydrolysis proceeds, although the effects of cellulase
deactivation, irreversible enzyme adsorption on lignin and product inhibition are
taken into account. The declining reactivity of residual cellulose might be a result
of less surface area and fewer accessible chain ends and/or adsorption of inactive
cellulases on the cellulose, which block further hydrolysis (Zhang and Lynd, 2004).
Addition of surfactants, in particular non-ionic surfactants such as Tween 20,
Tween 80, and polymers e.g. poly(ethylene glycol) during hydrolysis is capable of
modifying the surface property of the lignocellulosic substrate and minimising the
irreversible binding of cellulases, primarily on lignin but also on cellulose
(Börjesson et al., 2007).
It is not possible to define a single optimum for enzymatic hydrolysis since this
may shift depending on factors such as temperature, pH, residence time and dry
matter content (Galbe and Zacchi, 2002). The optimum temperature and pH is not
only a function of the raw material and the enzyme source, but is also highly
dependent on the hydrolysis time. It has often been suggested that optimal
temperature and pH are 50°±5°C and 4.0-5.0, respectively (Galbe and Zacchi,
2002). However, Tengborg et al. (2001) found that for longer residence times (>24
h), a temperature of 38°C was optimal. In general, lower solids concentrations
result in higher hydrolysis yield, especially for dry matter concentrations below
5%. Nevertheless in batch hydrolysis, the initial solid concentration should be
increased as much as possible in order to obtain high sugar concentrations and then
high ethanol titre in the fermentation broth, which is essential with respect to
decreasing the cost of downstream operations (Zaldivar et al., 2001). Jørgensen et
al. (2007) demonstrated that it is possible to perform enzymatic hydrolysis up to
40% initial dry matter (DM).
The enzyme loading has a high impact on the conversion of the cellulose.
Increasing the dosage of cellulases, to a certain extent, can enhance the glucan
conversion yield and rate of the hydrolysis, however, it also increases the cost of
the process significantly.
In 2010, Harris et al. showed that certain proteins of glycoside hydrolase family 61
(GH61) lack measurable hydrolytic activity by themselves but in the presence of
various divalent metal ions can significantly reduce the enzyme loading required to
hydrolyse lignocelluloses. By incorporating the gene for one GH61 protein into a
commercial Trichoderma reesei strain producing high levels of cellulolytic
enzymes, they were able to reduce by half the total enzyme loading.
Trichoderma-derived cellulase systems supplemented with -glucosidases from
external source showed better hydrolytic performance than those without
supplementation (Xin et al., 1993). In some cases, especially when a significant
fraction of hemicellulose remains after a less severe pretreatment, hemicellulases
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added to cellulases exhibited a significant increase in the extent of cellulose
conversion (Berlin et al., 2005).
Recycling of cellulase enzymes would be favourable in terms of process
economics, however, the presence of solid phase in the reaction mixture makes it
difficult. As mentioned above, part of enzymes irreversibly binds on the surface of
lignocellulose particles, and this part is not easy to recover (Sun and Cheng, 2002).
Another problem is that a full-scale process requires enzyme cocktail that are
optimised in terms of the ratio of individual enzyme component, and recycling
probably results in a modified composition of enzyme cocktail.
2.3.4

Fermentation

The sugars released in the pretreatment and enzymatic hydrolysis steps are
fermented to ethanol by yeast or bacteria. Desirable features of a microorganism
suitable for industrial ethanol production are the following: 1) it ferments ethanol
with high yield and productivity at as low pH as possible, 2) it has high tolerance to
ethanol and fermentation inhibitors, 3) it is able to utilise various types of sugars.
The low pH is favourable with respect to reducing the risk of contamination caused
by other microorganisms, e.g. Lactobacilli.
Saccharomyces cerevisiae is almost exclusively employed in industrial ethanol
production of first generation, since it is robust enough to perform well under
large-scale conditions. It fulfils more or less all desired features of industrially
suitable ethanologenic organism. The main drawback of Saccharomyces cerevisiae
is that the spectrum of fermentable sugars is limited: ordinary baker’s yeast is able
to utilise only hexoses (Table 2). Galactose fermentation is inducible, however, the
consumption of glucose and mannose is superior to that of galactose (Palmqvist
et al., 1996).
Although bacteria usually have a broad sugar spectrum, they do not produce
ethanol with high yields. Zymomonas mobilis is an exception, it is able to ferment
ethanol with yields even higher than that of baker’s yeast. It tolerates well the low
pH, the high sugar and high ethanol concentrations (Swings and Deley, 1977).
Major disadvantages of the wild type of this bacterium are the inability to ferment
pentoses and low tolerance towards fermentation inhibitors present in the liquid
phase of pretreated material (Olsson and Hahn-Hägerdal, 1993).
In nature, there are several yeasts and bacteria that utilise xylose and convert it into
ethanol (Table 2). Unfortunately none of these is suitable for large-scale ethanol
production. Different approaches exist for obtaining appropriate xylose-utilising
organism via genetic engineering. One option aims the insertion of xylosefermenting pathways – either fungal (Eliasson et al., 2000) or bacterial (Jeffries and
Jin, 2004) – into ordinary baker’s yeast. The recombinant Saccharomyces
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cerevisiae cells, however, have no dedicated xylose transporters, and glucose
transporters have 100-times higher affinity to glucose than to xylose, thus xylose
uptake is inhibited in the presence of glucose (Hahn-Hägerdal et al., 2001). Other
approaches try to modify natural pentose-fermenting organisms. Escherichia coli
can ferment both hexoses and pentoses, but the main product is acetic acid. Ohta et
al. (1991) constructed mutant strains of Escherichia coli, which produce ethanol
with high yields.
Table 2

Sugar-fermenting ability of wild-type ethanologenic microorganisms
(adapted from Rudolf, 2007).

Yeast
Saccharomyces
cerevisiae
Pichia
stipitis
Candida
shehatae
Bacterium
Zymomonas
mobilis

Cellobiose

Glucose

Mannose

Galactose

Xylose

Arabinose

-

+

+

+/-

-

-

+

+

+

+

+

-

-

+

+

+

+

-

-

+

-

-

-

-

During pretreatment, at elevated temperature, various kinds of compounds form,
such as sugar and lignin degradation products and organic acids, which inhibit the
fermenting microorganism. Dehydration of hexose and pentose monomers results
in hydroymethyl furfural (HMF) and furfural, respectively. The HMF can be
further broken down into levulinic and formic acids. The latter is also formed from
furfural under acidic conditions (Ulbricht et al., 1984). The lignin degradation
products are mainly phenolic compounds. Figure 6 illustrates known inhibition
mechanisms of fermentation inhibitors on baker’s yeast. These compounds affect
yeast metabolism in various ways, including extension of lag phase and reduction
of growth rate, ethanol yield, specific ethanol productivity and cell viability
(Almeida et al., 2007). To decrease inhibition and to achieve fast and efficient
fermentation several methods are available. Yeast is able to convert inhibitory
compounds to less toxic ones, hence in fed batch fermentation, controlled addition
of inhibitors can be realised, which results in simultaneous detoxification, thereby
the toxic levels can be avoided (Ballesteros et al., 2002). Yeast adaption, i.e.
increasing the capacity of yeast to resist or degrade inhibitors, can also be an
option. Even a short cultivation phase on pretreated liquid fraction significantly
improves fermentation performance (Alkasrawi et al., 2006). Detoxification, e.g.
overliming, can considerably increase the fermentability of carbon sources
containing of inhibitors, however, adds extra costs to the process, and often causes
further sugar degradation (Aden, 2008).
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Figure 6

2.3.5

Schematic view of known inhibition mechanisms of furans, weak
acids and phenolic compounds in baker’s yeast (adapted from
Almeida et al., 2007). HMF: inhibition of ADH (alcohol
dehydrogenase), PDH (pyruvate dehydrogenase) and ALDH
(aldehyde dehydrogenase), inhibition of glycolysis (either enzyme
and/or cofactors). Furfural: same as HMF, plus cell membrane
damages. Weak acids: ATP depletion, toxic anion accumulation
and inhibition of aromatic amino acids uptake. Phenolic
compounds: uncoupling, generation of reactive O2 species and
membrane damage.

Downstream operations

At first generation ethanol production, the main method for recovery of ethanol
from the fermentation broth is the distillation, and presumably it will be the same
for ethanol production of second generation. Essentially, the total amount of
ethanol is recovered from the fermentation broth in a stripping or beer column.
Alternatively, pervaporation can be applied instead of stripping (Kazi et al., 2010).
Thereafter, ethanol is concentrated in a rectifying column up to a concentration of
the ethanol-water azeotrope (about 95% ethanol by weight). If water-free ethanol is
needed, purification beyond the azeotrope point can be achieved by further
distillation in the presence of an entrainer (e.g. benzene, cyclohexane) that is
subsequently recovered, molecular sieve adsorption in zeolite columns, or
pervaporation or other membrane-based operations (Busche, 1983).
Lignin is likely to be burned as a process fuel in a large-scale industry, because
markets for most lignin-derived by-products are much smaller than the markets for
fuels. The dewatered lignin-rich solid residue is a good boiler fuel. Designs for
larger plants often involve cogeneration of electricity. For woody raw materials,
combustion of process residues is sufficient to provide all of the steam and power
required by the plant, with some electricity usually exported for sale. At present,
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Rankine cycle-based biomass combustion and power generation is applied
commercially (Lynd, 1996).
Liquid fraction of the stillage, containing non-volatile soluble components such as
unfermented sugars, can be utilised also as boiler fuel after concentration by
evaporation, or can be digested anaerobically producing biogas that can also be
burnt on site (Wingren et al., 2008), or can be exported for sale after purification.
2.3.6

Process configurations

Various kinds of coupling of enzyme production, enzymatic hydrolysis, hexose and
pentose fermentation are possible, as illustrated in Figure 7.

Figure 7

Process strategies for conversion of pretreated lignocelluloses.
Grey boxes represent combined biochemical processes, which
occur in the same bioreactor. Hydrolysis 1 in the hybrid hydrolysis
and co-fermentation (HHCF) configuration is also referred to as
liquefaction.

In case of separate hydrolysis and fermentation (SHF) the four process steps under
consideration are entirely independent from each other. The major advantage of
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SHF is the possibility to carry out both hydrolysis and fermentation at their optimal
temperature, i.e. at 40-50°C (with common cellulases) and at 30°C (in the case of
baker’s yeast), respectively. In addition, by including separation and washing steps
after the hydrolysis, and by fermenting only the liquid fraction obtained, the
ethanologenic microorganism can be recycled, and used many times in the
fermentation. However, the major disadvantage of SHF is that sugars released
during hydrolysis inhibit the enzymes (Galbe and Zacchi, 2002).
Simultaneous saccharification and fermentation (SSF) combines hydrolysis and
fermentation in one step. As the number of vessels required is reduced, the capital
cost decreases. The sugar produced in the hydrolysis is immediately consumed by
the fermenting microorganism, hence the end-product inhibition of -glucosidase
caused by glucose can be avoided, which results in higher hydrolysis rate. The low
concentration of sugars also reduces the risk of contamination. Nevertheless, reuse
of the fermenting organism is not feasible due to the residual lignin-rich solid
material. Since the temperature optima of hydrolysis and fermentation differ, a
compromise temperature (35-37°C) must be applied in SSF. Development of
thermotolerant ethanologenic strains is anticipated to improve SSF performance
considerably (Galbe and Zacchi, 2002).
When pentose fermentation is considered, two approaches exist, i.e. using two
fermenting strains, from which one is able to metabolise pentoses and the other is
an ordinary hexose-fermenter. Alternatively, with a co-fermenting strain only one
fermentation step is required. Co-fermentation eliminates the cost of some process
equipments, such as slurry separator, extra fermentors, and the cost associated with
propagation of the pentose-fermenting organism, however, at present results in
poorer xylose-to-ethanol yield (Kazi et al., 2010). When the whole hydrolysis and
co-fermentation are merged, the configuration is called simultaneous
saccharification and co-fermentation (SSCF). In the case of hybrid hydrolysis and
co-fermentation (HHCF), thermostable cellulases with a high temperature optimum
(~65°C) liquefy the pretreated material in a separate step decreasing the viscosity
rapidly, and the rest of saccharification is completed simultaneously with the cofermentation carried out at lower temperature (Aden and Foust, 2009).
Consolidated bioprocessing (CBP), combining all the four step mentioned above,
employs either thermophilic anaerobic bacteria producing cellulosome enzymes,
such as Clostridium thermocellum, or the mesophilic fungus, Fusarium oxysporum
(Lynd et al., 2002). Although CBP is an attractive option in terms of cost reduction,
the ethanol yield and ethanol tolerance of the organisms investigated are low. The
low yield is partially due to by-product formation, e.g. acetic and lactic acids.
However, recombinant strains may improve the performance of CBP in the future.
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2.4
2.4.1

Process design and economics
Process simulation

Process simulation requires a flowsheeting program such as Aspen Plus, HYSYS
or ChemCad to perform rigorous material and energy balance calculations.
Because of their flexibility, these programs have many advantages in comparing
different process configurations. They also serve as powerful tools in performing
sensitivity analyses due to the ease of changing process parameters. All
flowsheeting programs are based on modular approach where each module (e.g.
distillation column) is a mathematical model of a unit operation (e.g. distillation).
The simulation is performed by arranging different modules into a complete
flowsheet that represents the process. In most techno-economic evaluations of the
lignocellulose-to-ethanol process that have been performed in the last decade,
Aspen Plus has been used (Galbe et al., 2007). The main reasons have been the
capability of handling vapour-liquid equilibrium and solid components. The latter
are not involved in vapour-liquid equilibrium, therefore they are characterised by
fewer property parameters.
In techno-economic studies, mostly two process concepts have been investigated
regarding the biochemical route of lignocellulosic ethanol production. The main
difference between them is the way in which cellulose chain is broken down; either
dilute sulphuric acid or cellulolytic enzymes are used to hydrolyse the cellulose
(Table 3). Most evaluations performed on the enzymatic process have applied
dilute acid or steam pretreatment with acid catalyst (Gnansounou and Dauriat,
2010).
2.4.2

Economics

Thorough reviews are available in the literature about process economics of
lignocellulosic ethanol. Sivers and Zacchi (1996) gathered and compared costs
from 22 techno-economic evaluations carried out from 1982 to 1993. Galbe et al.
(2007) present a review, in which they compare the ethanol production cost
estimation of 15 studies undertaken in the United States and in Europe, published
between 1996 and 2007. The sources reviewed by Gnansounou and Dauriat (2010)
partially overlap with those of Galbe et al. (2007), however, some new evaluations
published recently are also included.
Table 3 summarises the techno-economic reports from 1995 until now. Ethanol
production cost always relates to absolute ethanol, even if the final product of the
process is not absolute ethanol. While in the review of Sivers and Zacchi (1996)
enzymatic, dilute and concentrated acid had similar share (8, 7 and 7 cases,
respectively), since 2000 almost exclusively enzymatic processes have been
assessed. Within the enzymatic way, the SSF configuration proved to be dominant
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(12 cases) over SHF, SSCF and CBP (7, 1 and 1 cases, respectively). The lowest
and the highest ethanol production costs were 0.21 and 1.16 US$/L, respectively.
The largest contributors to the ethanol production cost, i.e. the most important
parameters for the economic outcome, were the cost of raw material (30 – 90
US$/dry tonne) and the capital cost (48 – 604 million US$). The latter is strongly
influenced by the plant capacity, which also varied in a wide range (100 – 1 587
ktonne dry raw material/year).
Even if the costs were based on the same year by using indices for cost of capital,
chemicals and labour, the large differences in ethanol production cost would not
disappear. They can be explained by variations in the process design and in the
assumptions underlying the evaluations. Process variations are due to raw materials
used or conversion technologies applied (Table 3). However, the differences
originating from various assumptions in many cases overshadow the process
variations. Typical examples are differences in raw material cost (even at the same
raw material), plant capacity and investment parameters, e.g. depreciation period
and interest rate. Figure 8 shows the correlation between plant capacity and ethanol
production cost: higher capacities generally results in lower production cost.
Therefore, great care must be taken when comparing ethanol production costs from
different studies. Nevertheless, the economic studies are still valuable; they give
important information about which parts of the process are most expensive, and
where bottlenecks, which need to be addressed by further research, can be found.

Production cost (US$/L)
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Figure 8

Ethanol production cost as a function of plant capacity, adapted
from Galbe et al. (2007).
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Table 3

Type of process, capacity and production cost reported in technoeconomic evaluations published since 1995. Raw materials utilised
are given in parenthesis; A: agricultural residue, CS: Corn stover,
H: Hardwood, S: Softwood, SG: Switchgrass. For conversion from
SEK to US$ a factor of 7 SEK/US$ was used. Costs were not
updated by index.

Reference

Process

Capacity
(ODT/y)

Production Cost
(US$/L)

Sivers and Zacchi, 1995

Enz-SHF

100 000

(S)

0.61

Sivers and Zacchi, 1995

Dilute acid

100 000

(S)

0.65

Sivers and Zacchi, 1995

Conc. acid

100 000

(S)

0.64

Lynd et al., 1996

Enz-SSF

658 000

(H)

0.31

So and Brown, 1999

Dilute acid

263 000

(H)

0.36

So and Brown, 1999

Enz-SSF

268 000

(H)

0.34

Wooley et al., 1999

Enz-SSF

700 000

(H)

0.38

Aden et al., 2002

Enz-SHF

700 000

(CS)

0.28

Wingren et al., 2003

Enz-SHF

196 000

(S)

0.76

Wingren et al., 2003

Enz-SSF

196 000

(S)

0.69

Hamelinck et al., 2005
Eggeman and Elander,
2005

Enz-SSF

620 000

(H)

0.51

Enz-SSF

700 000

(CS)

0.26

Bohlmann, 2006

Enz-SHF

700 000

(A)

0.34

Wingren et al., 2008

Enz-SSF

200 000

(S)

0.59

Sassner et al., 2008

Enz-SSF

200 000

(H)

0.78

Sassner et al., 2008

Enz-SSF

200 000

(CS)

0.78

Sassner et al., 2008

Enz-SSF

200 000

(S)

0.62

Sassner and Zacchi, 2008

Enz-SSF

200 000

(S)

0.55

Sendich et al., 2008

Enz-SSCF

772 000

(CS)

0.27

Sendich et al., 2008

Enz-CBP

772 000

(CS)

0.21

Aden, 2008

Enz-SHF

701 000

(CS)

0.64

Humbird and Aden, 2009

Enz-SHF

700 000

(CS)

0.69

Laser et al., 2009

Enz-SSF

1 587 000

(SG)

0.45

Kazi et al., 2010

Enz-SHF

700 000

(CS)

0.90

Kazi et al., 2010

Dilute acid

700 000

(CS)

1.16
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2.4.3

Detailed description of some techno-economic evaluations

In this section some of the techno-economic evaluations given in Table 3 are
described in details.
The first remarkable techno-economic report of National Renewable Energy
Laboratory (NREL) was released by Wooley et al. (1999), shown in Figure 9. In
the base process, poplar is pretreated with dilute sulphuric acid at 190°C for 10
minutes. The liquid fraction is detoxified by ion exchange and overlimed, and then
an SSF step is performed on the whole slurry merged after detoxification. Part of
the pretreated slurry is used for enzyme production. In the SSF step both hexose
and pentose sugars are co-fermented to ethanol by a recombinant Zymomonas
mobilis bacterium strain. Ethanol is removed from the broth through stripping and
purified by rectification and molecular sieve adsorption to 99.7%. The stillage is
dewatered by means of centrifugation. The solids, together with the concentrated
liquid from the evaporation step, are transferred to the boiler of the combined heat
and power (CHP) plant.
The second techno-economic study of NREL (Aden et al., 2002) uses the same
framework with some modifications. The raw material is changed to corn stover,
on-site production of enzyme is replaced by purchasing commercial enzyme
preparation; instead of SSF, SHF is applied, and instead of centrifuges, separation
of the stillage stream is performed with a belt filter.

Figure 9

Process scheme designed by Wooley et al., 1999.

In the version of NREL model updated for 2007 (Aden, 2008) NH4OH is used as
alternative conditioning agent instead of lime. An experimental screening study
identified circumstances of conditioning, at which treatment with NH4OH resulted
in negligible sugar losses and improved fermentation yields. However, the
improved fermentation yields is not captured in the model, since relatively high
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ethanol yields (85% glucose conversion, 76% xylose conversion) are already
applied. When lime is used as a conditioning agent, it is applied to the liquid
fraction only (Figure 9), since it does not disperse well in the slurry. However,
NH4OH is added in solution, and has good dispersing ability in the slurry, hence
the expensive solid-liquid separation equipment could be eliminated from the
process. Nevertheless, this elimination is not implemented in the model.
In the update for 2008, released by Humbird and Aden (2009) an “oligomer hold
step” (a secondary mild hydrolysis) is added after pretreatment to convert xylooligomers into xylose to reach the target xylan conversion of 75%, since pilot-scale
results in the pretreatment area showed insufficient xylan conversion for the
continuous horizontal reactor used. The addition of this extra step is relatively
inexpensive, and is compensated by an increase in conversion of xylose to ethanol
(from 76% to 80%).
Kazi et al. (2010) published a detailed report based on the 2002 design of NREL.
On equal basis, 7 process alternatives were compared in terms of ethanol
production cost. In 3 scenarios various pretreatment methods (dilute acid, hot water
and AFEX) were compared, while other process steps remained the same as in the
2002 design. In other 3 scenarios alternative technologies (separate fermentation of
C5 and C6 sugars, on-site enzyme production, and pervaporation) were assessed at
the same (dilute acid) pretreatment. One case with a two-step dilute acid hydrolysis
was also investigated, i.e. acid catalysed the hydrolysis of both hemicellulose and
cellulose. The lowest production cost was obtained at the scenario of dilute acid
pretreatment with the base design.
In the following part, some techno-economic evaluations from Lund University
(Lund, Sweden) are presented.
Wingren et al. (2003) modelled a softwood-based ethanol process based on SO2catalysed steam pretreatment. Two configurations, one based on SSF and the other
on SHF, were evaluated and compared. The process parameters of pretreatment,
SHF and SSF steps were adjusted to experimental data. Both enzymes and yeast
(hexose fermenting Saccharomyces cerevisiae) are assumed to be purchased. In
both configurations filtration is applied prior to distillation: either between the
hydrolysis and fermentation at SHF configuration, or after SSF. The 94 wt-%
ethanol obtained by rectification is considered as final product. The stillage is
concentrated by evaporation, and the syrup, together with the solid fraction coming
from the filtration, is dried. The solid residue obtained is incinerated to supply the
process with steam and the excess is pelletised, and sold as solid fuel. The
configuration of SSF was found to be less expensive, primarily due to the lower
capital cost and the higher overall ethanol yield.
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Wingren et al. (2008) also compared various downstream alternatives to decrease
the energy demand of the softwood-to-ethanol process. In the base case, some
modifications are introduced regarding the former process model. Yeast is assumed
to be produced directly in the fermentors prior to the start of SSF, which is the
exclusive fermentation configuration in the study. Solid-liquid separation is
performed after distillation: the stillage stream is sent to two decanter centrifuges
operating in parallel. The evaporation concentrate and the solid fraction of the
stillage are co-dried. The alternative configurations include the following options:
1) the number of effects in the evaporator is increased; 2) the number of strippers
(from two to one) is reduced, and the stripper is integrated with the evaporator; 3)
mechanical vapour recompression is used to increase the temperature of the latent
heat leaving the last effect, hence a significant part of the primary steam can be
replaced, however, the recompression requires supplementary electrical energy; 4)
anaerobic digestion of the liquid fraction of stillage is implemented, and the biogas
fuels the steam boiler. Both anaerobic digestion and mechanical vapour
recompression options resulted in lower overall energy demand and ethanol
production cost than the base case.
Sassner et al. (2008) compared the techno-economic performance of three different
lignocelluloses: willow, corn stover and spruce. The process model is a modified
and extended version of that used by Wingren et al (2008). Yeast cultivation takes
place in separate propagation tanks, and separation of the stillage is carried out
with a filter press. A model of wastewater treatment was added, which consisted of
anaerobic digestion followed by an aerobic treatment step. During these steps
sludge forms, however, further treatment of sludge is neglected in the technoeconomic model. The evaporated syrup, part of the dried solid and the biogas
produced in anaerobic digestion are incinerated in the steam boiler to cover the
heat demand of the process. Similar trends were observed for the three raw
materials when varying important process parameters, which implied that the
process configuration employed determined the outcome to a greater extent than
the choice of raw material.
Sassner and Zacchi (2008) compared various options for the utilisation of solid
residue formed in a spruce-based process, such as production of pellets, electricity
and heat for district heating, in terms of overall energy efficiency and ethanol
production cost. In the model used in their study the overhead vapour of the
rectifier is dehydrated by means of molecular sieve adsorption to 99.8 wt%. Only
part of the solid fraction, which is later pelletised, is dried. The heat demand of the
ethanol process is covered by a CHP plant. With the assumed prices of coproducts, utilisation of the solid residue for heat and power production was found
to be an economically favourable option.
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3
3.1

MATERIALS AND METHODS
Raw materials

In the experimental work hemp hurds, wheat straw and wheat meal were used as
polysaccharide containing raw materials. In the techno-economic studies sprucebased ethanol processes were investigated.
Industrial hemp (Cannabis sativa L.) was cultivated by Hungarohemp (Nagylak,
Hungary). The 1.5-2.5 m-long hemp stalks were retted, dried, and then crushed by
finned rolls. The fibres remained more or less intact, whereas the hemp hurds were
broken into 1-2 cm-long pieces with a width of 1–5 mm. Hemp hurds were used for
steam pretreatment at that size. Hemp hurds investigated contained 40.1%
cellulose, 19.6% hemicellulose and 21.7% lignin.
Wheat straw was provided by Lunds Civila Ryttarförening (Lund, Sweden). It was
chopped in a hammer mill and sieved to obtain a fraction of 2-10 mm. It comprised
38.8% cellulose, 31.3% hemicellulose and 18.5% lignin.
Wheat meal (dried-milled wheat grain) with an average particle size of 2.5 mm was
received from Sileco (Halland, Sweden). It consisted of 72.7% starch and 24.3%
starch-free residue. The latter is composed of 17.5% cellulose, 24.5%
hemicellulose, 18.2% lignin (on dry matter basis of starch-free residue).
Table 4

Assumed composition and potential ethanol yield of spruce chips
applied in the techno-economic analyses.

Glucan (%)
Mannan (%)
Galactan (%)
Xylan (%)
Arabinan (%)
Lignin (%)
Potential ethanol yield from
hexoses (L/dry tonne)

On-site CEF
(preliminary)
44.0
13.0
2.3
6.0
2.0
27.5

On-site CEF
(modified)
37.9
9.9
1.8
4.3
1.3
28.0

Alternative
stillage treatment
43.5
12.8
2.1
5.1
1.5
29.4

426

356

420

The assumed compositions of spruce applied in the techno-economic analyses are
presented in Table 4. They were determined at Lund University (Lund Sweden) by
analysing three batches of spruce chips in three different years according to the
standardised method of NREL described in Section 3.3. The reason of changing the
input of the process model (e.g. composition of raw material, sugar recovery of
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steam pretreatment, conversion of enzymatic hydrolysis, yield of fermentation)
between the techno-economic analyses is that the most up-to-date experimental
results were used as input data. As spruce contains a significant amount of mannan
in its hemicellulose, the potential ethanol yield from hexose sugars is relatively
high, e.g. compared to that of agricultural residues.

3.2

Enzymes

Amylolytic enzymes
α-Amylase (Termamyl SC; Novozymes A/S, Bagsværd, Denmark) and
amyloglucosidase (Spirizyme Fuel; Novozymes) amylolytic enzymes were used for
starch liquefaction and saccharification, respectively. The amylolytic activity of
these enzymes were not measured; the amylolytic enzymes were loaded based on
their weight according industrial recommendation (Destexhe et al., 2004).
Cellulolytic enzymes
In enzymatic hydrolysis and SSF experiments, cellulase (Celluclast 1.5 L and
NS50013) and β-glucosidase (Novozym 188 and NS50010) enzyme preparations
(all from Novozymes) were used. Cellulase preparations had an activity of~65
filter paper units (FPU)/g enzyme solution, determined by the IUPAC protocol
(Ghose, 1987), and ~33 international unit (IU)/g enzyme solution β-glucosidase
activity according to the method of Berghem and Petterson (1974). Novozym 188
and NS50010 preparations had a β-glucosidase activity of ~350 IU/g enzyme
solution.

3.3

Compositional analysis

The carbohydrate and lignin contents were determined according to the NREL
standardised method (Sluiter et al., 2008c). Oven-dried samples to be analysed
were milled and sieved to a mesh size of 1 mm. They were treated in a two-step
acid hydrolysis with 72% H2SO4 for 1 h at 30°C and then with 4% H2SO4 for 1 h at
121°C. Sugar contents of the supernatants were analysed with HPLC (highperformance liquid chromatography). The dried residue consisted of acid-insoluble
lignin and acid-insoluble ash. Total ash and acid-insoluble ash contents were
measured by ashing the sample at 575°C for at least 4 h until the sample weight
was constant (Sluiter et al., 2008a). To determine the total sugar content in the
liquid fraction of the pretreated material, samples were treated with 4% H2SO4 for
at least 30 min at 121°C (Sluiter et al., 2008b). Sugar contents were determined by
HPLC.
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Non-volatile water and ethanol extractives were determined by means of
accelerated solvent extraction (ASE) according to the NREL protocol (Sluiter
et al., 2008d). ASE was performed on the 0.18-0.85 mm fraction of the raw
material (Hames et al., 2008). Non-volatile extractives remaining in the flask after
evaporation were measured by weight after drying at 105°C.
In compositional analyses presented so far, at least duplicates were run.
Starch content was determined in two-step enzymatic hydrolysis consisting of
liquefaction and saccharification. The dry matter content was set to 35%. In the
first step the material with 0.5 g/kg DM Termamyl SC was liquefied at 85°C, at pH
5.5 for 3 h. In the second step Spirizym Fuel was added at the ratio of 0.5 ml/kg
DM at pH 4.2 and the mash was treated at 60°C for 24 h to carry out total starch
hydrolysis. The saccharified mash was filtered and the glucose content of the
supernatant was measured by HPLC. The washed solid residue is referred to as
starch free residue. By now the author is aware that at 35% DM significant glucose
reversion occurs during the saccharification step, however, this fact was unknown
for him, when these measurements were carried out. The reason for setting the dry
matter content to 35% was that industrial enzymatic starch liquefaction is
performed at 30-35% DM. Since the starch content was determined by measuring
the liberated glucose, it was underestimated due to glucose reversion. Wheat meal
was presaccharified similarly, except for the time of saccharification, which was 2
h instead of 24 h.

3.4

Steam pretreatment

Steam pretreatment of hemp hurds and wheat straw was performed at the Biomass
Unit of CIEMAT (Madrid, Spain) and at the Department of Chemical Engineering,
Lund University (Lund, Sweden), respectively.
3.4.1

Steam pretreatment of hemp hurds

The steam pretreatment units have been described by Ballesteros et al. (2004). Five
pretreatments were performed for 10 min without impregnation at 220 and 230°C
in a 2-L reactor as well as at 200, 210 and 220°C in a 10-L reactor (Figure 10) to
study the effect of temperature and reactor size. The two reactors investigated
differed in their temperature profile; heating and cooling phases lasted longer in the
case of the 10-L reactor. Dry matter loading was 200 g in the 2-L reactor and 500 g
in the 10-L reactor, and air-dry material was fed to the reactor. The efficiency of
pretreatment was evaluated in terms of sugar recoveries after pretreatment,
polysaccharide conversions in enzymatic hydrolysis, and ethanol yields obtained in
SSF.
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1)

2)

Figure 10

3.4.2

Steam pretreatment unit at CIEMAT (Madrid, Spain):
1) 10-L reactor, 2) flash cyclone.

Steam pretreatment of wheat straw

The wheat straw was immersed in aqueous solution containing 0.2% H2SO4 at a
liquid:dry straw weight ratio of 20. It was stored in sealed buckets for 1 h and then
it was squeezed to an average dry matter content of 43%.
Steam pretreatment was performed in a unit, which has been described by
Palmqvist et al. (1996), comprising a 10 L pressurised vessel, and a flash cyclone.
Each batch fed into the reactor was 600 g in wet weight. Previously optimised
conditions for wheat straw were applied (Linde et al., 2008), i.e. the temperature
was maintained at 190°C for 10 min. The total solids recovery obtained was 79%.
Almost 100% of the glucose was recovered, based on the original amount in the
raw material, of which 95% was recovered in the solid fraction. The recovery of
xylose, which is the main sugar in hemicellulose, was 65% and 2%, in the liquid
and solid phases, respectively.

3.5

Enzymatic cellulose hydrolysis

Enzymatic hydrolysis of the washed solid fraction was carried out in shake flasks
in a reaction volume of 25 mL at a water-insoluble solid (WIS) content of 5% at
50°C and 150 rpm using NS50013 and NS50010 enzymes. Enzyme loading of NS
50013 was 15 FPU/g WIS and the volumetric ratio of NS50010 to NS50013 was
0.1. Sodium citrate buffer (0.05 M) was used to maintain pH at 5.0. Triplicates
were incubated for 72 h. Released sugars were analysed by HPLC.
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3.6

Simultaneous saccharification and fermentation

3.6.1

Shake flask experiments

Non-sterile simultaneous saccharification and fermentation of washed fibre fraction
of pretreated hemp hurds was performed in shake flasks in a volume of 50 mL at a
WIS content of 10% by applying commercial enzyme preparations (NS50013,
NS50010) and hexose fermenting Saccharomyces cerevisiae (DER-CIEMAT
Culture Collection No. 1701) at 32°C. Enzyme loading of NS 50013 was 25 FPU/g
glucan. Volumetric ratio of NS50010 to NS50013 and agitation speed were 0.1 and
150 rpm, respectively. Yeast extract, NH4Cl, KH2PO4 and MgSO4·7H2O were
added in final concentrations of 5, 2, 1 and 0.3 g/L, respectively. Flasks were
inoculated with a 4% (v/w) S. cerevisiae culture. Sodium citrate buffer (0.05 M)
was used to adjust the initial pH to 5.0. Triplicates were incubated for 72 h. Ethanol
was measured by gas chromatography.
3.6.2

Experiments in laboratory fermentors

SSF experiments were performed in 2-L laboratory fermentors with a total weight
of 1.4 kg. Presaccharified wheat meal (PWM), slurry of steam pretreated wheat
straw (SPWS) and various mixtures of these were used as substrates in SSF at a
total WIS content of 5% (Table 5). The PWM to SPWS WIS ratio for the
investigated four mixtures (A to D) was 0.15, 0.3, 0.4 and 0.5, respectively. When
SSF was performed on pure PWM, the WIS content was set to 2.8% (Table 5).
Table 5

Details of substrates used in the SSF experiments carried out in
laboratory fermentors. Total weight: 1400 g, DM of PWM: 27%,
WIS of PWM: 9%, DM of SPWS: 11%, WIS of SPWS: 8%.

Substrate Mass (g)
PWM
SPWS
SPWS
Mixture A
Mixture B
Mixture C
Mixture D
PWM

124
247
329
412
465

921
783
645
553
461
-

Glucose equivalent (%)
PWM
WIS
Liquid
0.1
2.5
0.3
5.0
0.4
6.6
0.5
8.3
0.5
9.4

SPWS
WIS
Liquid
3.7
0.2
3.2
0.2
2.6
0.1
2.2
0.1
1.9
0.1
-

The SSF experiments were performed using Celluclast 1.5L and Novozym 188,
added at a dosage of 15 FPU/g glucan and 17 β-glucosidase IU/g glucan,
respectively. The fermentor loaded with the steam pretreated material and the
nutrients were sterilised separately at 121°C for 20 min, while PWM was not
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sterilised. S. cerevisiae (ordinary baker’s yeast) was suspended in sterilised water
and added to the fermentor at a concentration of 5 g DM/L. As nutrients
(NH4)2HPO4, MgSO4·7 H2O and yeast extract were used at a concentration of 0.5,
0.025 and 1.0 g/L, respectively. SSF was performed at 36.5°C and pH was
maintained at 5±0.2. The experiments were run at least for 72 h.

3.7

Analysis of sugars, ethanol and by-products

Reducing sugar contents were measured colorimetrically using dinitrosalicylic acid
according to Miller's method (1959). The liquid fractions were analyzed with
HPLC equipped with a refractive index detector. Cellobiose, glucose, mannose,
xylose, galactose and arabinose were separated using an Aminex HPX-87P (BioRad Laboratories, Hercules, CA) column at 85°C. Ultrapure water was used as
eluent at a flow rate of 0.6 mL/min.
In Paper I, furfural and HMF contents were analysed by HPLC, equipped with an
UV-diode-array detector, and the separation was performed with a Aminex HPX87H column (Bio-Rad Laboratories, Hercules, CA) at 55°C with an eluent of 5 mM
H2SO4 (89%) and acetonitrile (11%) at a flow rate of 0.7 mL/min. Separation of
acetic and formic acids was carried out using an Aminex HPX-87H column at
65°C. The mobile phase was 5 mM H2SO4 at a flow rate of 0.6 mL/min. Ethanol
content was measured using a gas chromatograph equipped with a Carbowax 20M
column (Agilent Technologies, Santa Clara, CA) operating at 85°C and a flame
ionisation detector.
In Paper II, lactic acid, glycerol, acetic acid, ethanol, HMF and furfural were
separated using a Aminex HPX-87H column at 65°C. The eluent was 5 mM H2SO4
at a flow rate of 0.5 mL/min.

3.8

Statistical analysis

Statistical evaluation was carried out using Statistica 8.0 software (Statsoft Inc.,
Tulsa, OK). The significance level was 0.05, and the two-tailed t-test probability is
denoted by p.

3.9

Methodology of techno-economic analysis

Mass and energy balances were solved using the commercial flowsheeting program
Aspen Plus 2006.5 (Aspen Technology, Inc., Cambridge, MA). Physical property
data for biomass components such as polysaccharides and lignin were derived from
the NREL database (Wooley and Putsche, 1996). Aspen HX-Net 2006.5 (Aspen
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Technology, Inc.) was used to design a near-optimal heat exchanger network that
was implemented in the process model in Aspen Plus. Energy flows of raw
material, pellets and biogas were calculated by using lower heating values (LHV).
Fixed capital investment costs were estimated either with Aspen Icarus Process
Evaluator 2006.5 (Aspen Technology, Inc.) based on costs for 2009 or from vendor
quotation. Conventional equipments such as pumps, tanks, columns, heat
exchangers etc. together with the auxiliary units like piping, instrumentation etc.
and indirect costs arising from engineering, fees, freight etc. were cost estimated in
Icarus. However, costing of special equipments, which were not included in Icarus,
such as the pretreatment unit, dehydration system, filter press, belt filter, dryer,
pellet machine, steam boiler and flue-gas condenser were based on vendor
quotation. In Icarus, the construction material was assumed to be 304 stainless steel
for all process vessels.
In addition, capital has to be invested also in raw materials, products and credit
allowance for customers. These costs are referred to as working capital. Peters and
Timmerhaus (1991) recommend that the working capital should be estimated as the
sum of raw materials needed for 30 days production, 30 days of product storage,
accounts receivable and 30 days cash on hand for monthly payment of wages, raw
materials etc. In this evaluation these data have been used with the exception that
the time for storage of chemicals was 10 days. This modification was introduced by
Wingren et al. (2008).
The annual capital cost was determined by multiplying the fixed capital
investments by an annuity factor of 0.110, corresponding to a depreciation period
of 15 years and an interest rate of 7%. The annual working capital was a product of
the working capital and the interest rate.
Since the economic analyses were based on Swedish market conditions, all costs
are presented in Swedish kronor (SEK, 1 € ≈ 10.5 SEK, 1 US$ ≈ 7.3 SEK, 1 SEK ≈
30 Hungarian Forint, in 2010). Other costs comprise the costs of labour, insurance
and maintenance. Table 6 summarises the economic data used in the studies.
It must be emphasised that the primary aim was not to obtain an absolute ethanol
production cost, but to compare the production cost of various process alternatives
on an equal basis, and to study the effect of different process and economic
parameters by performing sensitivity analyses.
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Table 6

Prices and costs used in the economic evaluation.

Raw material
Spruce

557

SEK/dry tonne

Pellets

195

SEK/MWh

Upgraded biogas

600

SEK/MWh

Electricity, spot price

350

SEK/MWh

Electricity certificate

200

SEK/MWh

District heat

280

SEK/MWh

CO2

0.03

SEK/kg

SO2

1.5

SEK/kg

H2SO4

0.5

SEK/kg

NH3 (25 %)

2

SEK/kg

H3PO4 (50 %)

5

SEK/kg

Defoamer

20

SEK/kg

(NH4)2HPO4

1.5

SEK/kg

4.4

SEK/kg

1

SEK/kg

Co-product income

Chemicals

.

MgSO4 7 H2O
Molasses
Enzymes

a

28.5

6

SEK/10 FPU

Soy-meal

1.5

SEK/kg

(NH4)2SO4

1.1

SEK/kg

KH2PO4

1

SEK/kg

.
FeSO4 7H2O

1

SEK/kg

Utilities
b

Electricity

450

SEK/MWh

Cooling water

0.1

SEK/m

3

Process water

1.4

SEK/m

3

Other costs
Labour

a

600 000

SEK/employee/year

Insurance

1

% of annual fixed capital

Maintenance

2

% of annual fixed capital

When enzyme preparation is purchased.
b
When electricity is purchased.
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4

RESULTS AND DISCUSSION OF EXPERIMENTAL PART

4.1

Hemp hurds as potential raw material for ethanol production
(Paper I)

Hemp hurds upstream-processing lines, consisting of steam pretreatment and
subsequent enzymatic hydrolysis or simultaneous saccharification and
fermentation, were investigated to produce fermentable sugars or ethanol,
respectively. The lines differed in pretreatment conditions. The efficiency of
pretreatment was assessed in terms of sugar recoveries, polysaccharide conversions
in enzymatic hydrolysis, and ethanol yields obtained in SSF.
4.1.1

Steam pretreatment

Comparing the compositions of raw material and pretreated solid fractions,
increase in glucan and lignin contents and decrease in xylan, mannan and galactan
contents were observed. This can be attributed to solubilisation of the
hemicellulose fraction through pretreatment. This phenomenon was also observed
by the pretreatment of wheat straw.
At least 82% of the initial glucan was recovered in the slurry, mainly in the waterinsoluble fraction (Figure 11). Lost glucan was the portion hydrolysed to glucose,
however, later it was further degraded. Xylan recovery varied between 18-66% of
original. The conditions investigated were more severe than the optimum for xylan,
hence xylan recovery decreased drastically by increasing the temperature. The
water-soluble xylan made up a significant share of the recovered part. These poor
recoveries might be due to the rather long residence time (10 minutes) and the low
moisture content of the raw hurds fed to the reactor (~10%). These conditions have
been reported to have unfavourable effects on xylan recoveries (Sassner et al.,
2005). Since arabinan was not detected in the raw hemp hurds, the furfural present
must have originated from xylan. Based on mass balance calculations (see Paper I
for data), it was also concluded, that a significant amount of the original xylan was
not degraded to furfural but other compounds such as formic acid.
The aim of using 2-L and 10-L reactors was to investigate whether the same
temperature and residence time resulted in the same severity. It was observed that,
at the same temperature (220°C), larger losses were obtained in case of the 10-L
reactor. Glucan and xylan losses obtained in the large reactor at 210 and 220°C
were similar to those obtained in the small one at 220 and 230°C, respectively.
These indicate that a given treatment temperature resulted in more severe
pretreatment in the 10-L reactor. This might be due to differences in the heating
and cooling profiles of the two reactors.
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Glucan (A) and xylan (B) recoveries through steam pretreatment of
hemp hurds, expressed in % of original, as a function of reactor
volume and pretreatment temperature.
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4.1.2

Enzymatic hydrolysis and SSF

Conversion in enzymatic hydrolysis
(% of theoretical)

Glucan conversion after pretreatment in the 10-L reactor at 210°C was 83% of
theoretical, which was significantly higher than that in case of the 200°C (p=10 -5)
and 220°C (p=0.0038) pretreatments (Figure 12). In the 2-L reactor, there was no
significant difference between the two temperatures (p=0.3876).
96
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Figure 12
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220°C
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Conversions of glucan and xylan in enzymatic hydrolysis,
expressed in % of theoretical, as a function of pretreatment reactor
volume and pretreatment temperature.

Considering the two reactor sizes separately, it can be seen that xylan conversion
decreased monotonically with the elevation of temperature. In other studies, the
same trend has been observed, i.e., xylan conversions decreased when pretreatment
severity was enhanced (Öhgren et al., 2005, Sassner et al, 2005). More severe
pretreatment solubilises the less recalcitrant regions of hemicellulose to a greater
extent, hence the proportion of resistant, less-accessible regions increases in the
pretreated solid fraction, which might interpret the declining xylan conversions in
enzymatic hydrolysis. Pretreating hemp hurds in the small reactor at 220°C resulted
in significantly higher glucan and xylan conversion than in the large one at the
same temperature (p=0.0343 and 0.0008, respectively).
Figure 13 shows the SSF yields based on glucan and mannan contents of the
substrate (washed, steam pretreated hurds). The highest ethanol yield from washed
fibres, 70% of theoretical, was obtained from the pretreatment at 210°C. This was
significantly higher than that at 200°C (p=0.0003); nevertheless, the difference was
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not significant compared to that at 220°C (p=0.4925). No significant differences
were obtained either in the 2-L reactor between the two investigated temperatures
(p=0.2081) or between the two reactor sizes at 220°C (p=0.2360).

SSF yield (% of theoretical)
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Figure 13

200°C

10 L

Ethanol yields in simultaneous saccharification and fermentation
(SSF), expressed in % of theoretical, based on glucan and mannan
contents of the substrate (steam pretreated hurds), as a function of
pretreatment reactor volume and pretreatment temperature.

After pretreatment, solubilised sugars were present mainly in oligomeric forms
(Figure 14). On the contrary, by the pretreatment of impregnated wheat straw,
sugars in the liquid phase were present in monomeric form. These can be attributed
to the absence and presence of exogenous acid catalyst, respectively. Overall
glucose yields varied between 63 and 75% of theoretical (based on the
polysaccharide contents of raw hurds), and they showed the same pattern as the
glucan conversions in enzymatic hydrolysis, since the amounts of monomeric and
oligomeric glucose in the liquid fraction after pretreatment were rather small.
Overall xylose yields ranged between 13 and 63% of theoretical and decreased
monotonically with higher temperatures in both reactors. Beside the xylose
released in enzymatic hydrolysis, however, xylose solubilised during pretreatment
made up a significant share.
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Overall yields of glucose (A) and xylose (B) through steam
pretreatment and enzymatic hydrolysis, expressed in % of
theoretical (based on the polysaccharide contents of raw hurds).
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The best pretreatment temperature in terms of overall glucose yields was proved to
be 210°C, where 336 g glucose was obtained from 1 kg of dry raw material,
whereas with regard to total sugar yield (glucose + xylose overall yields) it was
shifted to 200°C. At this temperature, 414 g sugar was recovered from 1 kg of dry
raw material. The highest overall ethanol yield, which was achieved with the
pretreatment at 210°C, was found to be 141 g ethanol/kg dry raw material.
Raw hemp hurds contain a remarkable amount of xylan, however, xylan recovery
through steam pretreatment was poor at the temperatures required for achieving
proper cellulose digestibility. A two-step steam pretreatment is a possible
alternative for preventing the less-recalcitrant hemicellulose fraction from further
degradation, thus improving its recovery (Söderstrom et al., 2003). Nevertheless,
the additional pretreatment step increases both the capital investment and
operational costs. Alternatively, acidic impregnation of the raw material before
steam pretreatment results in closer temperature optima for the yields of glucose
and xylose (Sassner et al., 2005). Neither the two-step pretreatment nor the
impregnation has been applied on hemp hurds. The method of linear or stepwise
temperature increase (Monavari et al, 2010) can also be an interesting option,
however, so far it has only been tested with softwood that has mannan-rich
hemicellulose.

Ethanol concentration (g/L)
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Mixture D
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SPWS only
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0

Figure 15
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Time (h)

80

100

Ethanol concentration expressed in g/L versus time during
simultaneous saccharification and fermentation of steam pretreated
wheat straw (SPWS), presaccharified wheat meal (PWM) and
mixtures of the two (A to D, see Table 5 for details).
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4.2

Integrating production
generations prior to
fermentation (Paper II)

technologies of first and second
simultaneous saccharification and

To decrease the energy demand of the downstream process high ethanol titre is
essential. Besides increasing the WIS concentration in batch SSF and running SSF
in fed-batch mode, supplementing the pretreated lignocellulosic substrate with
starch hydrolysate can be a promising option. Therefore, the SSF performance of
mixtures of SPWS and PWM was evaluated. The effect of varying their
proportions on final ethanol concentration and ethanol yield was investigated.
4.2.1

Effect of PWM on the final ethanol concentration obtained in SSF

Significant differences, in terms of the initial rate of ethanol formation, were
observed between SSF on pure SPWS and SSF on mixtures containing different
proportions of PWM. During the first 2 hours of SSF, the ethanol productivity was
1.6 g/L/h in the case of pure SPWS, whereas it was ≥4.7 g/L/h for PWM alone or
PWM mixed with SPWS. This could be due to the high water-soluble sugar content
of PWM (Table 5) present at the beginning of fermentation, mainly as glucose,
which was consumed rapidly, resulting in an increased rate of ethanol formation. In
pure SPWS, the major part of the glucose is in polymeric form bound in the solid
phase, and this had to be hydrolysed before fermentation. However, glucose
concentration > 0 g/L was measured in the solution during the initial 8 hours,
which means that hydrolysis was not the rate-limiting step in this case. Possible
reason for the low ethanol productivity occurred at the beginning of SSF carried
out on pure SPWS is that ethanol production was inhibited by the degradation of
furfural and HMF to furfuryl alcohol and HMF alcohol, respectively. The most
rapid ethanol formation was obtained with pure PWM. Ethanol concentrations
increased with increased glucose content in the SSF experiments (Figure 15). The
highest ethanol concentration obtained was 56.5 g/L (at 96 h) when SSF was
carried out on mixture D.
4.2.2

Effect of mixing lignocellulosic and starch-containing substrates on
ethanol yield of SSF

The ethanol yield is usually reported as g EtOH/g DM of the raw material.
However, this kind of yield representation was not appropriate in this case, because
mixtures of materials were used. Therefore, the yields are expressed as a
percentage of the theoretical maximum, considering only the glucose available in
the substrates, as usually galactose and the pentoses are not fermented to ethanol by
baker’s yeast (Palmqvist et al., 1996). These sugars were not consumed in any of
the SSF experiments, which validates this assumption.
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Ethanol yield (% of theoretical)

Figure 16 shows the ethanol yields for the SSF of various mixtures of substrate.
The yield from pure SPWS was 68%, which is in agreement with the results
obtained by Linde et al. (2008). The yield observed for pure PWM was 91%, which
is also typical for fermentation of starch-containing materials (Destexhe et al.,
2004). In mixtures of the two substrates, the yield increased as the proportion of
PWM was increased. The highest ethanol yield, 99%, was obtained for SSF of
Mixture D. This yield is rather high and could be due to the error of determination
of cellulose and starch contents. However, this would affect all the trials, thus the
trend of yield would remain similar. Hence the most important conclusion is that
higher ethanol yield can be achieved with a certain mixture of SPWS and PWM
(mixture D) than using PWM solely. This is highly favourable in terms of process
economy.
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Ethanol yield (grey bars), expressed as % of theoretical, based on
glucose exclusively, in simultaneous saccharification and
fermentation of pure substrates and their mixtures (see Table 5 for
details). White bars represent potential ethanol yield after
correction of lactic acid.

Small amounts of lactic acid were produced after 40 h of fermentation in all cases.
Lactic acid can be formed from both hexoses and pentoses as a microbial metabolic
product. As the lactic acid yield is 1 g/g consumed sugar regardless of the type of
monomeric sugar, the amount of additional ethanol that could have been produced
from hexoses instead of lactic acid, can be estimated as follows (the factor of 0.46
corresponds to 90% of the maximum theoretical ethanol yield for hexose sugars):
mass

= 0.46 ∙ (mass

− mass

)
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Several fermentation inhibitors were present in the slurry during SSF in the case of
SPWS-containing mixtures. The most significant inhibitors were acetic acid and
furfural because of their high concentrations. However, acetic acid can also
stimulate ethanol production at low concentration, which can be interpreted as
follows: at the pH of fermentation acetic acid is partially in undissociated form,
which can diffuse through the plasma membrane. At the higher pH of cytoplasm it
dissociates, and to avoid intracellular pH drop, the cell must pump out protons,
which is driven by ATP hydrolysis (Figure 6). This means that more ATP has to be
generated to maintain the intracellular pH, which is achieved in anaerobic
conditions by producing more ethanol, resulting in increased ethanol yield
(Taherzadeh et al., 1997). The ethanol yield as a function of the acetic acid
concentration in SSF is illustrated in Figure 17. The values given are the average of
the concentrations at 0 and 24 h, because acetic acid was released from the
hemicellulose fraction at the beginning of SSF. The maximum yield (99%) was
obtained at an acetic acid concentration of 1.0 g/L. The results are in good
accordance with a previous study reported by Larsson et al. (1999); however, these
authors expressed the ethanol yield as a function of the total acid concentration.
Nevertheless, it must be emphasised that it was not aimed to study the effect of
acetic acid concentration on the ethanol yield in SSF. Other parameters, such as
concentration of other inhibitors changed together with acetic acid concentration,
therefore it cannot be concluded that the yield increase was unambiguously due to
the effect of acetic acid.
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Figure 17

Ethanol yield expressed as % of theoretical, as a function of acetic
acid concentration (the average of acetic acid concentrations at 0
and 24 h was taken, since acetic acid was released from the
hemicellulose fraction at the beginning of SSF).
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The specific raw material demands and the straw to meal ratios for the process
scenarios are listed in Table 7. In the pure wheat straw-based process, 5.4 kg dry
raw material was needed to produce 1 L of ethanol, whereas the corresponding
amount of wheat meal was only 2.4 kg. This was simply because of the difference
in the proportions of carbohydrates in the raw materials. The straw to meal ratios
were in the range of 0.5-2.6 in the case of mixtures. Mixture B was the closest to
the typical straw to meal ratio at harvest (1:1), and even its ethanol yield was
higher (87%) then the calculated overall yield if SPWS and PWM fermentations
were carried out separately (78%).
Table 7

Raw material demand and straw to meal ratio at the various
process scenarios.

Process scenario
Wheat straw only
Mixture A
Mixture B
Mixture C
Mixture D
Wheat meal only

Raw material required (kg total DM/L EtOH)
5.4
4.0
3.1
2.9
2.5
2.4

Straw:meal
2.6
1.1
0.7
0.5
0
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5

RESULTS AND DISCUSSION OF TECHNO-ECONOMIC ANALYSIS

5.1

Base lignocellulose-to-ethanol process

The process model in techno-economic analyses was based on SO2 catalysed steam
pretreatment followed by SSF. It was a modified and extended version of that used
by Sassner and Zacchi (2008). Although the concept remained the same, the model
was continuously modified and updated throughout the work, and in this section
the most recent version is described.
Experimental results recently obtained at the Department of Chemical Engineering,
Lund University, Sweden were used in steam pretreatment and in SSF. In other
process steps the input data were taken from the literature, or were based on rule of
thumb or assumptions.
The scheme for the base lignocellulose-to-ethanol process (also referred to as
reference scenario) is shown in Figure 18. The proposed ethanol plant was assumed
to be located in Sweden and process 200 000 dry tonne spruce chips annually. It
was run by 28 employees and was assumed to be in operation for 8000 h per year.
Live steam was assumed to be available at 20 and 4 bar (high and low pressure
steam, respectively), and secondary steam was used to replace live steam whenever
possible.
Spruce chips

SO2

Raw mat.
handling

Enzymes

S team
Steam
pretreatment

Ye ast cultivation,
SSF

Conden sate

Flash
streams
Evaporation

Liqui d
fracti on

Ethanol

Stillage
S eparation

Soli d
fraction

Figure 18

5.1.1

Bi ogas
Sl udge

Drying
Pellets

Syrup
An aero bic digestion,
Aerobic treatment

Distill ation,
deh ydratio n

Heat and power
production

Steam
E lectri city

Overall scheme for the base lignocellulose-to-ethanol process
(also referred to as reference scenario).

Steam pretreatment

The raw material is impregnated with 2.5% SO2 based on the water content of raw
material and then preheated to 95°C by direct injection of low pressure steam
before being fed to the continuous pretreatment reactor. The quotation was asked
for a StakeTech reactor (SunOpta, Inc., Brampton, ON, Canada). The temperature

47

in the reactor was maintained at 210°C by injecting high pressure steam. Heat
losses were assumed to be 10% of the adiabatic heat demand. After pretreatment
the slurry is flash-cooled by a two-step pressure reduction, to 4 and 1 bar, and the
flash streams are condensed by heat exchange with other process streams.
Glucan, mannan and galactan are hydrolysed to hexoses, and are partially degraded
to HMF, levulinic and formic acids as well as non-specific degradation products. In
similar way, xylan and arabinan are hydrolysed to pentoses, and are degraded to
furfural and non-specific products. The acetyl groups in the hemicellulose are
released as acetic acid.
The steam pretreatment in the model produces a slurry with much higher WIS
content than what has been obtained in the experimental work. This is due to lower
heat losses applied in the model compared to what is obtained in a small scale
equipment with a large surface area. Lower heat losses result in less steam
condensed and higher WIS content of the slurry.
5.1.2

Yeast cultivation and simultaneous saccharification and fermentation

The pretreated material is fed to the SSF step. Water needed to adjust the dry
matter in the SSF step to 10% WIS is added before pressing the pretreated slurry.
This water demand was covered by part of the evaporation condensate. It also
contains ammonia to neutralise the slurry from pH ~1.2 to pH 5.
The pressed liquid supplemented with molasses containing 50% sucrose is used in
yeast cultivation (YC) without adding extra fresh water, hence the inhibitor
concentrations in YC and SSF are approximately the same. The hexoses fed into
YC are consumed entirely. Yeast seed train consisting of three stages operating at
30°C provides SSF with 7.5% inoculum. Only the first and second stages are
designed to be sterile, i.e. those vessels are pressure-rated for steam sterilisation.
In SSF, the concentration of ordinary baker’s yeast and the enzyme dosage are
3 g DM/L and 10 FPU/g WIS, respectively. As nutrients (NH4)2HPO3 and
MgSO4·7H2O are added in a concentration of 0.5 and 0.03 g/L, respectively. The
hexosans and pentosans are partially hydrolysed to hexoses and pentoses,
respectively. Since ordinary baker’s yeast is applied, exclusively the hexoses are
fermentated to ethanol. From the hexoses glycerol is also produced, and small
amount remains unfermented.
The SSF takes place in twelve agitated non-sterile fermentors with a total volume
of 920 m3 each. An SSF cycle including filling, fermentation (48 h), draining, and
cleaning lasts for 60 h. The number of the YC fermentors was calculated from the
cycle time, which was assumed to be 15 h for all YC stages.
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5.1.3

Distillation and evaporation

The ethanol concentration obtained after SSF is ~3.5 wt-%, which is rather low,
compared to that of first generation technologies. Distillation and molecular sieve
adsorption are used to produce pure (>99.8 wt-%) ethanol. The distillation step
consists of two stripper columns and a rectifier (Figure 19), which are heat
integrated by operating at different pressures. Ethanol recovery is assumed to be
99.5% in each column. The remaining water in the overhead vapour leaving the
rectifier is removed in the dehydration columns that are regenerated with pure
ethanol vapour. The regenerate is returned to the rectifier.

Figure 19

Distillation and evaporation (dehydration is not shown). Dotted
lines represent vapour streams.

The stillage of the stripper columns is separated in a filter press (quoted by
Pneumapress Filter Corp., Richmond, CA, USA) resulting in a solid fraction with a
WIS content of 40%. In any scenario in that pellets are produced, washing is
included in the separation step to decrease the sulphur content of the solid fraction,
and it was assumed that washing – with a soluble solid recovery of 90% in the
liquid stream – was sufficient to meet the requirement relating to the sulphur
content of pellets.
The liquid fraction of the stillage is concentrated to 60% DM in an evaporation
system which contains five effects in a forward-feed arrangement, i.e. only the first
effect is heated by live steam, the subsequent ones utilise the vapour from the
previous effect operating at higher pressure. Boiling point elevation was accounted
for according to Larsson et al. (1997), and overall heat transfer coefficients were
estimated to vary between 400 and 2000 W/m2°C, depending on the temperature
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and concentration of the liquid. Based on the work of Olsson et al. (2001), it was
assumed that by applying a stripper column after evaporation, recycling of part of
the evaporation condensate to dilute the whole slurry was possible. The rest of the
condensate together with the condensed flash streams originating from
pretreatment and drying are sent to anaerobic digestion (AD) followed by an
aerobic step (Figure 18). Description of AD is given in Section 5.3.1, and details of
the aerobic step can be found in Section 5.3.2.
5.1.4

Combined heat and power production

Steam and electricity are generated by burning the biogas, the concentrated liquid
fraction and part of the solid fraction of the stillage (Figure 20). Superheated steam
(91 bar, 470°C) is generated in the boiler. The moisture content of the fuel is ~50%
and the heat losses in the boiler were assumed to be 1%. The generated steam is
allowed to expand to 4 bar through an HP turbine system, however, part of the
steam is withdrawn at 20 bar for pretreatment and drying. District heating is not
included in the base case, hence the temperature of the flue gases after the air
heater is fixed to 150°C to avoid condensation of water. The excess solid residue,
i.e. the solid fraction not required for steam generation, is dried in a superheated
steam dryer to 88% DM. The secondary steam generated by drying is utilised in the
process. Electricity is generated in the turbines, which were assumed to have an
isentropic efficiency of 90%. The mechanical efficiency of the generator was
assumed to be 97%.
5.1.5

Other process areas

There are some parts of the process that are not included in the Aspen Plus models,
however, they are included in the cost analysis, e.g. storage tanks for ethanol and
for liquid chemicals (including enzymes when on-site enzyme production is not
included). These tanks vary from 1 to 800 m3 in size. Biogas was either used
directly in the boiler, or after upgrading it was supplied directly to the grid. Solid
components were assumed to be stored in sacks in the storage area.
Cost of equipments for cleaning in place and sterile filtration are not included in
the economic analysis, however, naturally they are necessary in the final design.
This will increase the ethanol production cost to some extent, but it affects all the
investigated scenarios in the same way, hence differences between the scenarios
remain the same.
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Figure 20

5.2

Plant of CHP for base case and all other scenarios without district
heating. Grey solid and dashed lines represent gas and vapour
streams, respectively.

On-site enzyme production

Instead of using commercial enzyme preparations in SSF, options of on-site
enzyme production were investigated in terms of process design and economics.
Process data for cellulase enzyme fermentation (CEF) were obtained from the
literature (Doppelbauer et al., 1987, Esterbauer et al., 1991), however, some keyassumptions were also made. The applied Trichoderma strain was assumed to be
able to produce cellulase enzymes in the presence of monosaccharides, i.e. it was
not catabolite-repressed (e.g. T. reesei RUT C30). The mycelium, soluble protein
and activity yields were 0.27 g, 0.26 g, 185 FPU/g carbohydrate in anhydro
equivalent (Esterbauer et al., 1991), respectively, which resulted in a specific
activity of 710 FPU/g protein. After complete hydrolysis of polysaccharides, all the
monosaccharides are consumed entirely in CEF, while other compounds are not
involved in any reaction. Based on the work of Szengyel et al (2000), it was
assumed that inhibition due to compounds present in the pretreated material, such
as furan derivatives and organic acids, did not occur. The whole broth could be
added to SSF since the SSF was carried out at 37°C and above 35°C the growth of

51

mycelia is entirely inhibited. Using the whole culture had several advantages: a)
additional separation is not needed; b) the enzymes adsorbed on the surface of the
lignin, the cells as well as the ones trapped in the cytoplasm will also be present in
the SSF.
The feed of CEF is cooled down in a heat exchanger before entering the
fermentors, which operate at 30°C. The aeration rate was 0.5 VVM in any scenario,
and the following nutrient concentrations were applied: soy-meal 0.5%, (NH4)2SO4
0.15%, KH2PO4 0.07%, FeSO4·7H2O 0.001%.
5.2.1

Preliminary model of enzyme production (Paper III)

The feed of CEF is part of the whole pretreated slurry, i.e. contains both solid and
liquid phases. At the beginning of fermentation the content of carbohydrates is set
to 2%, expressed in anhydro equivalent. The base enzyme fermenting case includes
16 aerated agitated fermentors, each 340 m3, arranged in 4 lines. A power-to-broth
value of 500 W/m3 is set. The cooling is performed by cooling coils. The
fermentors are not pressure-rated for steam sterilisation. The pretreated material
and the makeup water coming entirely from the evaporation step are considered to
be sterile, hence only cleaning-in-place is applied in the tanks. During fermentation
pH 6 is maintained.
The 4 production fermentors in a line follow the same schedule, however, they are
shifted. At 25 h 10% of the culture in the first vessel is transferred to the second
one, and is used there as inoculum. The fermentation lasts for 90 hours and is
followed by a 10-h harvesting, cleaning, charging period, which results in a 100-h
cycle time. After 100 h from the start of the first fermentation the fourth vessel is
ready to transfer inoculum to the first one, which closes the line to a loop. This
operation pattern is referred to as Kornuta process (Nystrom and Allen, 1976), and
it has the advantage that seed train fermentors can be omitted. In case of
contamination inoculum could be transferred from a vessel in another line and both
lines could continue uninterruptedly.
5.2.2

The effect of enzyme fermentation productivity on the cost of cellulase
production

Productivity of enzyme fermentation is measured in FPU per liter of cellulase
production capacity per hour of production time. Besides the base productivity
three hypothetical cases with improved productivities were investigated in the
preliminary model of enzyme production. In the first case the activity yield was
increased by 50%, and the content of carbohydrates was kept constant, which
resulted in 1.5-fold productivity. In the second case the content of carbohydrates
was increased to 4% and the same yield was assumed, hence the productivity was
2-fold. In the third case both activity yield and content of carbohydrates were
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increased by 50% and 100%, respectively, which corresponded to 3-fold
productivity. Hence, four scenarios with different productivities were obtained, and
enzyme production cost was determined for each scenario.

Enzyme cost
(SEK/L EtOH)

Figure 21 shows the cost of on-site enzyme production as a function of
productivity. The curve fitted is close to hyperbola (see equation in Figure 21),
which means that the same productivity increment at low initial values decreases
enzyme production cost to a greater extent than at higher initial values. Similar
cost-productivity curve was reported by Himmel et al. (1999) for on-site cellulase
production in a hardwood-based process, using the whole slurry as carbon source.
However, they performed simple sensitivity analysis on the cellulase cost as a
function of productivity, i.e. they adjusted only one productivity-affecting
parameter. On the contrary, in the present study, increase in productivity was
achieved in three different ways. Therefore the main conclusion is that at a given
process configuration any kind of change resulting in improved productivity in
cellulase fermentation is favourable with respect to enzyme cost.
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Figure 21

5.2.3

Specific enzyme cost expressed in SEK/L ethanol as a function of
productivity.

Modified model of enzyme production (Paper IV)

In the modified model of enzyme production a seed train was designed to provide
the production stage of CEF with inoculum, and various carbon source (feed)
options were investigated.
The 5% inoculum in the production stage is received from the second stage of a
two-stage seed train. Both seed stages operate with 5% inoculum at a cycle time of
30 h. The first stage receives inoculum from a stock culture, while the second is
inoculated with the broth of the first. Concerning the composition, the seed stages
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are assumed to be run on the same feed as the production stage, where 120 h cycle
time is presumed. As this time is double of the cycle time of SSF, the number of
vessels are 24 in the enzyme production stage. Considering the ratio of the cycle
times of seed and production stages, the number of seed vessels is 6 in both stages.
In all scenarios these numbers were kept constant, hence the total vessel volume
varied in a range of 37-121 m3 in the production stage. The fermentors of the seed
train are pressure-rated, and can be sterilised at 120°C, however, it was assumed at
the production stage, that sterilisation was not necessary. Cleaning-in-place is
sufficient, since the evaporation condensate and the pretreated material were
considered to be sterile and the fresh water added before pressing the pretreated
slurry is sterile filtered beforehand. Furthermore, the nutrients and the molasses
were assumed not to cause any contamination. In consequence, the seed vessels can
be sterilised empty. At all stages pH 5 is maintained. The heat released during
fermentation is removed by cooling water that circulates in jackets at the first stage
and in coils at later stages. The cooling jacket is favourable in terms of cleaning,
however, it is not sufficient at larger volume. The pH is controlled using ammonia.
Aeration was assumed to ensure sufficient agitation when the solid content was less
then 1% WIS.
Three configurations (A-C) were investigated (Figure 22), which differed in the
carbon source of CEF: in scenario A, part of the liquid fraction of the diluted slurry
was used, while in scenario B, the liquid fraction was supplemented with molasses
to increase the sugar content. In scenario C, a mixture of the liquid fraction and the
pressed slurry was prepared and used as feed for CEF. Scenario C was divided into
three sub-cases, C1 to C3, depending on the WIS content of the mixture, i.e. 1, 2,
3%. For scenarios A and B, sensitivity analysis was performed, denoted with +.
The specific activity of the soluble proteins was enhanced 1.5-fold, resulting in an
increase of 50% in the productivity in terms of enzyme activity, while protein and
mycelium yields remained the same.
The liquid fraction also contained water-insoluble particles, as a WIS retention of
99% was assumed in the filtration of the slurry. In the CEF feed the total
carbohydrate content expressed in monomer equivalent (ME) and WIS
concentration, in parentheses, were the following: A: 4.6% (0.5%), A+: 4.7%
(0.7%), B: 10% (0.8%), B+: 10% (0.9%), C1: 4.9% (1%), C2: 5.5% (2%), C3:
6.0% (3%). In cases C1 to C3, aeration was assumed to be insufficient for ensuring
homogeneity, therefore agitators were built in, and power-to-broth value was set to
40 W/m3. In scenario B, molasses served as a complex nutrient source, hence
nutrient supplementation was omitted.
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Figure 22

5.2.4

Lay-out of cellulase enzyme fermentation (CEF), yeast cultivation
(YC) and simultaneous saccharification and fermentation (SSF) at
the various configurations (A-C).

The effect of on-site enzyme fermentation on the whole process

In this section process design of the modified CEF model and the corresponding
ethanol process is presented. On-site enzyme production has the advantage that
pentoses, not fermentable by ordinary baker’s yeast, can also be utilised.
Nevertheless, in regard to hexoses, CEF competes with ethanol fermentation, since
the more sugar is used for CEF, the less sugar is available for ethanol production.
The highest mass flow of C5 sugars (pentosans and pentoses in ME) into CEF was
obtained in scenario A, which corresponded to 13% of C5 sugars recovered after
pretreatment, hence even at the best utilisation, 87% was burnt or dried. Regarding
the composition of sugars in the CEF feed, scenario A gave the highest C 5
proportion (21%, Table 8). In the case supplemented with molasses (scenario B),
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the C5 ratio was only 9%, due to the high ratio of sugars of molasses (57% of total
sugars consumed).
Although CEF decreased the C6 flow (hexosans and hexoses) in SSF feed, the
majority of C6 sugars were fermented to ethanol (Table 8). Even in the worst
scenario (C3), the decrement of C6 sugars (in ME) was 6% of the C6 sugars (in
ME) fed to SSF in the reference case. The overall ethanol yield of the process in
CEF cases also decreased compared to the reference. The decrements were lowest
in scenarios B and owing to the large proportion of sugars coming from molasses.
The yields in scenarios A and C1 to C3 were equal, which implied that the model
was indifferent to the WIS content of CEF in the range investigated.
Table 8

Features of enzyme and ethanol productions. Carbon source A:
pretreated liquid fraction, B: pretreated liquid fraction and
molasses, C: pretreated liquid fraction and pressed pretreated
slurry with a total WIS content of 1, 2, 3%.
Reference

A

B

C1

C2

C3

Hexosans

-

430

298

776

1374

1861

Pentosans

-

7

5

13

23

32

Hexoses

-

5133

6242

4812

4256

3805

-

1487

622

1394

1233

1102

-

21

9

20

18

16

62980

62550

62683

62205

61606

61120

32634

27521

30499

27841

28397

28848

270

254

263

254

254

254

4.97

4.96

Components into CEF, tonne/year

Pentoses
a

C5 ratio in CEF , %
Components into SSF, tonne/year
Hexosans
Hexoses
b

Overall EtOH yield , L/dry tonne

Ethanol production cost, SEK/L
4.88
4.96
4.82
4.99
a
(pentosans in ME + pentoses)/total sugar in ME
b
Includes yeast and enzyme productions and ethanol losses in the process

5.2.5

Economics: specific enzyme cost, minimum ethanol selling price

In this section economics of the modified CEF model and the corresponding
ethanol process are discussed. Cost elements of enzyme production expressed in
SEK/L ethanol are shown in Figure 23. Capital and chemical costs were found to
be the main contributors in each scenario (on the contrary, in the preliminary model
of CEF utilities were predominant besides capital, since a very high power-to-broth
value was applied in that model). Utilities refer to the electricity consumption of
the compressor and the agitators (scenarios C1 to C3) and to the demand for
cooling water. The lowest capital costs were obtained in scenarios B, due to high
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Enzyme production cost (SEK/L EtOH)

carbohydrate concentration in CEF, which resulted in small fermentor volume.
However, the cost of chemicals was the highest in these cases, owing to the extra
cost of molasses. In scenarios C1 to C3, increasing the WIS concentration in CEF
resulted in a reduced fermentation volume, and in consequence, lower capital and
chemical costs.
0.6
0.53
0.5

0.52

0.50

0.50

0.49

0.43

0.42

Total

0.4

Capital
0.3

Chemicals
Utilities

0.2

Other
0.1
0.0
A

Figure 23

A+

B

B+

C1

C2

C3

Cost contributors of enzyme production in SEK/L ethanol.
Molasses was added to chemicals. Other refers to maintenance
and insurance. No extra labour was accounted for the enzyme
fermentation area. Carbon source A: pretreated liquid fraction, B:
pretreated liquid fraction and molasses, C: pretreated liquid fraction
and pressed pretreated slurry with a total WIS content of 1, 2, 3%;
+: 1.5-fold specific activity.

Scenario B proved to have the highest total cost of enzyme production. On the
other hand, in regard to ethanol production cost, scenario B was the most
favourable, furthermore, this was the only case with on-site enzyme production in
which the ethanol production cost was lower than that in the reference case, with
purchased enzymes (Table 8). In spite of the extra expenses, molasses could
improve the process economics considerably, since CEF supplemented with
molasses reduced the overall ethanol yield, the most important parameter in the
production cost of ethanol (Sassner et al., 2008), to a smaller extent. The 1.5-fold
activity yield resulted in a decrease of 16 and 19% in total enzyme production cost
compared to the base scenarios A and B, respectively (Figure 23).
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On-site enzyme fermentation contributed to 9-11% of the ethanol production cost.
The feasibility of including enzyme production in the lignocellulosic ethanol
process highly depends on the full-scale price of commercial cellulase enzyme
preparation, which is still very uncertain. At the premises of the present study,
some scenarios proved to be more feasible than that with purchased enzymes,
which implies that on-site enzyme production can be an alternative.

Figure 24

5.3

Alternative stillage treatment scenarios. Only the liquid fraction of
the stillage is sent to anaerobic digestion (scenarios A), or the
whole stillage goes directly to anaerobic digestion (scenario B).
The dotted parts are optional, see Table 9 for further details. The
wastewater streams, such as the condensed flash streams from
pretreatment and drying, are also sent to anaerobic digestion,
however, they are not shown. FP: Filter press, BF: Belt filter.

Alternative treatment of the stillage and production of various coproducts (Paper V)

In the base process (Figure 18) the liquid fraction of the stillage from the
distillation is concentrated in a multiple-effect evaporation plant and the syrup is
incinerated together with a part of the solid residue in the CHP plant. As the
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evaporation is an energy-intensive process step, alternative stillage treatment
scenarios, summarised in Figure 24 and Table 9, were investigated. They differed
mainly in the co-products that were produced from the stillage.
In scenarios A1 to A4 the stillage is separated in a filter press, which was described
in Section 5.1.3, and is taken to AD for production of biogas. The effluent of AD is
fed to an aerobic treatment step. The aerobic sludge separation is performed with a
belt filter, which increases the sludge DM up to 30%.
In scenario B the whole stillage is sent directly to AD. However, the effluent of AD
is separated and only the liquid fraction is fed to the aerobic treatment step. For this
separation the same type of filter press – as the one for stillage separation – is
applied with an assumed WIS recovery of 35%.
Table 9

Details of the alternative stillage treatment scenarios. SF: Solid
fuel.

Scenario

Washing&
drying

Pellet
production

Biogas
upgrading

Turbine
system

DH

A1

Yes

Part of SF

Yes

HP

No

A2

Yes

Total amount of SF

No

HP-LP

Yes

A3

No

-

Yes

HP-LP

Yes

A4

No

-

No

HP-LP

Yes

B

-

-

Yes

HP-LP

Yes

Scenario

Co-products (besides electricity)

Burnt in CHP (besides sludge)

A1

Upgraded biogas, pellets

Part of SF, tail gas

A2

Pellets

Biogas

A3

Upgraded biogas

Solid fraction of stillage, tail gas

A4

-

Solid fraction of stillage, biogas

B

Upgraded biogas

Solid fraction of AD effluent, tail gas

5.3.1

Anaerobic digestion

The AD step is performed at mesophilic conditions, hence the inlet flow is cooled
down to 37°C before being fed to the first digester. The features of AD are shown
in Table 10. The digesters were continuous stirred tank reactors with a total volume
of around 3500 m3 each, hence their number varied between 2 and 12, including
the scenarios with evaporation. The lignin was considered to be inert in terms of
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biogas production, therefore the COD of lignin was not accounted for in the COD
used for calculating the reactor volume and the demand of chemicals.
The biogas is assumed to consist of 50 wt-% methane, 46% CO2 and 4% water.
Biogas upgrading is performed in some scenarios where the biogas is sold as a coproduct supplied to the gas grid. In those scenarios the total amount of produced
biogas is upgraded. However, 5% is assumed to be retained in the tail gas that is
burnt on-site.
Table 10

Assumed features of anaerobic digestion.

Degradation factors
Soluble sugars, organic acids, ethanol,
glycerol, enzyme, yeast

90%

Polysaccharides, extractives
degradation products, soluble lignin

50%
0%

Lignin
Yields

3

Methane

0.35

Nm /kg COD removed

AD sludge

0.03

kg DM/kg COD

10

kg COD/m /day

Design
Organic loading rate
Power of stirring

a

b

20 /40

3

W/m

3

Chemical demands
NH3 (25%)
H3PO4 (50%)
a
b

18

g/kg COD

4

g/kg COD

When the liquid fraction of the stillage was sent to AD.
When the whole stillage was subjected to AD.

5.3.2

Aerobic treatment

The effluent of AD or the separated liquid stream of AD effluent is first treated
aerobically. The organic matter is removed almost entirely, while sludge is
produced – 0.3 kg sludge DM/kg organic matter – which is separated and burnt onsite. The next step is ozone treatment, to treat the phenolic compounds that have
not decomposed yet. The effluent from this step is “clean” water, which is recycled
to the process partially or entirely depending on the scenario. The recycled water
stream is sterile filtered before being used for diluting the pretreated slurry,
however, the cost of this filter was not included in the economic evaluation.
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5.3.3

Combined heat and power production in scenarios of alternative
stillage treatment

In scenario A1 the CHP plant, shown in Figure 20, only covers the heat demand of
the process, while in scenarios A2 to A4 and B excess heat is produced that is used
for generating electricity through an additional low-pressure (LP) turbine operating
with an isentropic efficiency of 85% and a discharge pressure of 0.75 bar (Figure
25). The other data concerning the superheated steam and data for the electricity
generation are the same as for scenario A1. The condensation heat of the outlet
steam of LP turbine and the heat obtained in the flue gas condensation are used for
district heating. Detailed description of the turbine system, flue gas condensation
and district heating system was reported by Sassner and Zacchi (2008). The only
difference is that the return temperature of the district heating stream is set to 45°C
instead of 48°C.
In the case of solid drying (scenario A2), a condensate of 20 bar returns to the CHP
plant, see the blue part of Figure 25. In other scenarios with HP-LP turbines drying
is not included in the process, hence there, instead of the 20-bar condensate, makeup water of 10°C is used to saturate the withdrawn superheated steam.

Return condensate
4 bar

Saturated steam
4 bar

Return condensate
20 bar

Saturated steam
20 bar

Boiler

~

91 bar
4 bar

Air heater

Feed

2 bar

0.75 bar

Feed water tank
4 bar

Combustion
Flue gas
150°C

To district heating
90°C

Air
10°C

Make-up water
10°C
Flue gas
condenser
Flue gas
50°C

Figure 25

District heating, return
45°C

Plant of CHP with HP-LP turbines and district heating. Grey solid
and dashed lines represent gas and vapour streams, respectively.
The blue part is only applicable in scenario A2.
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Based on the Swedish conditions, it was assumed that heat is delivered to a district
heating system during a period of time equivalent to 4500 h. Cooling water is used
for the remaining 3500 h to remove heat.
5.3.4

Energy aspects of the various scenarios

Energy-related details of the scenarios are given in Table 11. The largest biogas
production was obtained in scenario B, due to the increased flow of
polysaccharides, soluble sugars and other degradable components. In the reference
case the organic matter fed to AD consisted of only volatile substances originating
from the pretreatment, evaporation and drying steps. Removing the evaporation
step decreased the heat duty of the process considerably, from 27.8 MW to 17.117.9 MW. The ethanol production was the same in all scenarios (6177 L/h), hence
the specific heat demands were reduced from 16.2 to 9.9-10.4 MJ/L ethanol. The
electricity produced on-site varied considerably, unlike the total power requirement
of the process. The highest electricity production was obtained for scenario A4,
where both the biogas and the solid residue are burnt in the CHP plant. In scenarios
A1 and A2 the power produced was lower than the power demand in the process,
thus requiring the purchase of electricity, while in all other scenarios a surplus of
electricity was produced that could be sold. The largest pellet production was
obtained for scenario A2, where, unlike other scenarios, the entire solid residue
was pelletised. In the case of district heating, the more heat that can be delivered,
the more difficult it is to find an appropriate plant location.
Table 11

Process details of the various scenarios. Values are given in MW.
The positive or negative difference between power demand and
electricity produced indicates purchasing or selling of electricity,
respectively. A summary of the scenarios is given in Table 9.
Reference
1

Energy flow of raw biogas
1

Energy flow of upgraded biogas
Process overall heat duty

A3

A4

B

3.8 19.9 19.9 19.5 19.5 29.4
- 18.9

- 18.5

- 27.9

27.8 17.6 17.6 17.9 17.9 17.1
4.1

4.4

4.5

4.0

4.5

Electricity produced in CHP

5.9

3.0

4.0 11.7 17.1

9.8

-

-

1

Energy flow of pellets
2

A2

Total process power demand

District heat

1

A1

2

3.8

4.7 34.1 48.9 31.1

48.5 39.3 56.2

-

-

-

Based on lower heating values.
Only the sold part of solid fuel is given here, i.e. the part incinerated on-site is excluded.
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The reference case had significantly lower overall energy efficiency (81%) than the
alternative stillage treatment scenarios (87–92%), see Figure 26. This was due to
the difference in the overall heat demand, since the reduction in the heat demand of
the ethanol process increased the energy output in the co-products. The energy
efficiency obtained for ethanol was about 33%, which emphasises the importance
of co-products in an energy-efficient process. In addition, as demonstrated in Paper
IV, co-products also have an important role in making the process economically
viable.
100

LHV energy efficiency (%)

90
80
District heat

70

Electricity

60

Biogas

50

Pellets

40

Ethanol

30
20
10
0
REF

Figure 26

A1

A2

A3

A4

B

Overall energy efficiency, based on lower heating values (LHV),
expressed as % of the input. A summary of the scenarios is given
in Table 9. REF: reference case.

The overall energy efficiency of the scenarios including district heating varied only
slightly, unlike their ethanol production cost (Figure 26). Therefore, it can be
concluded that high energy efficiency does not necessarily result in improved
economics. The energy efficiency would differ significantly, however, if the
district heating was excluded from these scenarios (for example, during the
summer, when the released heat has to be removed by cooling water). All the
scenarios including district heating (A2 to A4, B) had a higher overall efficiency
than scenarios without district heating (reference case and A1), as it was already
demonstrated by Sassner and Zacchi (2008).
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5.3.5

Economic aspects of the scenarios investigated

The lowest and highest total capital investment costs were obtained for scenarios
A1 (1199 million SEK) and A4 (1360 million SEK), respectively (Table 12). The
main contributors to the total direct cost were the pretreatment unit, the
fermentation stage (yeast cultivation and SSF) and the CHP plant. The highest cost
for CHP was obtained in scenario A4, where it constituted 44% of the total direct
cost. Anaerobic digestion had the highest direct cost in scenario B, where the
whole stillage stream was anaerobically digested.
Table 12

Breakdown of the total capital investment cost in million SEK.
A summary of the scenarios is given in Table 9.

Raw material handling
Pretreatment
Yeast cultivation & SSF
Distillation
Separation
Evaporation
Drying & pellet production
CHP
Storage
Heat exchanger network
AD
Total direct cost
Total indirect cost
Fixed capital investment
Working capital
Total capital investment

Reference
10
115
119
47
26
47
42
155
33
18
15
628
578
1206
69
1275

A1
10
115
119
47
26
45
110
28
11
75
586
551
1137
62
1199

A2
10
115
119
47
26
47
136
28
11
75
613
557
1170
75
1246

A3
10
115
119
47
26
266
28
11
74
696
539
1236
32
1268

A4
10
115
119
47
26
343
28
11
74
773
556
1329
32
1360

B
10
115
119
47
25
248
29
12
111
716
557
1273
32
1305

The major contributors to ethanol production cost were the cost of capital, raw
material and chemicals, which included enzyme cost, in descending order (Figure
27). Concordant results were obtained in Paper IV, and were reported by Sassner et
al. (2008). The favourable combinations for the co-products of the alternative
stillage treatment scenarios were: (i) upgraded biogas and pellets (scenario A1);
and (ii) upgraded biogas, electricity and district heat (scenarios A3 and B). With
respect to the production cost of ethanol, the alternative stillage treatment
configurations proved to be good options in some cases. Scenarios A1, A3 and B
resulted in low ethanol production costs (4.00-4.24 SEK/L), while scenarios A2
and A4 were less economical (5.27 and 5.02 SEK/L, respectively). Scenario A2
had an even higher ethanol production cost than the reference case (5.14 SEK/L).
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Ethanol production cost (SEK/L)

The difference in the production cost of ethanol between using the whole stillage
(scenario B) or only the liquid fraction in anaerobic digestion (scenario A3) was
negligible for the combination of co-products including upgraded biogas,
electricity and district heat.
6

5.27

5.14

5

4.24

5.02
4.01

4

4.00

3
2
1
0
-1

REF

-2

A1

A2

A3

A4

B

Raw material
Capital
Chemicals
Utilities
Others
Upgr. biogas
Pellets
Electricity
District heat
Total

-3
Figure 27

Breakdown of ethanol production cost in SEK/L. Chemicals include
enzymes. ‘Others’ refers to the cost of labour, insurance and
maintenance. A summary of the scenarios is given in Table 9.
REF: reference case; Upgr: upgraded.

The sensitivity of ethanol production cost to changes in the prices of the coproducts was monitored by changing the price of one co-product at a time
from -40% to +40% (Figure 28). The effect of changing price of the co-products
depends on the share of the given co-product with regard to the total income: the
higher the share the greater the effect. The electricity price had the highest impact
on scenario A4, followed by scenarios A3 and B. However, scenarios A3 and B
had the lowest ethanol production cost in almost the whole range investigated.
Without selling electricity certificates (200 SEK/MWh) scenario A1 would be the
most profitable if the spot price of electricity decreased below 260 SEK/MWh.
Scenario B was that most affected by the price of biogas. Even with a 40% lower
price of biogas the scenarios including biogas upgrading (A1, A3, B) resulted in
lower ethanol production costs than the scenarios including biogas burning
(reference case, A2, A4), although the difference was much smaller. The income
from biogas could also decrease due to a lower production of biogas than that
assumed. However, as long as the product of the amount of biogas produced and
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the price does not decrease by more than 40%, the scenarios with biogas upgrading
are more favourable from an economic point of view. The pellet price had the
highest impact on scenario A2. For a pellet price higher than 235 SEK/MWh
scenario A1 would result in a lower ethanol production cost than any of the other
scenarios. Finally, the district heat price had a considerable influence on scenarios
A4, A3 and B, in descending order. Scenarios A3 and B had the lowest ethanol
production cost when the price of district heat was higher than 195 SEK/MWh,
whereas below this value scenario A1 became the most economical. Hence,
scenario A1 would have the lowest ethanol production cost, in the case where there
was no income from district heating - for example, the plant location would not be
appropriate for district heating. From the results of sensitivity analysis, it can be
concluded that alternative stillage treatment with biogas upgrading proved to be a
favourable option in many respects.

Figure 28

Ethanol production cost (SEK/L) as a function of prices of (A)
electricity, (B) upgraded biogas, (C) pellets and (D) district heat. A
summary of the scenarios is given in Table 9. REF: reference
case.
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6

SUMMARY

The work presented in this thesis focuses on improving the lignocellulose-toethanol process. Two kinds of approaches, i.e. experimental methods and technoeconomic evaluations were involved in this progress. In the experimental part,
optimisation of steam pretreatment of hemp hurds, a novel potential raw material
for ethanol production, and an integration possibility for simultaneous
saccharification and fermentation are presented. In the techno-economic part,
options of on-site enzyme fermentation, alternative stillage treatment and
production of various co-products are investigated in a wood-based ethanol
process.
Steam pretreatment of hemp hurds
Hemp hurds, the woody core of hemp, is an agro-industrial by-product with
relatively high carbohydrate content. Steam pretreatment of non-impregnated hemp
hurds was investigated at two reactor scales (2 and 10-L) by varying the
temperature from 200-230°C. Glucan recoveries were relatively high (> 82% of
original content), while xylan recoveries ranged from 18-66% of original.
Conversions of glucan and xylan in enzymatic hydrolysis varied between 62-83%
and 46-96%, respectively. Ethanol yields in simultaneous saccharification and
fermentation ranged from 38-70%, based on glucan and mannan contents of the
substrate. To obtain adequately high ethanol yield a steam pretreatment
temperature of 210°C ≤ was required. However, the highest overall sugar yield
(glucose + xylose, 63% of theoretical) was obtained at 200°C.
Integrated ethanol production from wheat straw and wheat meal
Integration of a lignocellulosic ethanol production technology to a starch-based
technology currently existing on an industrial scale can facilitate the
commercialisation of the former. Steam pretreated wheat straw was mixed with
presaccharified wheat meal and converted to ethanol in simultaneous
saccharification and fermentation. With increasing amount of presaccharified
wheat meal, not only the ethanol concentration, but also the ethanol yield
increased. The maximum ethanol yield, 99% of theoretical based on glucose, was
obtained for a mixture of containing equal amounts of presaccharified wheat meal
and steam pretreated wheat straw (on a water-insoluble solids basis) resulting in an
ethanol concentration of 56.5 g/L. This yield was higher than those obtained with
pure steam pretreated wheat straw (68 %) or with pure presaccharified wheat meal
(91 %), hence mixing of the two substrates was found to be beneficial for the final
ethanol concentration and also for the ethanol yield.
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Modelling of on-site enzyme fermentation
On-site cellulase enzyme fermentation in a softwood-to-ethanol process was
investigated from a techno-economic aspect. The effect of varying the carbon
source of enzyme fermentation was monitored through the whole process. Liquid
fraction of steam pretreated material, the same supplemented with molasses and the
whole pretreated slurry served as carbon source. Enzyme production step decreased
the overall ethanol yield (270 L/dry tonne of raw material in the case of purchased
enzymes) by 5-16 L/tonne. Capital cost was found to be the main cost contributor
to enzyme fermentation. Productivity of cellulase fermentation was proved to be an
important parameter in the cost of enzyme production. The lowest minimum
ethanol selling prices were obtained in those scenarios, where pretreated liquid
fraction supplemented with molasses was used as carbon source. In some
scenarios, on-site enzyme fermentation was found to be a feasible alternative.
Modelling of alternative stillage treatment and production of various coproducts
Replacing the energy-intensive evaporation of stillage by anaerobic digestion is
one way of decreasing the energy demand of the lignocellulosic ethanol process.
The biogas can be incinerated or upgraded and sold out. Various process
configurations of anaerobic digestion of the stillage, with different combinations of
co-products, were evaluated in terms of energy efficiency and ethanol production
cost versus the reference case of evaporation. Anaerobic digestion of the stillage
showed a significantly higher overall energy efficiency (87-92%), based on the
lower heating values, than the reference case (81%). Although the amount of
ethanol produced was the same in all scenarios, the production cost varied between
4.00 and 5.27 SEK/L, including the reference case. Anaerobic digestion of the
stillage with biogas upgrading can be a favourable option for both energy
efficiency and ethanol production cost.

6.1

Novel scientific findings

1.
The optimal temperature of steam pretreatment (performed without catalyst
addition, for 10 minutes, in a reactor volume of 10 L) of hemp hurds for releasing
fermentable sugars in enzymatic hydrolysis and for subsequent ethanol
fermentation, is 210°C in terms of overall glucose (336 g/kg dry hurds, 75% of
theoretical) and ethanol yield (141 g/kg dry hurds, 60%). However, the maximum
sugar yield (414 g/kg dry hurds, 63%), considering glucose and xylose, can be
obtained at lower temperature (200°C) (Paper I).
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2.
Simultaneous saccharification and fermentation of a mixture containing
equal amounts of presaccharified wheat meal and steam pretreated wheat straw (on
a water-insoluble solids basis) results in higher ethanol yield (99% of theoretical)
than the simultaneous saccharification and fermentation of presaccharified wheat
meal alone (91%) (Paper II).
3.
In the case of on-site enzyme production integrated in a lignocellulose-toethanol process, the productivity of cellulase fermentation affects the specific
enzyme cost (related to unit ethanol produced). Providing the same enzyme
fermentation configuration, the decrease of enzyme cost is determined by the
extent of productivity increment and not by the origin of the increment (Paper III).
4.
In enzyme fermentation pentose sugars are utilised together with hexose
sugars. In the model of Paper IV, even including on-site enzyme production, the
major part of pentose sugars (87%≤) is burnt or dried into solid fuel. The amount of
hexose sugars consumed during enzyme fermentation is small (≤6% of the total
amount present in the pretreated material).
5.
The main contributor to specific enzyme cost is the capital investment cost.
On-site enzyme fermentation contributes to 9-11% of the ethanol production cost
(Paper IV).
6.
Anaerobic digestion of the stillage decreases the heat duty of the process
considerably, compared to the evaporation of the stillage (from 27.8 MW to 17.117.9 MW). Consequently, the energy efficiency increases (from 81% to 87-92%,
based on lower heating values) (Paper V).
7.
Anaerobic digestion of the stillage results in lower ethanol production cost
than evaporation of the stillage in some cases. The favourable combinations for the
co-products of the stillage treatment with anaerobic digestion are: (i) upgraded
biogas and pellets, and (ii) upgraded biogas, electricity and district heat. These
combinations remain favourable by changing the price of one co-product at a time
between -40% and +40%. The difference in the production cost of ethanol between
using the whole stillage or only the liquid fraction in anaerobic digestion is
negligible for the combination of co-products including upgraded biogas,
electricity and district heat (Paper V).
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Steam pretreatment is one of the most efficient pretreatment technologies employed
prior to enzymatic hydrolysis of lignocellulosics to obtain high polysaccharide conversion.
In this study, steam pretreatment of non-impregnated hemp hurds was investigated at two
reactor scales (2 and 10 L) by varying the temperature from 200–230 °C. Glucan recoveries were relatively high (> 82 % of original content), while xylan recoveries ranged from
18–66 % of original. Conversions of glucan and xylan in enzymatic hydrolysis varied between X = 62–83 % and 46–96 %, respectively, based on glucan and xylan contents of the
substrate. Ethanol yields in simultaneous saccharification and fermentation ranged from
Y = 38–70 %, based on glucan and mannan contents of the substrate. The highest overall
glucose yield was 336 g kg–1 dry hurds obtained at 210 °C, whereas the maximum sugar
yield (glucose + xylose), 414 g kg–1 dry hurds, was achieved at 200 °C. The highest ethanol yield, 141 g kg–1 dry hurds, was obtained at 210 °C.
Key words:
Hemp hurds, steam pretreatment, enzymatic hydrolysis, SSF, ethanol production

Introduction

Ethanol has a rapidly expanding market primarily due to utilisation in vehicular fuel.1,2 Currently, more than 96 % is produced from renewable
resources, referred to as bioethanol.3 First- and second-generation production technologies can be distinguished according to maturity and feedstocks.4
For the former, sugar substances and grains serve as
feedstocks and these technologies already exist on a
large scale, while the latter utilise lignocellulosic
materials and involve more complex technologies
that have not yet been introduced at an industrial
scale. Whereas sugar and starch-containing feedstocks are limited, relatively expensive and supply
the food industry as well, lignocellulosic biomass is
abundant, available at low cost and largely unused.5,6
Cellulose can be broken down into fermentable
glucose using an acid catalyst or cellulase enzyme
complex.7 In order to obtain appropriate polysaccharide conversion in enzymatic hydrolysis, pretreatment of the raw material is required. Steam
pretreatment has been found to be one of the most
efficient pretreatment technologies.8,9 In this process, chopped biomass is subjected to high-pressure
steam in a reactor for a given time, and then the
pressure is released instantaneously. Since hemicellulose contains acetyl groups that are cleaved
*Corresponding author. Tel.: +36-1-463-2843, Fax: +36-1-463-2598,
e mail: zsolt_barta@mkt.bme.hu

during the reaction forming acetic acid, catalysis
occurs, which is referred to as autohydrolysis. 10
Nevertheless, impregnation with other acids (catalyst addition) prior to pretreatment has been proven
to have a positive effect on the sugar recovery
through steam pretreatment by enabling lower temperatures and shorter residence times.11 Moreover,
impregnation improves enzymatic hydrolysis as
well as ethanol fermentation by reducing the formation of inhibitory compounds from sugar degradation.12,13 Drawbacks of steam pretreatment are the
partial degradation of hemicellulose, production of
enzymes and fermentation inhibitors, and incomplete separation of lignin and cellulose.8,14
Hemp hurds are the woody core of industrial
hemp (non-drug varieties of Cannabis sativa L.)
which is one of the raw materials of the fibre industry, where bast fibres are required. Conventionally,
they are removed after dew-retting the hemp stalks
in the field15 or after water-retting. In these processes, the pectinases produced by bacteria present
on the material digest the pectin and enable fibre
separation. The residue, containing less cellulose
but more hemicellulose than the fibre fraction, is referred to as hemp hurds and has had only minor applications so far, such as animal bedding due to its
high water-absorbing ability, garden mulch or a
component of light-weight concrete. Hemp hurds
constitute 70 % of the stalk dry matter.16
Industrial hemp is an attractive crop, because it
can reach high biomass yield, possesses low sus-
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ceptibility to pests and diseases, and suppresses
competing weeds.17 In the 1960s, Hungary produced huge amounts of industrial hemp, which has
since dropped significantly; nevertheless the conditions (climate, soil etc.) are still appropriate for cultivation of large quantities. Since hemp hurds are an
agro-industrial by-product with a high carbohydrate
content, they are a potential candidate for second-generation fuel-ethanol production. Vignon et
al.19 investigated impregnated hemp woody core in
a steam explosion treatment to optimise fibre separation and delignification, primarily by means of
optical and scanning electron microscopy and
compositional analysis. Moxley et al.17 performed
cellulose-solvent-based lignocellulose fractionation
of hemp hurds and subsequent enzymatic hydrolysis of the residual cellulose fraction.
In this study, the hemp hurds upstream-processing lines, consisting of steam pretreatment and
subsequent enzymatic hydrolysis or simultaneous
saccharification and fermentation, were investigated to produce fermentable sugars or ethanol, respectively. The lines differed in pretreatment conditions. The efficiency of pretreatment was assessed
in terms of sugar recoveries, polysaccharide conversions in enzymatic hydrolysis using commercial
cellulases, as well as ethanol yields obtained in simultaneous saccharification and fermentation (SSF)
employing ordinary baker’s yeast.

Materials and methods
Raw material and chemicals

Hemp hurds were kindly provided by Hungarohemp (Nagylak, Hungary). The 1.5–2.5 m long
hemp stalks were retted, dried, and then milled by
means of finned rolls. The fibres remained more or
less intact, whereas the hemp hurds were broken
into 1–2 cm long pieces with a width of 1–5 mm.
Hemp hurds were used for steam pretreatment at
that size. All chemicals were obtained from Merck
(Darmstadt, Germany), otherwise it is given below.
Steam pretreatment

Five pretreatments were performed for 10 min
without impregnation at 220 and 230 °C in a 2 L reactor as well as at 200, 210 and 220 °C in a 10 L reactor. Steam pretreatment units have been described
elsewhere.20 Dry matter loading was 200 g in the
2 L reactor and 500 g in the 10 L reactor. The resulting slurry was weighed and separated into liquid
and solid fractions. The solids were washed and
analysed for carbohydrate and lignin contents.
Monomeric sugars and degradation products in the
liquid fraction were measured by high-performance

liquid chromatography (HPLC). Post-hydrolysis of
oligomeric sugars in the liquid fraction was also
performed.
Estimation of furan derivatives and acids
in flash vapour

During expansion to ambient pressure, the volatile compounds partially vapourise. Since the
steam pretreatment unit is not equipped with a flash
vapour condenser, these compounds were measured
only in the slurry. A flash calculation was performed with Aspen Plus (Aspen Tech Inc. Cambridge, MA, USA) using NRTL-2 method to estimate the total amount of furfural, hydroxymethylfurfural (HMF), and acetic and formic acids formed
in the reaction. Before expansion, the vapour fraction in the reactor was set to zero, i.e., all steam injected was assumed to condense completely.
Compositional analysis

Oven-dried samples of raw hurds were ground
in a laboratory hammer mill (type: SM 2000,
Retsch, Haan, Germany) and separated with a sieve
set (type: RP 20, CISA, Barcelona, Spain) into two
fractions in accordance with the procedure of
National Renewable Energy Laboratory (NREL,
Golden, CO).21 Samples of oven-dried pretreated
solid fractions were milled and sieved to a mesh
size of 1 mm. Non-volatile water and ethanol extractives of the raw hurds were determined by
means of an accelerated solvent extraction (ASE)
according to the NREL protocol.22 ASE was performed on the 0.18–0.85 mm fraction. Non-volatile
extractives remaining in the flask after evaporation
were measured by weight after drying at 105 °C.
The carbohydrate and lignin contents were determined according to the NREL standardised
method.23 Extracted material as well as pretreated
solid fractions were treated in a two-step acid hydrolysis with 72 % H2SO4 for 1 h at 30 °C and then
with 4 % H2SO4 for 1 h at 121 °C. Sugar contents
of the supernatants were analysed with HPLC. The
dried residue consisted of acid-insoluble lignin and
acid-insoluble ash. Total ash, structural inorganics
and acid-insoluble ash contents were measured by
ashing the sample at 575 °C for at least 4 h until the
sample weight was constant.24 Total ash refers to
the inorganic part of the raw material or solid fraction after pretreatment, whereas structural inorganics
are measured as ash of the extracted material. To
determine the total sugar content in the liquid fraction of the pretreated material, samples of 25 mL
were mixed with 0.72 mL of 98 % H2SO4, and
autoclaved for 30 min at 121 °C.25 Sugar contents
were determined by HPLC.
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Enzymatic hydrolysis

Enzymatic hydrolysis (EH) of the washed solid
fraction was carried out in shake flasks in a reaction
volume of 25 mL at a water-insoluble solid (WIS)
content of 5 % at 50 °C using commercial enzyme
preparations (NS50013 – cellulase complex, NS50010
– beta-glucosidase preparation, both from Novozymes
A/S, Bagsværd, Denmark). Enzyme loading of
NS50013 was 15 FPU (filter paper unit) g–1 WIS
and the volumetric ratio (y) of NS50010 to
NS50013 was 0.1. The rotary shaker (Certomat-R,
B-Braun, Germany) was adjusted to 150 rpm. Sodium citrate buffer (c = 0.05 mol dm–3) was used to
maintain pH at 5.0. Triplicates were incubated for
72 h. Released sugars were analysed by HPLC.
Simultaneous saccharification and
fermentation

Non-sterile simultaneous saccharification and
fermentation of washed fibres was performed in
shake flasks in a volume of 50 mL at a WIS content
of w = 10 % by applying commercial enzyme preparations (NS50013, NS50010) and Saccharomyces
cerevisiae (DER-CIEMAT Culture Collection
No. 1701) at 32 °C. Enzyme loading of NS 50013
was 25 FPU g–1 glucan. Volumetric ratio of
NS50010 to NS50013 and agitation speed were the
same as for the EH experiments. Yeast extract,
NH4Cl, KH2PO4 (Sigma-Aldrich, Munich, Germany) and MgSO4 · 7H2O were added in final concentrations of g = 5, 2, 1 and 0.3 g L–1, respectively. Flasks were inoculated with a 4 % (v/w)
S. cerevisiae culture grown for 16 h at 32 °C at
150 rpm in the same growth medium supplemented with glucose (g = 30 g L–1). Sodium citrate
buffer (c = 0.05 mol dm–3) was used to adjust the
initial pH to 5.0. Triplicates were incubated for
72 h. Ethanol was measured by gas chromatography.
Chromatography

Sugar contents (glucose, xylose, arabinose,
mannose, and galactose) were determined by a Waters liquid chromatograph with a refractive index
detector using an Aminex HPX-87P column
(Bio-Rad, Hercules, CA) operating at 85 °C. Ultrapure water was used as eluent at a flow rate of
Q = 0.6 mL min–1. Furfural and HMF contents
were analysed by a Hewlett Packard (HP) liquid
chromatograph, equipped with an UV-diode-array
detector, and the separation was performed with an
Aminex HPX-87H column at 55 °C with an eluent
of c = 5 mmol dm–3 H2SO4 (89 %) and acetonitrile
(11 %) at a flow rate of Q = 0.7 mL min–1. Quantification of acetic and formic acids was carried out
with a Waters liquid chromatograph with a refractive
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index detector using an Aminex HPX-87H column
at 65 °C. The mobile phase was c = 5 mmol dm–3
H2SO4 at a flow rate of Q = 0.6 mL min–1. Ethanol
content was measured by gas chromatography,
using an HP apparatus equipped with a flame
ionisation detector and a Carbowax column operating at 85 °C. The 20M injector and detector temperatures were maintained at 150 °C.
Statistical analysis

Statistical evaluation was carried out using
Statistica 8.0 software (Statsoft Inc., Tulsa, OK).
Independent t-tests of glucan and xylan conversions
in EH and yields in SSF experiments were performed for some pairs of conditions to ascertain
whether they differed significantly, where the significance level was £ 0.05. The two-tailed t-test
probability is denoted here by p.

Results and discussion
Compositions

Results of the compositional analysis are presented in Table 1. The most abundant polysaccharides in the raw hurds were glucan and xylan, together comprising w = 59 % of the dry matter. The
hemp-hurd composition reported by Moxley et al.17
is in line with that obtained here, except that their
raw material consisted of 4.7 % arabinan. The composition of hemp hurds was compared to that of
other lignocellulosic raw materials such as wheat
straw,26,27 corn stover,28,29 softwoods (spruce,30
pine26) and hardwoods (salix,11 poplar,31 aspen,
birch26). The glucan content of hemp hurds was
slightly higher than that of wheat and barley straw,
and it was in the range of corn stover, softwoods
and hardwoods. Regarding the xylan, mannan and
lignin contents, major differences were obtained between softwoods and hemp hurds. The hemicellulose of softwoods consisted of more mannan, but
less xylan, and the lignin content of softwoods was
also higher. Galactan and arabinan are minor constituents of each raw material, and none of their
contents varied significantly among the materials
surveyed.
The glucan contents of the pretreated solid
fraction varied between 57–63 %. The increase in
glucan and lignin contents, compared to the original
material, was due to solubilisation of the hemicellulose fraction through pretreatment. Indeed,
mannan and galactan present in the raw hurds disappeared entirely from the solid fraction, except for
the case of the 200 °C treatment; a significant drop
in xylan content was observed as well. Vignon
et al.19 reported the composition of two kinds of
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T a b l e 1 – Composition of raw hemp hurds and pretreated separated, washed solid fractions expressed as % of dry matter. Standard deviations were calculated from triplicates.
2L

10 L

Raw hemp hurds
220 °C

230 °C

200 °C

210 °C

220 °C

glucan

40.1 ± 1.1

62.8 ± 0.5

60.3 ± 1.8

57.4 ± 0.8

57.5 ± 1.1

58.6 ± 3.0

mannan

0.9 ± 0.1

0.0 ± 0.0

0.0 ± 0.0

0.7 ± 0.0

0.0 ± 0.0

0.0 ± 0.0

galactan

0.3 ± 0.0

0.0 ± 0.0

0.0 ± 0.0

0.0 ± 0.0

0.0 ± 0.0

0.0 ± 0.0

18.4 ± 0.3

2.6 ± 0.2

2.1 ± 0.1

6.9 ± 0.9

2.9 ± 0.0

3.1 ± 0.1

0.0 ± 0.0

0.0 ± 0.0

0.0 ± 0.0

0.0 ± 0.0

0.0 ± 0.0

0.0 ± 0.0

21.7 ± 0.2

36.2 ± 0.3

38.8 ± 0.2

34.7 ± 1.1

37.9 ± 0.1

40.9 ± 1.4

xylan
arabinan
acid-insoluble lignin
water extractives

3.3 ± 0.2

–

–

–

–

–

–

–

–

–

–

ethanol extractives

1.5 ± 0.4

–

–

–

–

–

–

–

–

–

–

total ash

2.3 ± 0.0

1.2 ± 0.1

1.5 ± 0.0

1.4 ± 0.1

1.3 ± 0.0

1.3 ± 0.0

structural inorganics

1.2 ± 0.0

–

–

–

–

–

acid-insoluble ash

0.0 ± 0.0

0.0 ± 0.0

–

–

0.0 ± 0.0

steam-pretreated hemp hurds (220 and 240 °C,
3 min, 0.1 % H2SO4). A major difference was found
in the glucan contents (48 and 53 %, respectively)
compared to those in Table 1, however, the authors
suggested that their glucan contents might be underestimated.
Steam pretreatment

In steam pretreatment, as the steam heats the
material, it simultaneously condenses. Depending
on the heat flux between the environment and the
reactor, i.e., on the heat losses to ambient, further
condensation can occur. Increased steam condensation results in a more diluted slurry. Table 2 shows
that higher solid contents were obtained in the 10 L
reactor than in the smaller one, which could be due
to different equipment designs, and concomitant
differences in heat loss. As acid concentrations in
the liquid fraction obtained in the large reactor were
only twice that in the small one, the pH values did
not differ significantly.

–

0.0 ± 0.0

–

0.0 ± 0.0

–

0.0 ± 0.0

Fig. 1 shows the dry matter and component recoveries after pretreatment as % of original. Similar
trends were observed for galactan and mannan as
well (data not shown). The recovered portion decreased when the pretreatment severity was enhanced, i.e., by elevating the temperature. Dry matter loss can be referred to as the volatile fraction,
since this represents the dry mass difference between the initial material and the non-volatile fraction (slurry).
At least 82 % of the initial glucan was recovered in the slurry, mainly in the water-insoluble
fraction. Lost glucan was the portion hydrolysed to
glucose, however, later it was further degraded to
HMF. The latter compound can decompose to
levulinic acid and formic acid, or condense with the
lignin.10 Recoveries of galactan and mannan fluctuated between 17–92 % and 17–98 % of original,
respectively. These compounds were recovered
almost exclusively in the liquid phase; however,
at 200 °C a remarkable amount of mannan (54 %

T a b l e 2 – Solid contents of the pretreated slurry and acidity, and acid concentrations in liquid fractions. Standard deviations
were calculated from duplicates.
2L

10 L

220 °C

230 °C

200 °C

210 °C

220 °C

total solids, w/%

5.9 ± 0.1

5.5 ± 0.1

21.2 ± 0.8

13.0 ± 0.5

13.3 ± 0.1

water-insoluble solids, w/%

4.4 ± 0.1

4.2 ± 0.1

15.3 ± 0.4

10.7 ± 0.3

10.3 ± 0.1

3.6

3.6

3.7

3.7

3.6

2.6

2.4

4.7

5.2

5.5

0.8

0.8

1.9

1.8

1.8

pH
acetic acid, g/g

L–1

formic acid, g/g L

–1
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F i g . 1 – (a) Dry matter, (b) acid-insoluble lignin, (c) glucan and (d) xylan recoveries after pretreatment as % of original

of original) remained in the fibre fraction. Losses
of galactan and mannan were similar to xylan
at a given pretreatment condition, except at 200 °C,
where they were significantly lower. Galactose and
mannose can also be degraded to HMF.
Xylan recovery varied between 18–66 % of
original. The conditions investigated were more severe than the optimum for xylan, hence xylan recovery decreased drastically by increasing the temperature. The water-soluble xylan made up a significant share of the recovered part. These poor recoveries might be due to the rather long residence time
in addition to the moisture content of the raw hurds
fed to the reactor, which was low as well (around
10 %). These conditions have been reported to have
unfavourable effects on xylan recoveries.11 Released pentoses can degrade into furfural that can
then decompose to formic acid or condense with the
lignin.10 Since no arabinan was detected in the raw
hemp hurds, the furfural present must have originated from xylan. Concerning the stoichiometric
reaction of xylose into furfural and the estimated
total amount of furfural, see Table 3, the % of xylan
that were degraded to furfural were calculated
as follows: 26 and 25 % for the 2 L reactor at
220 and 230 °C, respectively, and 6, 14, and
14 % for the 10 L reactor at 200, 210, and 220 °C,
respectively. By subtracting these values from
the xylan losses, it can be concluded that a signifi-

cant amount of the original xylan was lost to the
formation of formic acid or pseudolignin detailed
below.
The aim of using two different reactors was to
investigate whether the same temperature and residence time resulted in the same severity. It was
observed that, at the same temperature (220 °C),
larger losses were obtained in case of the 10 L reactor. Dry matter, glucan, or xylan losses obtained in
the large reactor at 210 and 220 °C were similar to
those obtained in the small one at 220 and 230 °C,
respectively. These indicate that a given treatment
temperature resulted in more severe pretreatment
in the 10 L reactor. This might be due to differences
in the heating and cooling profiles of the two reactors. The 2 L reactor takes ~1 min to reach the pretreatment temperature, whereas the larger one requires ~3 min. Opening the slurry receiver also
takes more time with the larger one, due to differing
equipment designs. Since the pH values were
nearly the same in both reactors at each temperature, the severity was therefore not much affected
by the acidity.
Acid-soluble lignin recoveries were measured
from the solid fraction as the residue after a
two-step acid hydrolysis. All the lignin recoveries
were around 100 %, i.e., the extent of lignin
solubilisation was low; additionally, in the 10 L reactor, the values were higher than 100 %. This ap-
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parent contradiction can be resolved by taking into
account the fact that during pretreatment the
solubilised lignin partially undergoes repolymerisation, and reactions between lignin and sugars or
sugar degradation products also occur, forming
pseudolignin, which contributes to the amount of
acid-insoluble lignin.32
Enzymatic hydrolysis

Fig. 2 shows the conversions of glucan and
xylan in enzymatic hydrolysis. Glucan conversion
after pretreatment in the 10 L reactor at 210 °C was
83 % of theoretical, which was significantly higher
than that in case of the 200 °C (p = 10–5) and
220 °C (p = 0.0038) pretreatments. In the 2 L reactor, there was no significant difference between the
two temperatures (p = 0.3876).

Simultaneous saccharification
and fermentation

Fig. 3 shows the SSF yields based on glucan and mannan contents of the substrate. The highest ethanol yield from washed fibres, 70 % of theoretical, was obtained from the pretreatment at
210 °C. This was significantly higher than that
at 200 °C (p = 0.0003); nevertheless, the difference was not significant compared to that at
220 °C (p = 0.4925). No significant differences
were obtained either in the 2 L reactor between
the two investigated temperatures (p = 0.2081)
or between the two reactor sizes at 220 °C
(p = 0.2360).

F i g . 3 – Ethanol yields in simultaneous saccharification
and fermentation (SSF) expressed as % of theoretical, based on
glucan and mannan contents of the substrate
F i g . 2 – Conversions of glucan and xylan in enzymatic
hydrolysis (EH) as % of theoretical

Overall product yields

The xylan content of the pretreated solid fractions was low (see Table 1), therefore the accuracy
of xylan conversion was low as well. Considering
the two reactor sizes separately, it can be seen that
xylan conversion decreased monotonically with the
elevation of temperature. In other studies, the same
trend has been observed, i.e., xylan conversions
decreased when pretreatment severity was enhanced.11,33 Xyloglucan, one of the major hemicellulosic polysaccharides, can be present in three
macromolecular domains in lignocellulosics.34
These domains differ in resistance and accessibility.
More severe pretreatment solubilises the less recalcitrant xyloglucan to a greater extent; hence the
proportion of resistant, less-accessible regions increases in the pretreated solid fraction, which might
interpret the declining xylan conversions in EH.
Pretreating hemp hurds in the small reactor at
220 °C resulted in significantly higher glucan
and xylan conversion than in the large one at the
same temperature (p = 0.0343 and 0.0008, respectively).

Table 3 shows the product masses obtained
from 100 g of dry hemp hurds. After pretreatment,
solubilised sugars were present mainly in their
oligomeric forms. The results of the Aspen Plus
flash calculations for furan derivatives and acids
showed that, for a given volatile compound, elevating the pretreatment temperature resulted in a decreased mass recovery (amount in slurry/estimated
total amount produced). At a given condition mass
recoveries increased in the following order: furfural
< formic acid < acetic acid < HMF, the last remaining entirely in the liquid phase. Generally, in the
2 L reactor, more furfural and HMF were obtained
in the slurry than in the 10 L reactor, hence the total
amounts of these compounds were also higher in
the small reactor. At 220 °C, less sugar was lost in
the 2 L reactor compared to the 10 L one; however,
more furfural and HMF were obtained. Consequently, more furan derivatives were further degraded or formed pseudolignin at 220 °C in the
10 L reactor.
Overall sugar yields were calculated from Table 3 values by the following equation:
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T a b l e 3 – Product masses expressed in g obtained from 100 g hemp hurds dry matter. Oligo-sugars are given as monomer equivalents.
100.0

hemp hurds dry matter
glucose potential

44.6

xylose potential

20.9
2L

10 L

220 °C

230 °C

200 °C

210 °C

220 °C

oligo-glucose

0.9

0.9

0.9

0.7

0.4

glucose

0.2

0.1

0.0

0.1

0.1

oligo-xylose

3.3

2.8

7.4

3.3

1.5

xylose

0.7

0.3

0.5

0.7

0.2

0.9

0.8

0.2

0.5

0.5

2.6

2.6

0.6

1.3

1.4

HMFb

0.2

0.2

0.0

0.1

0.1

HMFb in flash vapoura

t.a.c

t.a.c

t.a.c

t.a.c

t.a.c

acetic acid

3.3

3.0

1.8

2.7

2.6

0.7

0.8

0.3

0.5

0.6

formic acid

1.0

1.0

0.7

0.9

0.9

formic acid in flash vapoura

0.4

0.4

0.2

0.3

0.3

glucose

32.3

31.7

27.3

32.8

27.5

xylose

1.1

0.8

5.2

1.7

0.9

13.3

12.7

8.5

14.1

12.5

Steam pretreatment

furfural in slurry
furfural in flash

vapoura

acetic acid in flash

vapoura

Enzymatic hydrolysis

SSFd
ethanol
aestimated with Aspen Plus
bhydroxymethylfurfural
ctrace amounts
dsimultaneous saccharification

and fermentation

yield sugar =
=

mass sugar in liquidfraction+ mass sugar obtained inEH
mass sugar in raw material

where sugar denotes either glucose or xylose. The
oligomeric sugars are also included in the liquid
fraction term, expressed as their monomer equivalents. Overall glucose yields varied between 63–75 %
of theoretical and they showed the same pattern
as the EH glucan conversions, since the amounts
of monomeric and oligomeric glucose in the liquid
fraction after pretreatment were rather small. Overall xylose yields ranged between 13 and 63 %
of theoretical and decreased monotonically with
higher temperatures in both reactors. Beside the
xylose released in EH, however, xylose solubilised during pretreatment made up a significant
share.

In terms of overall glucose yields, the best pretreatment condition was that of 210 °C, where
336 g glucose was obtained from 1 kg of dry raw
material, while with regard to total sugar yield, i.e.,
glucose + xylose overall yields, it was shifted to
200 °C. At this temperature, 414 g sugar was recovered from 1 kg of dry raw material. In regard to the
highest overall ethanol yield, with the pretreatment
at 210 °C, 141 g ethanol could be produced from
1 kg of dry raw material.
Ordinary baker’s yeast, the robust full-scale
ethanol fermenting microorganism, is unable to
convert pentoses to ethanol, hence in a process applying this organism, these sugars can form
co-products such as solid fuel or are burnt on-site.35
Furthermore, they can also be utilized as carbon
source of on-site cellulase enzyme fermentation.36
A lot of effort has been made to develop
pentose-fermenting yeast strains, however the
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co-fermentation of hexoses and pentoses has not
been solved on an industrial scale yet.37
If a pentose-fermenting yeast were used, assuming the same ethanol yield from xylose as from glucose, an addition of 0.8 g ethanol (per 1 kg of dry raw
material) could be produced from the xylan of the
solid fraction obtained at 210 °C. Raw hemp hurds
contain a remarkable amount of xylan; however, its
recovery through steam pretreatment was poor at this
temperature. If the ultimate aim is sugar or ethanol
production, xylan recovery must be improved. A
two-step steam pretreatment is a possible alternative
for preventing the less-recalcitrant hemicellulose fraction from further degradation, thus improving its recovery.30 Nevertheless, the additional pretreatment
step increases both the capital investment and operational costs. Sassner et al.11 reported that impregnating the raw material with acid before steam pretreatment resulted in closer-to-optimum conditions for
glucan and xylan recoveries. As demonstrated in this
study, the optimum temperatures for glucan and xylan
recoveries differed greatly, therefore this alternative
should be considered as well.

List of symbols

c
p
Q
w
X
Y
g
y

- concentration, mol dm–3
- corresponding level of significance
- volume flow rate, mL min–1
- mass fraction, %
- conversion, %
- yield, %, g kg–1
- mass concentration, g L–1
- volume ratio

Abbreviations

ASE - accelerated solvent extraction
DM - dry matter
EH - enzymatic hydrolysis
FPU - filter paper unit
HMF - hydroxymethylfurfural
HP - Hewlett Packard
HPLC - high-performance liquid chromatography
NREL - National Renewable Energy Laboratory
SSF - simultaneous saccharification and fermentation
WIS - water-insoluble solids

Conclusions
Hemp hurds, being an agro-industrial by-product with high carbohydrate content, are a potential
candidate for second-generation fuel-ethanol production. Steam pretreatment of non-impregnated hemp
hurds was investigated for sugar and ethanol production by enzymatic hydrolysis and SSF, respectively.
Dry matter and sugar recoveries throughout the
pretreatments decreased monotonically with increasing temperature. Regarding enzymatic digestibility
of the fibre fraction and ethanol production, no significant difference was observed between the two investigated temperatures in the 2 L reactor. In the 10
L reactor, the most favourable condition was at 210
°C in terms of overall glucose and ethanol yield;
however, the maximum sugar yield was obtained at
200 °C. These yields were in the same size order as
the highest yields reported in other studies,11,27,30,33
where a similar experimental procedure (steam pretreatment, EH and SSF) was applied on various
lignocellulosic raw materials. To improve xylan recovery, further investigation of impregnation and
two-step steam pretreatment is required.
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Abstract
Background: Bioethanol can be produced from sugar-rich, starch-rich (first generation; 1G) or lignocellulosic (second
generation; 2G) raw materials. Integration of 2G ethanol with 1G could facilitate the introduction of the 2G technology.
The capital cost per ton of fuel produced would be diminished and better utilization of the biomass can be achieved. It
would, furthermore, decrease the energy demand of 2G ethanol production and also provide both 1G and 2G plants
with heat and electricity. In the current study, steam-pretreated wheat straw (SPWS) was mixed with presaccharified
wheat meal (PWM) and converted to ethanol in simultaneous saccharification and fermentation (SSF).
Results: Both the ethanol concentration and the ethanol yield increased with increasing amounts of PWM in mixtures
with SPWS. The maximum ethanol yield (99% of the theoretical yield, based on the available C6 sugars) was obtained
with a mixture of SPWS containing 2.5% water-insoluble solids (WIS) and PWM containing 2.5% WIS, resulting in an
ethanol concentration of 56.5 g/L. This yield was higher than those obtained with SSF of either SPWS (68%) or PWM
alone (91%).
Conclusions: Mixing wheat straw with wheat meal would be beneficial for both 1G and 2G ethanol production.
However, increasing the proportion of WIS as wheat straw and the possibility of consuming the xylose fraction with a
pentose-fermenting yeast should be further investigated.
Background
The use of bioethanol can reduce our dependence on fossil fuels, while at the same time decreasing net emissions
of carbon dioxide, the main greenhouse gas [1,2]. However, large-scale production of bioethanol is being
increasingly criticized for its use of food sources as raw
material. Brazil's bioethanol production consumes large
quantities of sugar cane, while in the USA, corn is used
[3]. Other starch-rich grains, such as wheat and barley,
are mostly used in Europe [4]. The use of such sugar-rich
feedstock causes the escalation of food prices, owing to
competition on the market [5,6]. Therefore, future expansion of biofuel production must be increasingly based on
bioethanol from lignocellulosic materials, such as agricultural byproducts, forest residues, industrial waste
streams or energy crops [7,8]. These feedstocks, which
are being used in second-generation (2G) bioethanol production, are abundant, and their cost is lower than that of
* Correspondence: Borbala.Erdei@chemeng.lth.se
1

Lund University, Department of Chemical Engineering, P.O. Box 124, SE-221
00 Lund, Sweden
Full list of author information is available at the end of the article

food crops [9]. In Europe, wheat straw has the greatest
potential of all agricultural residues because of its wide
availability and low cost [10].
To efficiently utilize lignocellulosic products, pretreatment is required to hydrolyse the hemicelluloses to make
the celluloses more accessible to the enzymes. One of the
most suitable kinds of pretreatment for lignocellulosic
material is steam explosion [11]. Combining steam explosion with acid catalysts is considered one of the most
promising techniques for the commercialization of the
process [12]. Several studies have shown that impregnation of wheat straw with small amounts of H2SO4 before
steam pretreatment results in improved sugar yields
[13,14].
During pretreatment, several sugar degradation products such as 5-hydroxymethyl-furfural (HMF) and
furfural (degradation products of hexoses and pentoses,
respectively), weak organic acids and phenolic compounds from lignin degradation are released into the
hydrolysate, and have been shown to inhibit both yeast
[15,16] and enzymes [17]; however, these compounds
affect cell growth more than ethanol formation. It has

© 2010 Erdei et al; licensee BioMed Central Ltd. This is an Open Access article distributed under the terms of the Creative Commons
Attribution License (http://creativecommons.org/licenses/by/2.0), which permits unrestricted use, distribution, and reproduction in
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also been shown by Larsson et al. that the ethanol yield in
the presence of several inhibitors decreased only slightly
compared with the reference fermentation [18]. Furthermore, the addition of weak acids has an intense inhibitory
effect on growth of Saccharomyces cerevisiae, but leads to
increased ethanol yield at low concentrations [19,20].
Therefore, we hypothesized that mixing starch hydrolysate with the lignocellulosic stream would dilute the
inhibitor concentration in the cellulose hydrolysate and
probably improve the fermentation, and at the same time,
the presence of inhibitors might also improve the ethanol
yield from the starch fraction.
To obtain efficient ethanol fermentation with S. cerevisiae, numerous nutrients, including trace metals and vitamins, are required during the process. Chemicals
contribute significantly to the cost of large-scale production [21]; although it was not in the scope of this study to
investigate this, their use should thus be minimized.
Wheat hydrolysate, which is relatively cheap compared
with chemicals, has been proven to be a potential supplement for lignocellulosic hydrolysate, because it is not only
a sugar-containing material, but is also a complex nutrient source [22,23].
The production cost of ethanol is not only dependent
on the yield but also on the concentration of ethanol in
the fermentation broth, because of the high energy
demand in the distillation step. In this step, the ethanol
concentration in the broth after fermentation is increased
to 94% using two stripper columns and a rectification column, which are heat-integrated by operating at different
pressures. A significant increase in energy demand is
observed at an ethanol concentration below 4% [24]. A
higher ethanol concentration can be achieved in the
broth by adding starch-rich material to the lignocellulosic
process, leading to a lower energy demand in distillation,
thus reducing the production cost.
The aim of this study was to evaluate the simultaneous
saccharification and fermentation (SSF) of mixtures of
cellulosic material (steam pretreated wheat straw; SPWS
and presaccharified wheat meal (PWM). The effect on
ethanol concentration and ethanol yield of varying the
proportions of starch and cellulose fraction in SSF was
investigated and compared with the pure starch and pure
cellulose alternatives.

Methods
The experimental procedure is illustrated in Figure 1. The
wheat meal was subjected to liquefaction and supplemented with α-amylase, followed by 2 hours of presaccharification with amyloglucosidase. The entire wort
(PWM) was used in SSF. The wheat straw was impregnated with a weak sulfuric acid solution and then
squeezed using a hydraulic press. The pressed material
was pretreated in a steam pretreatment unit and the
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Wheat Meal

Wheat Straw
Impregnation

Liquefaction
Termamyl SC
T=85 °C pH=5.5 t=3 h

0.2% H2SO4
20 g liquid/g dry straw
t=1 h T=20 °C

Press
P=270 bar DM=43%

Excess
liquid

Presaccharification
Spirizyme Fuel
T=60 °C pH=4.2 t=2 h

Slurry

Steam
Pretreatment
T=190 °C
t=10 min
Slurry

Simultaneous Saccharification
and Fermentation
S. Cerevisiae 5 g/L
Substrate: 5% WIS
T=36.5 °C pH=4.8 t=72, 96 h
Celluclast 1.5L+ Novozym 188

Figure 1 Experimental procedure used to assess the effects of
mixtures of wheat straw and wheat meal on simultaneous saccharification and fermentation (SSF).

whole slurry was then mixed with the PWM. The two
materials were mixed in different proportions to investigate the effects on the ethanol yield and the ethanol concentration.
Raw materials

Wheat straw was kindly provided by Lunds Civila Ryttarförening (Lund, Sweden). It was chopped in a hammer
mill, sieved to obtain pieces of 2-10 mm, and then stored
at room temperature before pretreatment. Wheat meal
(dry-milled grain) with an average particle size of 2.5 mm
was kindly provided by Sileco (Halland, Sweden) and
stored at 5°C before use.
Enzymes

α-Amylase (Termamyl® SC; Novozymes A/S, Bagsværd,
Denmark) and amyloglucosidase (Spirizyme® Fuel;
Novozymes) amylolytic enzymes were used for starch liquefaction and saccharification, respectively. The
amylolytic activity of these enzymes were not measured,
because they were loaded based on their weight, as it is
recommended by the manufacturer [25]. In the SSF
experiments, cellulase (Celluclast 1.5 L) and β-glucosidase (Novozym 188) enzyme preparations (both
Novozymes) were used. Celluclast 1.5 L had an activity of
65 filter paper units (FPU)/g, measured using the IUPAC
protocol [26], and 33 IU/g β-glucosidase activity accord-
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ing to the method of Berghem and Petterson [27].
Novozym 188 had a β-glucosidase activity of 350 IU/g.
Compositional analysis
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43%. Steam pretreatment was performed in a unit
(described previously [30]) comprising a 10 L pressurized
vessel, with a flash cyclone in which the pretreated material was released and collected. Previously optimized conditions for wheat straw [14] were used; that is, the
temperature was maintained at 190°C for 10 min using
saturated steam. Each batch that was fed into the reactor
was 600 g wet weight. The steam-pretreated wheat straw
(SPWS) was then subjected to SSF.

The carbohydrate and lignin contents of the raw wheat
straw, the starch-free fibre, and the solid fraction of the
pretreated wheat straw were determined according to the
standard National Renewable Energy Laboratory (NREL)
method [7,28]. Finely ground samples were treated with
72% H2SO4 for 1 h at 30°C, then diluted to 4% H2SO4 and
autoclaved for 1 hour at 121°C. Sugar contents were analysed with high performance liquid chromatography
(HPLC) (LC-10AD; Shimadzu, Kyoto, Japan), acid-insoluble lignin was measured by weighing after overnight
drying at 105°C, and acid-soluble lignin was determined
by spectrophotometry using a wavelength of 240 nm.
Each sample was analysed in duplicate.
The liquid fraction of the SPWS and the supernatant
after fermentation were analysed for total sugar content
according to an NREL procedure [29]. In this method, the
sample is treated with 4% H2SO4 at 121°C for 1 h, and
then analysed by HPLC.
The fraction of acid-insoluble ash was determined after
the two-step acid hydrolysis described above, and again
on the ash of the residue. Both samples were heated at
550°C until the sample weight remained constant. Total
ash refers to the inorganic part of raw material or solid
fraction after pretreatment.
To determine the starch content, the wheat meal was
subjected to a two-step enzymatic hydrolysis consisting
of liquefaction and saccharification. All batches were
hydrolysed using a 7 L evaporator (Rotavapor® R-153;
Büchi Labortechnik AG, Flawil, Switzerland). The dry
matter content was set to 35%. In the first step, wheat
meal slurry supplemented with 0.5 g/kg dry matter (DM)
and Termamyl® SC was liquefied at 85°C, pH 5.5, for 3 h.
In the second step, Spirizyme® Fuel was added at a ratio of
0.5 mL/kg DM at pH 4.2, and the slurry was treated at
60°C for 24 h to ensure total starch hydrolysis. The wort
was filtered and the glucose content of the supernatant
was measured using HPLC. The washed solid residue is
referred to as the starch-free residue (SFR).

SSF experiments were performed in 2 L laboratory fermentors (Infors AG, Bottmingen, Switzerland) with a
final working weight of 1.4 kg. PWM, SPWS slurry and
various mixtures of these (denoted as mixtures A, B, C
and D) were used as substrates in SSF with a total waterinsoluble solids (WIS) content of 5%. The PWM:SPWS
WIS ratios for the mixtures investigated were 0.8:4.2,
1.5:3.5, 2.0:3.0 and 2.5:2.5, respectively. When SSF was
performed on pure PWM, the WIS content was set to
2.8% to restrict the ethanol concentration to 60 g/L.
Details of the substrates can be found in Table 1. SSF
experiments were performed using Celluclast 1.5 L and
Novozym 188, at dosages of 15 FPU/g glucan and 17 βglucosidase IU/g glucan, respectively. SSF of pure PWM
was not supplemented with Celluclast 1.5 L or Novozym
188. S. cerevisiae (ordinary baker's yeast; Jästbolaget AB,
Stockholm, Sweden) was suspended in sterilized water
and added to the fermentor at a concentration of 5 g DM/
L. As nutrients, (NH4)2HPO4, MgSO4·7 H2O and yeast
extract were used at concentrations of 0.5, 0.025 and 1.0
g/L, respectively. The fermentor was loaded with the
SPWS and the nutrients, which were sterilized separately
at 121°C for 20 minutes, but the PWM was not sterilized
because the starch and the enzymes already added would
have been damaged at these conditions. SSF was performed at 36.5°C, and the pH was maintained at 5 ± 0.2
by addition of 10% NaOH solution. The experiments
were run for 72 h in the case of pure PWM, and for 96 h
in the case of SPWS or mixtures of the substrates. All
samples withdrawn were filtered through 0.2 μm filters
before being analysed by HPLC.

PWM

Analysis of sugars, ethanol and byproducts

Wheat meal was presaccharified as described above,
except that the duration of saccharification was 2 h
instead of 24 h. PWM was then used in SSF.

The content of reducing sugars was measured colorimetrically using dinitrosalicylic acid, according to Miller's
method [31]. The liquid fractions from pretreatment,
samples from acid hydrolysis and the supernatants of SSF
broth were analysed by HPLC, in a chromatograph
equipped with a refractive index detector. Cellobiose, glucose, mannose, xylose, galactose and arabinose were separated on an ion-exchange column (Aminex HPX-87P;
Bio-Rad Laboratories, Hercules, CA, USA) at 85°C. Ultrapure water was used as eluent at a flow rate of 0.6 mL/

SPWS

The wheat straw was immersed in an aqueous solution of
0.2% H2SO4 at a liquid:dry straw weight ratio of 20. It was
stored in sealed buckets for 1 h, and was then squeezed in
a manual 3 L press (Fisher Maschinenfabrik Gmbh, Burgkunstadt, Germany) to an average dry matter content of

SSF
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Table 1: Details of the substrates used in the SSF experiments
Substrate

WIS
Total

Glucose equivalents
PWM

SPWS

PWM

SPWS

WIS

Liquid

WIS

Liquid

SPWS

5

--

5.0

--

--

3.7

0.2

Mixture A

5

0.8

4.2

0.1

2.5

3.2

0.2

Mixture B

5

1.5

3.5

0.3

5.0

2.6

0.1

Mixture C

5

2.0

3.0

0.4

6.6

2.2

0.1

Mixture D

5

2.5

2.5

0.5

8.3

1.9

0.1

PWM

2.8

2.8

--

0.5

9.4

--

--

PWM = presaccharified wheat meal; SPWS = team-pretreated wheat straw; WIS = water-insoluble solids.
Data are presented as percentage of working weight.

min. Lactic acid, glycerol, acetic acid, ethanol, HMF and
furfural were separated (Aminex HPX-87H column; BioRad Laboratories) at 65°C. The eluent was 0.005 M
H2SO4 at a flow rate of 0.5 mL/min.

Results and Discussion
The ethanol yields were calculated as a percentage of the
maximal theoretical yield for glucose (0.51 g/g) that could
have been produced if all the glucose present in the slurry
and the PWM, including both monomers and oligomers
in the liquid and glucan fibres in the WIS, had been converted to ethanol. The theoretical amount of glucose
released during the hydrolysis was calculated by multiplying the amount of glucan by 1.11.
Material composition and pretreatment

The composition of the raw materials is shown in Table 2.
The DM content of wheat meal consists of 72.7% starch
and 24.3% SFR, showing that this part of the crop could
also be an important source of lignocellulose. Several
studies have investigated ways in which the ethanol yield
could be enhanced by utilizing this part of the crop
[32,33]. However, pretreatment is required to facilitate
the enzymatic hydrolysis of SFR fibres, which was not
performed in the present study. The compounds determined in SFR constituted about 63% of the DM.
The total solids recovery by the steam pretreatment
was 79%. The slurry obtained after pretreatment had a
total solids content of 11.1% and a WIS content of 7.6%.
Almost 100% of the glucose was recovered, based on the
content in the raw material, of which about 95% was
recovered in the solid fraction (Figure 2). The recovery of
xylose, which is the main sugar in hemicellulose, was
67%, the major fraction of which was obtained in the liquid phase (prehydrolysate).

The proportions of glucan and lignin were increased by
pretreatment, from 38.8 and 16.1% (Table 2) of the DM in
the raw material to 67.6 and 23.1% (Table 3; sugars are
presented as monomers) of the DM in the SPWS, respectively, indicating a high degree of hemicellulose hydrolysis. This was confirmed by the xylose concentration of
24.9 g/L in the prehydrolysate, corresponding to 65% of
the theoretical yield available in the raw material (Figure
2). Other sugars were also present, mostly in monomer
form. Some inhibitors, such as acetic acid, HMF and
furfural were also detected after pretreatment (Table 3).
The concentrations of acetic acid, HMF and furfural corresponded to yields of 1.2, 0.3 and 1.0 g/100 g dry straw,
respectively, which is somewhat higher than the values
reported by Linde et al. for wheat straw pretreated under
the same conditions [14]. The concentration of furfural
was higher than that of HMF, because the hemicellulose
consisted mostly of pentoses, which is typical of herbaceous crops [34], and the cellulose fraction was barely
hydrolysed in steam pretreatment.
Enzymatic hydrolysis of wheat meal

It has been shown previously that the amyloglucosidase
dosage can be reduced by 5-10% when saccharification is
carried out before fermentation [25]. However, a high
glucose concentration at the beginning of SSF with lignocellulosics should be avoided to prevent end-product
inhibition of the enzymes and osmotic stress to the yeast
cells. β-glucosidase activity is reduced by 80% in the presence of only 10 g/L glucose when p-nitrophenyl-β-D-glicopyronoside is used as substrate, and less significantly
with cellobiose [35]. In that study also, a high degree of
inhibition of cellulase activity was observed at a glucose
concentration range of 0 to 100 g/L. Osmotic stress
affects the yeast cell when the glucose in the solution is >
150 g/L [25,36]. Therefore, instead of completely saccha-
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Table 2: Composition of raw wheat straw and wheat meal, in
% of DM, including breakdown of the starch-free residue.
Component

Percentage of DM, mean ± SD
Wheat meal
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fraction after presaccharification was 53% of the amount
of glucose measured at the end of the reaction (Figure 3).
The glucose concentration in the PWM after presaccharification was 164 g/L. The PWM was diluted before SSF
(Table 1).

Raw wheat straw

Effect of PWM on the ethanol concentration
Starch

72.7

--

SFRa

24.3

--

% of SFRa
Glucan

17.5 ± 0.1

38.8 ± 0.5

Mannan

BDL

1.7 ± 0.2

Xylan

14.4 ± 0.0

22.2 ± 0.3

Galactan

1.6 ± 0.0

2.7 ± 0.1

Arabinan

8.5 ± 0.0

4.7 ± 0.1

ASLb

3.1 ± 0.0

2.4 ± 0.0

AILc

15.1 ± 3.0

16.1 ± 0.1

Total ash

2.3 ± 0.3

5.8 ± 0.1

AIAd

BDL

2.4 ± 0.4

Where standard deviations are presented, these were calculated
from duplicate measurements on the same sample.
aStarch-free residue.
bAcid-soluble lignin.
cAcid-insoluble lignin.
dAcid-insoluble ash.
BDL = below detection limit; DM = dry matter.

rifying the wheat meal, we chose to perform partial saccharification (presaccharification). Optimum presaccharification in a starch-based material is about 50-70 dextrose equivalents (DE), which is an indication of the total
amount of reducing sugars, expressed as D-glucose, present in the solution [25,37].
In the present study, we achieved 68 DE during starch
hydrolysis after a total reaction time of 5 h (liquefaction
and subsequent saccharification). The glucose monomer

Figure 2 Recovery of solids, sugars and water-insoluble lignin.
Percent of the theoretical, after steam pretreatment of wheat straw at
190°C for 10 minutes with 0.2% H2SO4.

Significant differences, in terms of the initial rate of ethanol formation, were observed between SSF on pure
SPWS and SSF on mixtures containing different proportions of PWM. During the first 2 hours of SSF, the ethanol
productivity was 1.6 g/L/hour in the case of pure SPWS,
whereas it was ≥4.7 g/L/hour for PWM alone or PWM
mixed with SPWS. This could be due to the high watersoluble sugar content of PWM (Table 1) present at the
beginning of fermentation, mainly as glucose, which was
consumed rapidly (data not shown), resulting in an
increased rate of ethanol formation. In pure SPWS, the
major part of the glucose is in polymeric form bound in
the solid phase, and this had to be hydrolysed before fermentation. However, glucose was measured in the solution during the initial 8 hours, which means that
hydrolysis is not the rate-limiting step in this reaction.
However, furfural and HMF may cause a lag-phase in ethanol fermentation [38], because ethanol production is
inhibited by the degradation of these compounds to
furfuryl alcohol and HMF alcohol, respectively. The most
rapid ethanol formation (6.7 g/L/hour) was obtained with
pure PWM.
Ethanol concentrations increased with increased glucose content in the SSF experiments (Figure 4). The highest concentration obtained was 56.5 g/L (at 96 h) when
SSF was carried out on mixture D. Increasing the ethanol
concentration is beneficial to the energy demand of distillation [24].
Effect of PWM on the yield

The ethanol yield is usually reported as g EtOH/g DM of
the raw material. However, this means of expressing the
yield was not appropriate for this study because mixtures
of materials were used. Therefore, the yields are
expressed as a percentage of the theoretical maximum,
considering only the glucose available in the substrates, as
galactose and the pentoses are not usually fermented to
ethanol by S. cerevisiae [30]. These sugars were not consumed in any of the SSF experiments, which validates this
assumption (data not shown).
Figure 5 shows the ethanol yields for the SSF of various
mixtures of substrate. The yield from pure SPWS was
68%, which is in agreement with the results obtained by
Linde et al. [14]. The yield observed for pure PWM was
about 91%, which is also typical for SSF of starch-based
materials [25]. In mixtures of the two substrates, the yield
increased as the proportion of PWM was increased. The
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Table 3: Composition of WIS and liquid (prehydrolysate) fractions in steam-pretreated wheat straw slurry.
Steam-pretreated wheat straw
WIS

Prehydrolysate

Components

Percentage of DM

Components

Oligosaccharides

Monosaccharides

Glucan

67.6 ± 0.5

Sugars, g/L

Mannan

BDL

Glucose

0.9 ± 0.1

2.3

Xylan
Galactan

0.7 ± 0.0

Mannose

4.1 ± 0.1

1.1

BDL

Xylose

2.9 ± 0.7

22.0

Arabinan
ASLa

0.4 ± 0.0

Galactose

BDL

1.4

5.1 ± 0.2

Arabinose

BDL

2.9

AILb

23.1 ± 0.2

Inhibitors, g/L

Total ash

1.0 ± 0.1

Acetic acid

AIAc

0.4 ± 0.2

1.7

HMF

0.4

Furfural

1.5

Total ash, % of
prehydrated material

0.3 ± 0.2

All the sugars in the prehydrolysate are reported as monomer sugars. Where standard deviations are presented, it was calculated from
duplicate measurements on the same sample.
aAcid-soluble lignin.
bAcid-insoluble lignin.
cAcid-insoluble ash.
BDL = below detection limit; DM = dry matter; WIS = water-insoluble solids.

highest ethanol yield, 99%, was obtained for SSF of mixture D. This yield is rather high and could be due to some
errors in the raw materials analysis. However, this would
affect all trials in the same way, thus the most important
result is the difference in yield between the experimental
points, which shows a clear trend of increasing yield as
the ratio of the PWM increased, and most importantly,
resulting in higher yield than that from SSF of pure
PWM. This is very favourable in terms of process econ-

Figure 3 Starch hydrolysis profiles. (1) Liquefaction, (2a) presaccharification and (2) saccharification.

omy and can be explained by the presence of inhibitors at
low concentrations (see below).
Small amounts of lactic acid were produced after 40 h
of fermentation in all cases. Lactic acid can be formed
from both hexoses and pentoses as a microbial metabolic
product. The lactic acid yield in this process was 1 g/g
consumed sugar regardless of the type of monomeric

Figure 4 Variation in ethanol concentration with time during simultaneous saccharification and fermentation (SSF) of steampretreated wheat straw (SPWS), presaccharified wheat meal
(PWM) and mixtures of the two (A to D). PWM to SPWS ratios in the
mixtures A to D were 0.8:4.2; 1.5:3.5; 2.0:3.0 and 2.5:2.5, respectively.
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sugar. The amount of additional ethanol that could have
been produced from hexoses if there had not been any
lactic acid formation can be estimated as follows:
mass additional

ethanol

= 0.46 ⋅ (mass lactic acid − mass pentoses

consumed )

0.46 g/g is 90% of the maximum theoretical ethanol
yield for hexose sugars. After applying this correction for
lactic acid, the yield slightly exceeds the theoretical maximum for mixture D (Figure 5).
Several fermentation inhibitors were present in the
slurry during SSF when SPWS was also added to the mixtures. The most significant inhibitors, because of their
concentrations, were acetic acid and furfural. Acetic acid
is one of the most important weak acids of the fermentation inhibitors, as its pKa is close to the pH of fermentation, and therefore a significant amount is in the
undissociated form. The undissociated form can diffuse
through the plasma membrane, and may dissociate inside
the cell, depending on the pH. To avoid the drop in intracellular pH, the cell must pump out protons by the action
of the plasma membrane ATPase [39,40]. This means that
more ATP has to be generated to maintain the intracellular pH, which is achieved in anaerobic conditions by producing more ethanol, resulting in increased ethanol yield
[19,38,41]. Increased ethanol yield has also been noted in
the presence of furfural at low concentrations [42]. However, at higher concentrations of acetic acid (> 10 g/L)
[18], the ethanol yield is decreased. Similarly, furfural at
concentrations of > 3 g/L reduces the ethanol productivity to a great extent [43]. The ethanol yield as a function
of the acetic acid concentration in SSF is illustrated in
Figure 6. The values given are the average of the concentrations at 0 and 24 h, because acetic acid was released
from the hemicellulose fraction at the beginning of SSF.
The maximum yield was 99% (obtained at an acetic acid
concentration of 1.0 g/L), which is even higher than the

Figure 5 Ethanol yield (shaded grey areas) based on glucose only
in simultaneous saccharification and fermentation (SSF) of pure
substrates and their mixtures (A to D). Potential ethanol yield after
correction for the lactic acid produced from hexoses (white areas).

yield from PWM fermentation when no acetic acid was
present. These results are in good accordance with a previous study reported by Larsson et al.; however, those
authors expressed the ethanol yield as a function of the
total acid concentration [18]. That study also showed that
the presence of acetic acid (5 g/L), formic acid (10 g/L),
levulinic acid (23 g/L), furfural (1.2 g/L) and HMF (1.3 g/
L) only slightly decreased the ethanol yield compared
with the reference fermentation. The combination of acetic acid and furfural has been shown to have a negative
effect on growth [44]; however, at the low concentrations
produced in the present study, they might have a positive
effect on ethanol production yield.
The specific raw material demands and the straw to
meal ratios for the process scenarios are listed in Table 4.
In the pure wheat straw-based process, 5.4 kg dry raw
material is needed to produce 1 L of ethanol, whereas the
corresponding amount of wheat meal is only 2.4 kg. This
is simply because of the difference in the proportions of
carbohydrates in the raw materials. The raw material:meal ratios are in the range of 0.5-2.6 in the mixtures.
The residue:crop ratio for wheat is typically about
1.3:1.0 (w/w) [45]. Approximately 30-40% of the straw is
left on the field for soil protection, leaving the same
amount of residue for biomass utilization when the crop
is harvested (that is, the straw:wheat ratio is 1.0:1.0). In
the case of mixture D, which gave the highest yield, the
proportion of wheat meal was double that of the wheat
straw. However, the yield was still rather high (87% of theoretical yield) when straw and meal were used in the proportions at harvest, as in mixture B. By comparison, the
total yield obtained if the fermentations are carried out
separately is 78%.

Conclusions
In this study, we investigated the effects on ethanol yield
of mixing different proportions of PWM and SPWS
before SSF. The highest yield was obtained when equal
amounts of PWM and SPWS (based on WIS) were used.

Figure 6 Ethanol yield as a function of acetic acid concentration
during simultaneous saccharification and fermentation (SSF) (average of acetic acid concentrations at 0 and 24 h).
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Table 4: Specific raw material demand
Substrate

Raw material required (kg total DM per L EtOH)

Straw:meal

Wheat straw only

5.4

-

Mixture A

4.0

2.6

Mixture B

3.1

1.1

Mixture C

2.9

0.7

Mixture D

2.5

0.5

Wheat meal only

2.4

0

DM = dry matter.

Thus, a mixed substrate is favourable in terms of final
ethanol yield, probably due to the stress on S. cerevisiae
caused by weak acids present in SPWS. At the same time,
it is also easier to reach a high ethanol concentration
using such as mixture than when using wheat straw only
as a raw material.
Increasing the proportion of WIS of the lignocellulosic
material should be studied further in an attempt to
improve the ethanol production from mainly lignocellulosics. Bearing in mind the significant proportion of
hemicelluloses in wheat straw, a pentose-fermenting
yeast should also be considered as a potential alternative.
Assuming 70% ethanol yield from pentoses, the final ethanol concentration in the fermentation broth could be
further improved by 3-5 g/L ethanol. To decrease the cost
of chemicals, decreasing the amount of added nutrients is
an option to consider and further investigate when wheat
hydrolysate is used as a supplement to SSF with lignocellulosic substrate.
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On-site cellulase production for lignocellulosic ethanol production based on SO2-impregnated steam pretreatment
followed by simultaneous saccharification and fermentation was investigated from a techno-economic aspect using
Aspen Plus and Aspen Icarus softwares. The enzyme fermentation was assumed to operate batch-wise with a cycle time
of 100 hours. The base case included sixteen 343-m3 aerated fermentors arranged in four lines operating according to a
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Introduction
The second generation fuel-ethanol production has not
been demonstrated on full-scale so far, although some
pilot plants already exist in Europe and North-America.
The lignocellulosic ethanol production is the most
complex technology compared to sugar- and
starch-based processes, which are already well-known
and mature. Due to their complex structure the
lignocellulosic feedstock require pretreatment prior to
the cellulose hydrolysis and ethanol fermentation, that
adds one more step to the process.
One alternative of cellulose hydrolysis is the
enzymatic way. Although substantial improvements
have been made in the last decades, the cost of enzyme
is still a major problem in the enzymatic process. In this
study on-site cellulase fermentation was modeled and
economic evaluation for the enzyme production was
conducted.

Materials and Methods

The simulation software
The process was modeled by Aspen Plus flow-sheeting
software (Aspen Tech Inc, Cambridge, MA, USA)
capable to solve mass and energy balances. It is a
powerful tool in comparing different process
configurations in terms of efficiency, energy demand or
–coupled with Aspen Icarus Process Evaluator (Aspen

Tech Inc, Cambridge, MA, USA)– production cost. The
later software is able to evaluate the process economics,
nevertheless in our case it was used for sizing and
estimating the capital investment. The built-in databases
of Aspen Plus did not contain all the chemical
components e.g. the ones of wood such as cellulose,
lignin etc. They were obtained from the biomass
databank of NREL.

Economic evaluation
Before performing economic evaluation the process
equipments had to be sized. Most of them were sized
manually on Excel worksheets except the heat
exchanger which was sized by Icarus using the report
file from Aspen Plus containing the results of material
and energy balances. The manual sizing was also based
on Aspen Plus simulation data.
The fixed capital investment –both the direct and
indirect costs– was estimated by Icarus, where
equipments not present in the Aspen Plus flowsheet,
such as pumps, compressors and additional vessels were
also included. The built-in database of Icarus was used
for cost estimation of all the process components except
the fermentors where modifications were made
introducing factors to obtain the costs given by a
Swedish supplier. The fermentors, however, were costestimated as stainless-steel (SS 304) storage tanks and
their agitators as well as cooling coils were added
separately. The annual fixed capital investment was
calculated by use of an annuity factor of 0.110,
corresponding to 15-year life of the plant, 7% interest
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rate, linear deprecation and zero scrap-value. The
reference year was 2008 and 8000 working hours per
year were assumed.
The working capital investment was calculated
according to the recommendation of Peters and
Timmerhaus [1]. To obtain its annual representation the
working capital was multiplied by the interest rate.
Table 1 summarizes the specific costs employed in
the operating cost estimation.

shown in Fig. 1 described in detail in a previous study
[4]. The ethanol plant was assumed to be located in
Sweden, with the capacity to process 200 000 dry tons
of spruce annually.
The pre-treated material stream was divided into a
major stream fed directly to the simultaneous
saccharification and fermentation (SSF) step and a
minor stream (7.5% in the base case) led to the
Trichoderma fermentation where the enzyme amount
required by SSF assumed to be 15 FPU/g WIS (filter
paper unit/g water insoluble solid) was obtained. The
whole broth could be added to SSF since it was carried
out at 37 °C and above 35 °C the growth of mycelia is
entirely inhibited. Using the whole culture had several
advantages: i) no additional separation was needed,
which decreased the cost; ii) the enzymes adsorbed on
the surface of the lignin and the cells as well as the ones
trapped in the cytoplasm could also be utilized.
All the sugars present in the fermentation medium
were taken into account in anhydro equivalent i.e. the
polymer and monomer sugars in the pretreated material
and the carbohydrate content of the soy-meal (26%)
were assumed to be consumed entirely. The yields were
the same for the hexosans and pentosans (Table 2). It
must be mentioned that the fermentation whose results
were used in the model was carried out on
sulphite-pulp [2]. In order to apply these data keyassumptions had to be made: the lignin content did not
affect the enzyme production, which was concluded in
the same article, furthermore the monomer sugars
present in the medium did not result in catabolite
repression.
The base case included 16 aerated agitated
fermentors, each 343 m3 in volume, arranged in four
lines. The working volume was 72% of the total one.

Table 1: Cost used in the evaluation
Chemicals, nutrients
Soy-meal (48% protein)
(NH4)2SO4
KH2PO4
FeSO4*7H2O
NH3 (25%)
cc. H2SO4
Defoamer

0,16
0,10
0,10
0,11
0,22
0,05
2,15

€/kg
€/kg
€/kg
€/kg
€/kg
€/kg
€/kg

Utilities
Electricity
Cooling water

48,4
0,02

€/MWh
€/m3

Other costs
Insurance
Maintenance

1% of fixed capital
2% of fixed capital

By-product credit
CO2

3,2

€/t

Base case description
The enzyme production step was based on literature
data [2,3], and the process step was implemented in an
Aspen Plus model including all major process steps

Yeast cultivation
Spruce
Feedstock
handling

SO2

Steam

Water

Steam-pretreatment
a.)

Molasses

Liquid

Simultaneous saccharification
and fermentation (SSF)
c.)

Enzyme production

Distillation

Ethanol

b.)
Stillage
Condensate

Evaporation

Liquid

Separation

Solid

Drying

Syrup

Wastewater treatment

Methane

Comb. heat&power

Steam Electricity

Pellet production

Solid fuel

Fig.1: Boundary conditions of the modelled wood-to-ethanol process.
(a. steam pre-treated spruce slurry, b. condensate recycled to enzyme fermentation, c. fermentation broth)
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Table 2: The features of T. reesei MCG-77 fermentation
Temperature
30 °C
pH
6
Fermentation time
90 h
Cycle time
100 h
Aeration rate
0.5 VVM 1
Power to the broth
0.5 kW/m3
Mycelium yield
0.27 g/g CH
Soluble protein yield 0.26 g/g CH
Activity yield
185 FPU/g CH
Specific activity
0.71 FPU/mg protein
CH concentration 2
2 %
Productivity
61 FPU/(l*h)
*calculated
1
Air volume/working volume/minute
2
Carbohydrate concentration given in anhydro
equivalent

[2]
[2]
[2]
[5]
[2]
[5]
[3]
[3]
[2]
*
[2]
[2]

Cooling was performed by use of cooling coils. The
fermentors operated in atmospheric pressure, and were
not pressure-rated for steam sterilization. The pretreated material and the makeup water coming entirely
from the evaporation step were considered sterile, hence
only cleaning-in-place was applied in the tanks. The
cost of nutrient sterilization was assumed to be
negligible.
Medium

In case of contamination inoculum could be
transferred from a vessel in another line and both lines
could continue uninterrupted. The air supply was
provided by compressors, one for each line. The four
lines had a common medium preparation vessel that
received the pretreated material, the makeup water and
the nutrients whose concentrations were the following:
0.5% soy-meal, 0.15% (NH4)2SO4, 0.07% KH2PO4,
0.001% FeSO4 7H2O. The outlet stream before being
fed to the fermentors was cooled down to 30 °C in a
heat exchanger. The system contained 16 inlet and 16
outlet pumps.
Other investigated cases
Besides the base case (A) three hypothetical cases with
improved productivities were investigated (Table 3). In
case B the activity yield was enhanced by 50%, which
also connoted 1.5-fold productivity. In case C the
carbohydrate content (CH) was increased to 4% and the
same yield with doubled productivity was assumed. In
case D both parameters was enhanced, which resulted in
tripled productivity.
Table 3: Modified parameters in the various cases

Activity y.,
FPU/g CH
CH conc.
1.

Prod.,
FPU/(l*h)

2.

Base
case
(A)
185
2%
61

Enhanced
yield
(B)
278
(1,5x)
2%
92
(1,5x)

Enhanced
CH conc.
(C)
185
4%
(2x)
122
(2x)

Enhanced
yield, CH
(D)
278
(1,5x)
4%
(2x)
183
(3x)

3.
4.

Results and Discussion

Compressed air(2,7 bar)

Fermentation broth

Fig.2: Schematic flowsheet of Kornuta process
(1 line – 4 fermentors).
The four fermentors in a given line followed the
same schedule, however they started being shifted in
25-hour intervals. At 25 hour 10% of the culture in the
first vessel was transferred to the second one and used
as inoculum (the second one gave inoculum to the third
one etc.). The culture was at its peak growth and the
cellulase concentration was low enough, hence fast
sugar formation i.e. catabolite repression in the second
vessel could be avoided. The fermentation lasted for 90
hours and was followed by a 10-hour harvesting,
cleaning, charging period giving a 100-hour cycle time.
After 100 hours from the start of the first fermentation
the fourth vessel was ready to transfer inoculum to the
first one closing the line to a loop (Fig. 2). This
operation pattern was referred as “Kornuta merry-goround” [5].

While according to the model the Trichoderma
fermentation consumed all the sugars being fed, it did
not alter the amount of other substances (lignin,
inhibitors etc.). The water consumption declined
monotonous from A to D, whereas the other
components had two levels.
Table 4: Component flows entering and departing
the enzyme fermentation
Flow, kg/h

A

B

C

D

Hexosans

782

535

782

535

Pentosans

15

11

15

11

Hexoses

352

241

352

241

Pentoses

63

43

63

43

In

Lignin

439

300

439

300

Water

55814

38167

27031

18485

Enzyme

304

208

304

208

Mycelium

317

217

317

217

CO2

712

487

712

487

Produced
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Table 5: Total capital investment and the annual costs in M€
Total capital investment, M€
Costs, M€/year
Capital
Chemicals, nutrients
Utilities
Other costs
By-product credit, M€/year
CO2
Total, M€/year

A
34

B
25

C
19

D
16

3.72 (41%)
0.49 (5%)
3.89 (43%)
1.02 (11%)

2.74 (43%)
0.34 (5%)
2.62 (41%)
0.75 (11%)

2.06 (41%)
0.44 (9%)
1.96 (39%)
0.56 (11%)

1.75 (46%)
0.30 (8%)
1.28 (34%)
0.48 (12%)

-0.02
9.09

-0.01
6.44

-0.02
5.00

-0.01
3.81

They were higher in scenario A/C and lower at B/D
(Table 4). It can be due to the two activity yields applied
which determined the carbon source demand as well as
the product formation.
The total capital investment, i.e. the sum of fixed
and working capitals varied in a range between 16 and
34 M€ which multiplied by the annuity factor gave the
annual capital cost of 1.8-3.7 M€/year (Table 5).
Besides the capital the utilities namely the electricity
used by agitators, compressors, pumps was found the
other largest contributor in production cost. The cost of
cooling water was negligible. The carbon-dioxide
credits were two order smaller than the costs. The sum
of chemicals, nutrients and other costs were estimated
not being more than 20% of the total. It must be pointed
out, that the cost of carbon source was not included in
either the annual or the specific enzyme production cost,
since the pre-treated material was produced in the
process.
The on-site cellulase production reduced the produced
ethanol amount providing the same feedstock
utilization, since the carbohydrates were consumed
partially by the enzyme fermentation. The ethanol plant
using commercial enzyme produced 59 563 m3 ethanol
per year, whereas the base case (A) and case C merely
55 000 m3. The cases B/D with enhanced activity yield
produced more ethanol (56 441 m3/year), since less pretreated material was needed for the cellulase
fermentation.
cent/L EtOH
18

14

cent/L EtOH
Total

18
16.5

Capital

16

Chemicals
Utilities

14

Other

11.4

12
10

9.1

8

6.7

6
4
2
0
A

B

C

D

Fig. 4: Breakdown of specific enzyme cost (produced
ethanol: 55 000 m3/year at A/C, 56 441 m3/year at B/D).

Summary
The total cost of on-site cellulase production
(diminished with cost of carbon source) was estimated
to range between 6.7-16.5 Eurocent/L ethanol for the
four investigated scenarios. Capital investment and
electricity were found the main contributors.

y = 464.032x-0.815
R2 = 0.997

16

By increasing the productivity the specific enzyme
cost reduced monotonously. The fitted curve was close
to hyperbola having the index of 0.8 (Fig. 3). The
breakdown of specific enzyme cost also shows that the
main contributors were the capital and the utilities
(Fig. 4). In the base case 16.5 Eurocent/L EtOH was
found. At tripled productivity (D) the specific enzyme
cost was 6.7 Eurocent/L (41% of the base case).

12
10
8
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On-site cellulase enzyme fermentation in a softwood-to-ethanol process, based on SO2 -catalysed steam pretreatment followed by
simultaneous saccharification and fermentation, was investigated from a techno-economic aspect using Aspen Plus and Aspen
Icarus Process Evaluator softwares. The eﬀect of varying the carbon source of enzyme fermentation, at constant protein and
mycelium yields, was monitored through the whole process. Enzyme production step decreased the overall ethanol yield (270
L/dry tonne of raw material in the case of purchased enzymes) by 5–16 L/tonne. Capital cost was found to be the main cost
contributor to enzyme fermentation, constituting to 60–78% of the enzyme production cost, which was in the range of 0.42–
0.53 SEK/L ethanol. The lowest minimum ethanol selling prices (4.71 and 4.82 SEK/L) were obtained in those scenarios, where
pretreated liquid fraction supplemented with molasses was used as carbon source. In some scenarios, on-site enzyme fermentation
was found to be a feasible alternative.

1. Introduction
Production of ethanol from lignocellulosic materials is a very
complex process which consists of various interdependent
steps, such as pretreatment of the raw material, enzymatic
hydrolysis of the polysaccharides into sugar monomers,
fermentation of the sugars to ethanol, and purification of
ethanol. Since the process has not yet been demonstrated
on a commercial scale, only a limited number of studies
are available on its techno-economic aspects, and large
variations in the estimated overall ethanol production costs
(from about 0.93 to 5.49 SEK/L ethanol) can be seen, due to
diﬀerences in the process design and in the assumptions used
in the studies [1–10]. One of the most important parameters
that influences the production costs is the annual capacity
of the plants, that is, lower production costs are usually
obtained for plants that process above 650 000 tons of dry
raw material per year. Other diﬀerences are found in the
conversion technologies, the types of raw materials used, the
overall ethanol yields assumed, the investment parameters,
and whether utilities such as process steam and electricity are
included as costs in the assessment [3].

According to recent techno-economic evaluations, the
main contributors to the overall costs of producing ethanol
from biomass are the raw material (30%–40%) and the
capital investment (30%–45%), followed by the cellulase
enzymes (10%–20%) [6, 7, 11–13]. The cost of cellulases not
only represents a significant part in the overall production
costs but is also one of the most uncertain parameters in
the evaluations [3]. Most authors assume that cellulases are
purchased from enzyme manufacturers and calculate with
an estimated future enzyme price, which varies from about
0.2 to 0.7 SEK/L ethanol in the investigations reviewed in
[1, 6, 7, 11–15]. However, some other studies presume that
on-site or near-site production on cheap lignocellulosic raw
materials will be desirable to meet the targeted enzyme
costs of <0.5 SEK/L [8, 16–20]. In any case, improvement of
cellulolytic microorganisms, enhancement of the hydrolytic
capacity of cellulases, and optimization of the technology of
enzyme production are essential today in order to further
reduce the enzyme costs for the biomass-to-bioethanol
process.
Spruce is the most abundant wood in Sweden, and it
was shown to be a suitable raw material for bioethanol
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production in several studies [21–24]. Hypercellulolytic
mutants of Trichoderma reesei, the most widely used fungus
for cellulase production, were reported to grow well, and
secrete high amounts of cellulolytic enzymes on steampretreated spruce [25, 26]. The most economical way of
employing the enzymes produced would be the direct
use of whole crude fermentation broths, containing fungal
cells and substrate residues, in order to avoid expensive
cell removal, enzyme concentration, and purification steps.
Previous investigations showed that due to the eﬀect of
mycelium-bound enzymes, application of the whole broth
of T. reesei could not only lead to cost reduction but also to
improved saccharification and enhanced ethanol yields [27–
30]. These suggest that on-site enzyme production with T.
reesei could be a possible alternative to purchasing cellulases
for a bioethanol plant using spruce as raw material.
In the present study, on-site cellulase production in a fullscale bioethanol plant was modelled together with the whole
ethanol production process, and the economic impact of the
enzyme fermentation step on the ethanol production cost
was assessed. Cellulases were assumed to be produced using a
mutant of T. reesei, employing the whole crude fermentation
broth of the fungus in the ethanol production step. The
eﬀect of varying the carbon source of enzyme fermentation,
at constant protein and mycelium yields, was investigated
through the whole process. Diﬀerent mixtures of pretreated
liquid fraction, slurry, and molasses were evaluated as feed
for enzyme production.

2. Materials and Methods
2.1. Raw Material. The dry spruce chips contain 37.9%
glucan, 9.9% mannan, 1.8% galactan, 4.3% xylan, 1.3%
arabinan, and 28.0% lignin. These values were derived
from compositional analyses performed in EU-project NILE
(contract no. 019882) according to the standardized method
of National Renewable Energy Laboratory (NREL, Golden,
CO) [31]. The remaining part is made up of acetyl groups,
extractives, and other compounds which were estimated
from a previous study [6]. The dry matter (DM) content
was assumed to be 50%. Theoretically, 356 L of ethanol could
be produced from the hexose sugars per dry tonne of raw
material.
2.2. Overall Process Description. The proposed ethanol plant
is assumed to be located in Sweden and process 200 000 dry
tonne spruce chips annually. It is run by 28 employees, and is
assumed to be in operation for 8000 hours per year.
The process scheme is shown in Figure 1. Each step,
except cellulase enzyme fermentation (CEF), has been
described in detail elsewhere [6] and will only be discussed
here briefly, focusing mainly on the minor modifications.
Live steam was assumed to be available at 20 and 4 bar,
and secondary steam is used to replace live steam whenever
possible.
2.3. Reference Case. The conversion of carbohydrates is
carried out in steam pretreatment and in simultaneous
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saccharification and fermentation (SSF) (Figure 1). Process
data for steam pretreatment (210◦ C, 2.5% SO2 ) and SSF were
based on results recently obtained from experimental work
performed at the Department of Chemical Engineering,
Lund University, Sweden.
Water needed to adjust the dry matter in the SSF
step to 10% water-insoluble solids (WIS) is added before
pressing the pretreated slurry. The diluting stream consists
of fresh water and part of the evaporation condensate. It
also contains ammonia to neutralize the slurry. The pressed
liquid supplemented with molasses containing 50% sucrose
is used in yeast cultivation (YC) without adding extra fresh
water, hence the inhibitor concentrations in YC and SSF
are approximately the same. Yeast seed train consisting of
three stages provides SSF with 7.5% inoculum. Only the
first and second stages are designed to be sterile, that is,
those vessels are pressure-rated for steam sterilization. In SSF,
the concentration of ordinary baker’s yeast and the enzyme
dosage are 3 g DM/L and 10 FPU (filter paper unit)/g WIS,
respectively. The SSF takes place in twelve agitated nonsterile
fermentors with a total volume of 920 m3 each. An SSF
cycle including filling, fermentation, draining, and cleaning
lasts for 60 hours. The number of the YC fermentors was
calculated from the cycle time, which was assumed to be 15
hours for all YC stages.
According to the model calculations the ethanol content
of the SSF broth is 3.8 wt-% which corresponds to a
concentration of 40.4 g/L in the liquid phase. Distillation
and molecular sieve adsorption are used to produce pure
(99.8 wt-%) ethanol. The distillation step consists of two
stripper columns and a rectifier, which are heat integrated
by operating at diﬀerent pressures. The remaining water in
the overhead vapour leaving the rectifier is removed in the
dehydration columns that are regenerated with pure ethanol
vapour. The regenerate is returned to the rectifier.
The stillage of the stripper columns is separated in a
filter press resulting in a solid fraction with a WIS content
of 40%. The liquid fraction of the stillage is concentrated
to 60% DM in an evaporation system which contains five
eﬀects in a forward-feed arrangement, that is, only the
first eﬀect is heated by live steam; the subsequent ones
utilize the vapour from the previous eﬀect, operating at
higher pressure. Boiling point elevation was accounted for
[32], and overall heat transfer coeﬃcients were estimated
to vary between 500 and 2000 W/m2◦ C, depending on the
temperature and concentration of the liquid. Based on the
work of Olsson and Zacchi [33], it was assumed that by
applying a stripper column after evaporation, recycling of
part of the evaporation condensate to dilute the whole
slurry was possible. The rest of the condensate is sent
to the wastewater treatment facility, where together with
the condensed flash streams mainly originating from the
pretreatment, it is treated by anaerobic digestion followed by
an aerobic step [6]. It was assumed that 50% of the chemical
oxygen demand (COD) was converted with a yield of 0.35 m3
methane/kg COD consumed.
Steam and electricity are generated by burning the
biogas, the concentrated liquid fraction and part of the solid
fraction of the stillage. The generated steam is allowed to
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Figure 1: Overall process scheme for the proposed ethanol plant. In the reference case, there was no enzyme production; the enzymes were
purchased. CEF: cellulase enzyme fermentation, YC: yeast cultivation and SSF: simultaneous saccharification and fermentation.

expand to 4 bar through the turbine system, however, part
of the steam is withdrawn at 20 bar for pretreatment and
drying. The heat from flue gas condensation could be utilized
by integrating a district heating system with the heat and
power producing facility, however, this was not included in
the model. The excess solid residue, that is, the solid fraction
not required for steam generation, is dried in a superheated
steam dryer to 88% DM. The secondary steam generated by
drying is utilized in the process.
2.4. Description of Enzyme Fermentation. Process data for
CEF were obtained from the literature [34, 35], however, some key assumptions were also made. The applied
Trichoderma strain was assumed to be able to produce
cellulase enzymes in the presence of monosaccharides, that
is, it was not catabolite-repressed (e.g., T. reesei RUT C30).
The mycelium, soluble protein, and activity yields were
0.27 g, 0.26 g, and 185 FPU per g carbohydrate in anhydro
equivalent [35], respectively, which resulted in a specific
activity of 710 FPU/g protein. After complete hydrolysis
of polysaccharides, all the monosaccharides are consumed
entirely in CEF, while other compounds are not involved in
any reaction. Based on the work of Szengyel and Zacchi [36],
it was assumed that inhibition due to compounds present in
the pretreated material, such as furan derivatives and organic
acids, did not occur.
The 5% inoculum is received from the second stage
of a two-stage seed train. Both stages operate with 5%
inoculum at a cycle time of 30 hours. The first stage receives
inoculum from a stock culture, while the second is inoculated
with the broth of the first. Concerning the composition,
the seed stages are assumed to be run on the same feed
as the production stage, where 120 hours cycle time is
presumed. As this time is double of the cycle time of SSF,
the number of vessels are 24 in the enzyme production
stage. Considering the ratio of the cycle times of seed and
production stages, the number of seed vessels is 6 in both
stages. In all scenarios these numbers were kept constant,
hence the total vessel volume varied in a range of 37–121 m3
in the production stage. The fermentors of the seed train

are pressure-rated and can be sterilized at 120◦ C, however,
it was assumed at the production stage that sterilization
was not necessary. Cleaning-in-place is suﬃcient, since the
evaporation condensate and the pretreated material were
considered to be sterile and the fresh water added before
pressing the pretreated slurry is sterile-filtered beforehand.
Furthermore, the nutrients (soy-meal 0.5%, (NH4 )2 SO4
0.15%, KH2 PO4 0.07%, and FeSO4 ·7H2 O 0.001%) and the
molasses were assumed not to cause any contamination,
so the seed vessels can be sterilized empty. At all stages,
30◦ C and pH 5 are kept. The feed is cooled down in a
heat exchanger and the heat released during fermentation
is removed by cooling water that circulates in jackets at the
first stage and in coils at later stages. The cooling jacket is
favourable in terms of cleaning, however, it is not suﬃcient
at larger volume. The pH is controlled using ammonia.
Aeration of 0.5 VVM was assumed to ensure suﬃcient
agitation when the solid content was less then 1% WIS. The
whole broth containing mycelia and enzymes is added to SSF.
This can be done, since SSF is carried out at 37◦ C, and above
35◦ C the growth of mycelia is completely inhibited [35].
2.5. Enzyme Fermentation Configurations. Three configurations, denoted with A-C, were investigated in the model of
enzyme fermentation (Figure 2). They diﬀered in the carbon
source. In scenario A, part of the liquid fraction of the diluted
slurry was used, while in scenario B, the liquid fraction was
supplemented with molasses to increase the sugar content. In
scenario C, a mixture of the liquid fraction and the pressed
slurry was prepared, and used as feed for CEF. Scenario C
was divided into three subcases, C1–3 depending on the
WIS content of the mixture, that is, 1%, 2%, and 3%.
For scenarios A and B, sensitivity analysis was performed,
denoted with +. The specific activity of the soluble proteins
was enhanced 1.5-fold, resulting in an increase of 50% in the
productivity in terms of enzyme activity, while protein and
mycelium yields remained the same.
The liquid fraction also contained water-insoluble particles, as a WIS retention of 99% was assumed in the
filtration of the slurry. In the CEF feed the total carbohydrate
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a total WIS content of 1%, 2% and 3%; +: 1.5-fold specific activity;
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Figure 2: Layout of cellulase enzyme fermentation (CEF), yeast cultivation (YC) and simultaneous saccharification and fermentation
(SSF) at scenarios A to C (a–c, respectively).

Enzyme production cost (SEK/L)

0.6
0.5

0.53

0.5

0.52

0.5

0.49

C1

C2

C3

0.43

0.42
0.4
0.3
0.2
0.1
0
A

A+

Total
Capital
Chemicals

B

B+

Utilities
Other

Figure 3: Cost contributors of enzyme production in SEK/L
ethanol. Molasses was added to chemicals. Other refers to maintenance and insurance. No extra labour was accounted for the enzyme
fermentation area. Carbon source A: pretreated liquid fraction, B:
pretreated liquid fraction and molasses and C: pretreated liquid
fraction and pressed pretreated slurry with a total WIS content of
1%, 2% and 3%; +: 1.5-fold specific activity.

content expressed in monomer equivalent (ME) and WIS
concentration, in parentheses, were the following: A: 4.6%
(0.5%), A+: 4.7% (0.7%), B: 10% (0.8%), B+: 10% (0.9%),
C1: 4.9% (1%), C2: 5.5% (2%), and C3: 6.0% (3%). In
cases C1–3, aeration was assumed to be insuﬃcient for
ensuring homogeneity, therefore agitators were built in, and
power-to-broth value was set to 40 W/m3 . In scenario B,
molasses served as a complex nutrient source, hence nutrient
supplementation was omitted.

2.6. Analysis Methods. Mass and energy balances were
solved using the commercial flowsheeting program Aspen
Plus 2006.5 (Aspen Technology, Inc., Cambridge, MA).
Physical property data for biomass components such as
polysaccharides and lignin were derived from the NREL
database [37]. Fixed capital investment (FCI) costs were
estimated either with Aspen Icarus Process Evaluator 2006.5
(Aspen Technology, Inc.) or from vendor quotation. The
construction material was assumed to be 304 stainless steel
for all process vessels. To obtain the annual FCI, an annuity
factor of 0.110 was used, corresponding to a depreciation
period of 15 years and an interest rate of 7%. Working
capital investment (WCI) was calculated according to the
recommendations in literature [38]. Annual WCI is the
product of WCI and interest rate.
All costs are presented in Swedish kronor (SEK, 1 US$ ≈
7.3 SEK, 1 C ≈ 10.5 SEK). In the reference case the purchase
price of enzyme was assumed to be 28.5 SEK per million
FPU. Cost of nutrients (in SEK/kg) applied in CEF were
the following: soy-meal 1.5, (NH4 )2 SO4 0.9, KH2 PO4 1.0,
FeSO4 ·7H2 O 1.0. Cost of raw material, chemicals, utilities,
labour, insurance, maintenance, and revenues of ethanol,
coproducts, and electricity are reported in recent studies
[6, 13]. Minimum ethanol selling price (MESP) refers to the
ethanol price at break-even point, that is, at this price, annual
cost and income are equal.
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3. Results and Discussion
3.1. Process Design: The Eﬀects of On-Site Enzyme Fermentation. After steam pretreatment, a slurry with a WIS content
of 27% was obtained, which was much higher than that
in experimental work. This was due to lower heat losses
applied in the model (10% of the adiabatic heat demand).
The whole slurry was diluted to a WIS content of 10.1%10.2%, depending on the scenario, before pressing.
Components fed into CEF and SSF on a yearly basis,
other features of CEF and overall ethanol yield are shown
in Table 1. On-site enzyme production has the advantage
that pentoses, not fermentable by ordinary baker’s yeast,
can also be utilized. Nevertheless, in regard to hexoses,
CEF competes with ethanol fermentation, since the more
sugar is used for CEF, the less sugar is available for ethanol
production. The highest mass flow of C5 sugars (pentosans
and pentoses in ME) into CEF was obtained in scenario
A, which corresponded to 13% of C5 sugars recovered
after pretreatment, hence even at the best utilization, 87%
was burnt or dried. Regarding the composition of sugars
in the CEF feed, scenarios A and A+ gave the highest
C5 proportion (21%). This would increase considerably, if
the raw material of the ethanol plant consisted of more
pentosans, for example, if agricultural byproducts were used
instead of softwood. In scenarios A, A+, and C1–3, the C5
ratio decreased monotonously with increased WIS content in
the feed, since the solid fraction contained relatively less C5
sugars compared to the sugar composition of liquid fraction.
In the cases supplemented with molasses (B and B+), the C5
ratio was only 9%, due to the high ratio of sugars of molasses
(56%-57%). The productivity of CEF varied in a range of
70–230 FPU/(L·h) (Table 1). As the fermentation time was
maintained at 108 hours in each scenario, the productivity
only depended on the carbohydrate concentration and
activity yield.
Although CEF decreased the C6 flow (hexosans and hexoses) in SSF feed, the majority of C6 sugars were fermented
to ethanol (Table 1). Even in the worst scenario (C3), the
decrement of C6 sugars (in ME) was only 5850 tonne/year,
which corresponded to 6% of the C6 sugars (in ME) fed
to SSF in the reference case. The yeast amount required by
SSF slightly decreased with increasing WIS contents in CEF
(Table 1), since by feeding more WIS into CEF, the WIS
flow fed to SSF decreased, which resulted in smaller total
fermentation volume in SSF at constant WIS concentration.
Excluding the cases of 1.5-fold specific activity, the produced
enzyme protein varied little (Table 1). The produced amount
depended on the WIS flow fed into SSF, hence the highest
amount was obtained for scenario B due to the lowest
WIS consumption in CEF. Mycelium had the same trend as
enzyme protein, since their ratio was fixed by their yields.
The ethanol concentration in the SSF broth varied
between 3.6 and 3.7 wt-%, which corresponded to a range
of 38.1 to 39.7 g/L in the liquid phase. They were slightly
lower than in the reference case, due to drop of the contents
of hexoses and hexosans in the liquid and solid phases,
respectively. The overall ethanol yield of the process in CEF
cases also decreased compared to the reference (Table 1). The
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decrements were lowest in scenarios B and B+ owing to the
large proportion of sugars coming from molasses. The yields
in scenarios A and C1–3 were equal, which implied that the
model was indiﬀerent to the WIS content of CEF in the range
investigated.
3.2. Economics: Specific Enzyme Cost, Minimum Ethanol
Selling Price and Annual Cash Flows. Cost elements of
enzyme production expressed in SEK/L ethanol are shown
in Figure 3. Capital and chemical costs were found to be
the main contributors in each scenario. Utilities refer to the
electricity consumption of the compressor and the agitators
(scenarios C1–3) and to the demand for cooling water. The
cost for steam used for sterilization of the empty seed vessels
was assumed to be negligible. The lowest capital costs were
obtained in scenarios B and B+, due to high carbohydrate
concentration in CEF, which resulted in small fermentor
volume. However, the cost of chemicals was the highest in
these scenarios, owing to the extra cost of molasses. In cases
C1–3, increasing the WIS concentration in CEF resulted in
a reduced fermentation volume, and in consequence, lower
capital and chemical costs.
Comparing the base scenarios (A, B, and C1–3), case B
proved to have the highest total cost of enzyme production,
due to the additional cost of molasses. On the other
hand, in regard to MESP, case B was the most favourable,
furthermore, this was the only base scenario with on-site
enzyme production in which the MESP was lower than that
in the reference case, with purchased enzymes (Figure 4).
In spite of the extra expenses, molasses could improve the
process economics considerably, since CEF supplemented
with molasses reduced the overall ethanol yield, the most
important parameter in the production cost of ethanol [39],
to a smaller extent. The 1.5-fold activity yield resulted in
a decrease of 16 and 19% in total enzyme production cost
compared to the base scenarios A and B, respectively, which
corresponded to a decrement of 2.6 and 2.3% in MESP.
Annual cash flows are presented in Table 2, calculated for
a selling price of ethanol of 5.5 SEK/L. The CEF increased
the capital costs significantly (10%–14%) compared to the
reference case. The second largest cost contributor after the
capital cost was the raw material cost, which did not change
due to constant annual capacity. Also these costs have been
proved to be the main contributors to the production cost
of lignocellulosic ethanol in previous, similar studies [3, 6, 7,
13]. Chemical expenses increased by 12%–34% compared to
the reference case. The utility costs were the lowest among
the cost elements in each scenario, since only process and
cooling water had to be purchased, as steam and electricity
were generated on-site.
Ethanol, the main product, gave 83%-84% of the annual
revenues. Co-products refer to solid fuel, that is, the dried
excess solid residue, and the carbon-dioxide produced in
CEF, YC, and SSF, which was also assumed to be marketable.
Solid fuel contributed to 97% of the co-products income
in each scenario. While steam generation met the steam
requirement of the process, produced electricity was consumed on-site only partially. The excess electricity varied
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Table 1: Features of enzyme and ethanol productions. Both CEF and SSF are carried out in batch operation. Carbon source A: pretreated
liquid fraction, B: pretreated liquid fraction and molasses, and C: pretreated liquid fraction and pressed pretreated slurry with a total WIS
content of 1%, 2%, and 3%; +: 1.5-fold specific activity.
Reference

A

A+

B

B+

C1

C2

C3

—
—
—
—
—
—
—
—

430
7
5133
1487
806
21
0.5
70

368
6
3352
971
690
21
0.7
107

298
5
6242
622
558
9
0.8
154

236
4
4120
413
442
9
0.9
230

776
13
4812
1394
1453
20
1.0
75

1374
23
4256
1233
2575
18
2.0
84

1861
32
3805
1102
3486
16
3.0
93

62980
32634
3168
1816e
—
117.98
270

62550
27521
3160
1656
1727
117.55
254

62612
29304
3160
1104
1152
117.61
260

62683
30499
3160
1682
1754
117.68
263

62745
31228
3168
1121
1170
117.74
266

62205
27841
3144
1651
1722
117.19
254

61606
28397
3128
1642
1713
116.59
254

61120
28848
3112
1635
1705
116.09
254

Components into CEF, tonne/year
Hexosans
Pentosans
Hexoses
Pentoses
WISa
C5 ratio in CEFb , %
WIS content in CEF, %
Productivity of CEFc , FPU/(L·h)
Components into SSF, tonne/year
Hexosans
Hexoses
Yeast
Enzyme protein
Mycelium
WISa , ktonne/year
Overall EtOH yieldd , L/dry tonne
a

Includes hexosans and pentosans.
(pentosans in ME + pentoses)/total sugar in ME.
c
Corresponds to an enzyme fermentation time of 108 h.
d
Includes yeast and enzyme productions and ethanol losses in the process.
e
The purchased enzyme preparation was assumed to contain 10% protein.
b

Table 2: Annual costs, revenues, and profit of the proposed ethanol plant in MSEK. Carbon source A: pretreated liquid fraction, B: pretreated
liquid fraction and molasses, and C: pretreated liquid fraction and pressed pretreated slurry with a total WIS content of 1%, 2%, and 3%;
+: 1.5-fold specific activity.

Annual cost (MSEK)
Raw material
Capital
Chemicals
Enzymes
Utilities
Other
Total
Annual income (MSEK)
Ethanola
Co-products
Electricity
Total
Annual profit (MSEK)
a

Reference

A

A+

B

B+

C1

C2

C3

99.5
135.5
28.3
33.6
2.3
20.8
320.0

99.5
152.7
32.4
—
2.5
21.3
308.3

99.5
151.6
31.7
—
2.4
21.2
306.4

99.5
151.0
38.0
—
2.5
21.2
312.2

99.5
149.1
35.4
—
2.4
21.2
307.6

99.5
154.2
32.2
—
2.5
21.3
309.7

99.5
153.8
31.9
—
2.4
21.3
309.0

99.5
153.5
31.6
—
2.4
21.3
308.3

297.4
45.1
11.1
353.5
33.6

279.8
45.9
9.8
335.6
27.2

285.7
45.3
10.2
341.2
34.8

289.7
48.5
10.0
348.2
36.0

292.2
46.8
10.3
349.3
41.7

279.8
46.1
9.5
335.4
25.7

279.7
46.5
9.4
335.7
26.7

279.7
46.8
9.4
335.8
27.5

Ethanol price was assumed to be 5.5 SEK/L.

between 35% and 41% of the amount produced, the lowest
being in cases C1–3, due to the consumption of agitators,
whereas the highest being in the reference case. The highest
profit was achieved in scenarios B and B+, where the MESPs
were the lowest. Table 2 clearly shows the importance of coproduct and electricity revenues, since the income of ethanol
does not exceed the expenses.

4. Conclusions
By means of the developed model of on-site enzyme production, embedded in a softwood-based ethanol process, various
streams were studied as carbon sources in enzyme fermentation at constant soluble protein and mycelium yields.
The majority of sugars consumed in enzyme fermentation
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were C6 , especially when molasses was present. The overall
ethanol yields were lower in those scenarios, where enzyme
fermentation was included, than in the reference case, where
a purchased cellulase preparation was applied. This was due
to the fact that enzyme production decreased the amount
of carbohydrates available for the yeast to produce ethanol.
When molasses was used as additional carbon source the
minimum ethanol selling price was the lowest among the
scenarios, resulting in the highest annual profit, although
the specific enzyme production cost was found to be the
highest.
On-site enzyme fermentation contributed to 9%–11%
of the ethanol production cost. The feasibility of including
enzyme production in the lignocellulosic ethanol process
highly depends on the full-scale price of commercial cellulase
enzyme preparation, which is still very uncertain. At the
premises of the study, some scenarios proved to be more
feasible than that with purchased enzymes, which implies
that on-site enzyme production can be an alternative. To
achieve further improvement in the economics of a process
integrating cellulase fermentation, the enzyme demand
of SSF has to be decreased, whereas the activity yield
and productivity, the two most important parameters of
enzyme fermentation in terms of cost reduction, have to be
increased.
Similarly to previous evaluations [6, 7], the present study
demonstrated the importance of the overall ethanol yield and
the co-product revenues in regard to the process economics.
On-site enzyme production is the most feasible, when the
least C6 sugars are consumed, hence it decreases the overall
ethanol yield to a smallest extent. A plant using a raw
material with higher C5 proportion, such as agricultural byproducts, could become relatively more viable by integrating
enzyme fermentation. However, further investigation is
required to prove this statement.
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Abstract
Background: Replacing the energy-intensive evaporation of stillage by anaerobic digestion is one way of
decreasing the energy demand of the lignocellulosic biomass to the ethanol process. The biogas can be upgraded
and sold as transportation fuel, injected directly into the gas grid or be incinerated on-site for combined heat and
power generation. A techno-economic evaluation of the spruce-to-ethanol process, based on SO2-catalysed steam
pretreatment followed by simultaneous saccharification and fermentation, has been performed using the
commercial flow-sheeting program Aspen Plus™. Various process configurations of anaerobic digestion of the
stillage, with different combinations of co-products, have been evaluated in terms of energy efficiency and ethanol
production cost versus the reference case of evaporation.
Results: Anaerobic digestion of the stillage showed a significantly higher overall energy efficiency (87-92%), based
on the lower heating values, than the reference case (81%). Although the amount of ethanol produced was the
same in all scenarios, the production cost varied between 4.00 and 5.27 Swedish kronor per litre (0.38-0.50 euro/L),
including the reference case.
Conclusions: Higher energy efficiency options did not necessarily result in lower ethanol production costs.
Anaerobic digestion of the stillage with biogas upgrading was demonstrated to be a favourable option for both
energy efficiency and ethanol production cost. The difference in the production cost of ethanol between using the
whole stillage or only the liquid fraction in anaerobic digestion was negligible for the combination of co-products
including upgraded biogas, electricity and district heat.

Background
Ethanol produced from sugar, starch and lignocellulosic
biomass is a liquid biofuel with the potential to replace
some of the liquid fossil fuels used in transportation
today. Currently, bio-ethanol is produced from sugarand starch-containing materials [1]. However, it is clear
that the large-scale use of ethanol as fuel will require
lignocellulosic biomass to be used as raw material [2].
The conversion of lignocellulosic material to ethanol is
more complex than ethanol production from sugar or
starch. Although pilot-scale and pre-commercial demonstration plants have been brought into operation
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recently [3-5], the process concept has not yet been
demonstrated on an industrial scale.
Many process alternatives have been proposed for the
production of ethanol from lignocellulosic materials. The
main difference between them is the way in which cellulose and hemicellulose are hydrolysed to fermentable
sugars [6-8]. A process based on enzymatic hydrolysis
and fermentation is considered to be a promising alternative for the conversion of lignocellulosic carbohydrates to
ethanol [6,9]. Compared with separate enzymatic hydrolysis and fermentation, simultaneous saccharification and
fermentation (SSF) has been shown to be less capital
intensive and to result in higher overall ethanol yields
[10-12]. In order to obtain a high conversion of cellulose
in enzymatic hydrolysis the raw material must be pretreated [13]. One of the most thoroughly investigated
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methods is steam pretreatment, with or without a catalyst
[14-17].
The economics of the lignocellulosic ethanol process
is highly dependent on the income from co-products
[18,19]. During the downstream process the lignin-rich
solid residue can be separated, dried and pelletized. Pellets are sold as solid fuel on the residential pellet market
[20]. Alternatively, steam and electricity can be generated by burning the solid residue together with the concentrated liquid fraction of the stillage. When the
wastewater streams are treated with anaerobic digestion
(AD) and aerobic treatment steps, the biogas produced
and the sludge formed can also be incinerated on-site in
a combined heat and power (CHP) facility [21,22].
Above a certain level of biogas production, upgrading of
the biogas can also be an option and the upgraded gas
can then be sold as a transportation fuel or injected
directly to the gas grid [23,24]. As the overall energy
demand (for both heat and electricity) of the lignocellulosic ethanol process decreases the energy output in the
form of co-products [20], it must be reduced as much
as possible and a high degree of heat integration is
therefore required. Replacing energy-intensive process
steps by less energy-demanding ones, such as replacing
evaporation of the stillage stream by AD, can further
decrease the heat demand of the process [21].
In this study, the techno-economic aspects of a
spruce-to-ethanol process have been investigated using a
process concept based on SO2-catalysed steam pretreatment followed by SSF. In Sweden, spruce is considered
to be the main alternative as raw material in the conversion of lignocellulosic biomass to ethanol, due to its
abundance and the relatively high content of carbohydrates [25,26]. This evaluation was focused on investigating alternative options for stillage treatment, such as
AD of the liquid fraction of the stillage or AD of the
whole stillage stream. Furthermore, the ways in which
various process configurations, with different combinations of co-products, affect the overall process in terms
of energy efficiency and production cost has also been
studied. Sensitivity analyses were performed with regard
to the variations in the price of electricity, upgraded biogas, pellets and district heat in order to obtain a wider
view of the relation between the scenarios from an economic perspective. The primary aim was not to determine an absolute ethanol production cost but to
develop a useful modelling tool for comparing different
process scenarios, for identifying possible process bottlenecks and for the identification of future research activities that have the greatest potential to lower the cost of
bio-ethanol production. Comparisons of the cost
obtained in this evaluation with those reported in similar studies applying other assumptions should be performed with great care. Differences in technological (for

Page 2 of 11

example, capacity, recoveries, yields) and/or in financial
parameters (for example, interest rate, depreciation period) can render such comparisons invalid.

Methods
Process description - the reference case

The process scheme for the reference scenario is shown
in Figure 1. Each step has been previously described in
detail [18] and will only briefly be discussed here, focusing mainly on minor modifications. The proposed ethanol plant is assumed to be located in Sweden and to
convert 200 000 dry tonnes of spruce chips into
49 416 m3 of ethanol annually. It is run by 28 employees and is assumed to be in operation for 8000 h/year.
Live steam is assumed to be available at 20 and 4 bar
and secondary steam is used to replace live steam whenever possible.
The dry matter (DM) of spruce contains 43.5% glucan,
12.8% mannan, 2.1% galactan, 5.1% xylan, 1.5% arabinan
and 29.4% lignin, all determined by compositional analysis performed in the EU project NILE (contract No.
019882), according to the standardized method of the
National Renewable Energy Laboratory (NREL, CO,
USA) [27]. The remainder is made up of acetyl groups,
extractives and other compounds, which were estimated
using the data of a previous study [19]. The DM content
is assumed to be 50%. Theoretically, 420 L of ethanol
can be produced from the hexose sugars available in a
tonne of dry raw material.
The conversion of carbohydrates is carried out in
steam pretreatment and in SSF. The conditions used
for steam pretreatment (210°C, 2.5% SO2 , conversion
factors for some reactions: glucan to glucose 0.161,
glucan to hydroxymethylfurfural 0.013, xylan to xylose
0.674, xylan to furfural 0.220, water-insoluble lignin to
water-soluble lignin 0.082) and SSF (conversion factors
for some reactions: glucan to glucose 0.756, xylan to
xylose 0, glucose to ethanol 0.9, glucose to glycerol
0.005) were based on results recently obtained from
experimental work performed at the Department of
Chemical Engineering, Lund University, Sweden
(unpublished). Part of the evaporation condensate and
ammonia are added before pressing the pretreated
slurry, in order to adjust the dry matter in the SSF
step to 10% water-insoluble solids (WIS) and to neutralize the slurry, respectively. Simultaneous saccharification and fermentation is performed at 37°C with
ordinary baker’s yeast at a concentration of 3 g DM/L
and an enzyme dosage of 10 FPU (filter paper unit)/g
WIS. It takes place in 12 agitated non-sterile fermentors each with a volume of 920 m3. Yeast is cultivated
on the pressed liquid fraction of the diluted pretreated
slurry, supplemented with molasses, while the enzymes
are purchased.
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Figure 1 Overall process scheme for the proposed ethanol plant in the reference case. Part of the evaporation condensate, together with
the condensed flash streams originating from pretreatment and drying, is anaerobically digested followed by an aerobic treatment step. Mat:
material; SSF: simultaneous saccharification and fermentation.

The ethanol concentration obtained after SSF is
3.5 wt-%. Distillation and molecular sieve adsorption are
used to produce pure (99.8 wt-%) ethanol. The distillation step consists of two stripper columns and a rectifier, which are heat integrated by operating at different
pressures. Ethanol recovery is assumed to be 99.5% in
each column.
The stillage of the stripper columns is separated in a
filter press resulting in a solid fraction with a WIS content of 40%. In any scenario where pellets are produced,
washing is included in the stillage separation step in
order to decrease the sulphur content in the solid fraction. It is assumed that washing - with a soluble solid
recovery of 90% in the liquid stream - is sufficient to
meet the requirement regarding the sulphur content of
pellets.
The liquid fraction of the stillage is concentrated to
60% DM in an evaporation system containing five effects
in a forward-feed arrangement. Boiling point elevation
was taken into account [28] and overall heat transfer
coefficients were estimated to vary between 400 and
2000 W/m2°C. Based on the work of Olsson et al. [29],
it is assumed that, by applying a stripper column after
evaporation to remove volatile compounds, part of the
evaporation condensate could be recycled to dilute the
whole slurry without affecting SSF. The rest of the condensate, together with the condensed flash streams originating from pretreatment and drying, is treated by AD
followed by an aerobic treatment step. These steps are
described below.
Steam and electricity are generated by burning the
concentrated liquid fraction, part of the solid fraction of
the stillage, the biogas and the sludge. The generated
steam is allowed to expand to 4 bar through a highpressure turbine system. However, part of the steam is
withdrawn at 20 bar for pretreatment and drying.

District heating was not included in the reference case.
The excess solid residue (87% of the total) - the solid
fraction not required for steam generation, is dried in a
superheated steam dryer to 88% DM and then pelletized. The secondary steam generated by drying is
utilized in the process.
Alternative stillage treatment scenarios

In the case of alternative stillage treatment the heatdemanding evaporation plant was excluded from the
ethanol process. These scenarios are summarized in
Figure 2 and Table 1. In scenarios A1 to A4 the stillage
is separated in a filter press (described above) and the
liquid stream is treated by AD in order to produce
biogas. The effluent from AD is subjected to an aerobic
treatment step. In scenario B the whole stillage is treated directly by AD. However, the effluent of AD is separated and only the liquid fraction is fed to the aerobic
treatment step. The same type of filter press as that
used for stillage separation is used and it is assumed
that the WIS content of the solid fraction is 35%. This
solid fraction, comprising lignocellulosic residue and
anaerobic sludge, is assumed to be burnt in the CHP
plant. In all alternative treatment scenarios sludge
separation after the aerobic treatment is performed with
a belt filter, which increases the sludge DM to 30%. The
pressed sludge is incinerated on-site.
Anaerobic digestion is performed under mesophilic
conditions and, hence, the inlet flow is cooled down to
37°C before being fed to the first digester. The assumed
degradation factors during AD are: (i) 90% for soluble
sugars, organic acids, ethanol, glycerol, enzyme and
yeast; (ii) 50% for polysaccharides, extractives, degradation products and water-soluble lignin; and (iii) 0% for
water-insoluble lignin. The methane and AD sludge
yields are assumed to be 0.35 Nm3/kg COD (chemical
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Figure 2 Alternative stillage treatment scenarios. Either the liquid fraction of the stillage is anaerobically digested (A), or the whole stillage is
fed directly to anaerobic digestion (B). The dotted parts are optional, see Table 1 for details. The wastewater streams, such as the condensed
flash streams from pretreatment and drying, are also sent to anaerobic digestion but they are not shown here. BF: belt filter; FP: filter press.

oxygen demand) removed and 0.03 kg DM/kg COD fed,
respectively. In order to obtain the appropriate levels of
N and P, solutions of NH3 (25%) and H3PO4 (50%) are
added in dosages of 18 g/kg and 4 g/kg COD, respectively. An organic loading rate of 10 kg COD/m3/day is
applied and, hence, the hydraulic retention time varies
between 6.2 and 9.9 days. The specific power required
for stirring depends on the scenario and is assumed to
be 20 W/m3 for scenarios A1 to A4 and 40 W/m3 for
scenario B. The digesters, arranged in series, are continuous stirred tank reactors with a volume of around 3500
m 3 each and their number varies between 2 and 12,
including the reference scenario. As the water-insoluble

lignin was considered to be inert in terms of biogas production, its COD was not included in the COD used to
calculate the reactor volume and the demand of chemicals. The biogas is assumed to consist of 50 wt-%
methane, 46% CO2 and 4% water. The design data and
cost for AD were obtained from a supplier of wastewater treatment plants with experience in the treatment
of wastewater from the pulp industry (PURAC AB,
Lund, Sweden), based on calculated flows and estimated
COD content. Biogas upgrading is performed in some
scenarios where the biogas is sold as a co-product supplied to the gas grid. In these scenarios all the biogas
produced is upgraded using pressure swing adsorption

Table 1 Differences in stillage processing in the scenarios investigated
Scenario Washing and
drying

Pellet production

Biogas
upgrading

Turbine
system

Burnt in CHP (besides
sludge)

Coproducts*

DH

Reference Yes

Part of sfrac of stillage
(dried)

No

HP

Part of sfrac of stillage, syrup,
bg

Pellets

No

Part of SF

Yes

HP

Part of SF, tail gas

Up bg,
pellets

No

A1

Yes

A2

Yes

TA of SF

No

HP-LP

Bg

Pellets

Yes

A3
A4

No
No

-

Yes
No

HP-LP
HP-LP

Sfrac of stillage, tail gas
Sfrac of stillage, bg

Up bg
-

Yes
Yes

B

-

-

Yes

HP-LP

Sfrac of eff, tail gas

Up bg

Yes

*The electricity generated is not included in co-products. Although it is produced in all scenarios, in some cases electricity consumption exceeds production.
Bg: biogas; CHP: combined heat and power; DH: district heating; eff: effluent of anaerobic digestion; HP: high-pressure; LP: low-pressure; SF: solid fuel; Sfrac: solid
fraction; TA: total amount; Up: upgraded.
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technology. However, 5% of the methane is assumed to
be retained in the tail gas that is burnt on-site.
The whole effluent from AD (scenarios A1 to A4), or
the separated liquid stream from the AD effluent (scenario B), is first treated aerobically. The organic matter
is removed almost entirely and sludge is produced at a
yield of 0.3 kg sludge DM/kg organic matter. The last
step is ozone treatment, which degrades some phenolic
compounds that have not been broken down in the
aerobic treatment. The effluent from the ozone treatment is regarded as clean water and is recycled to the
process partially or entirely depending on the scenario.
The recycled water stream is sterile-filtered before being
used to dilute the pretreated slurry. However, the
cost of this filter was not included in the economic
evaluation.
Similarly to the reference case, in scenario A1 the
CHP plant only covers the heat demand of the process,
while in scenarios A2 to A4 and B excess heat is produced that is used to generate electricity through an
additional low-pressure turbine with a discharge pressure of 0.75 bar. The condensation heat of the outlet
steam from the low-pressure turbine and the heat
obtained in flue gas condensation are used for district
heating. Detailed descriptions of the turbine system and
flue gas condensation can be found elsewhere [20]. The
return water of 6 bar from the district heating system is
heated up from 45°C to 90°C by passing through the
flue gas condenser and the turbine condenser.
Analysis

Mass and energy balances were solved using the commercial flow sheeting program Aspen Plus™, version
2006.5 (Aspen Technology, Inc, MA, USA). Data on the
physical properties of biomass components such as polysaccharides and lignin were taken from the NREL database [30]. Aspen HX-Net, version 2006.5 (Aspen
Technology) was used to design a near-optimal heat
exchanger network, which was implemented in the process model in Aspen Plus. The energy efficiency, based
on the lower heating values, is defined as the energy
output in the products (ethanol, pellets, biogas, electricity and district heat) divided by the energy input comprising raw material, molasses, enzymes and the fuel
equivalent of the electric power requirement, which was
calculated using an electricity-to-fuel ratio of 0.4.
The fixed capital investment cost was estimated either
with Aspen Icarus Process Evaluator, version 2006.5
(Aspen Technology) setting 2009 as costing year or from
vendor quotations. The construction material for all process vessels is assumed to be 304 stainless steel. Working
capital was calculated using the recommendation of
Peters and Timmerhaus [31] with a slight modification.
The annualized fixed capital cost was determined by
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multiplying the fixed capital investment by an annualization factor of 0.110, corresponding to a 15-year depreciation period and an interest rate of 7% [32]. The
annualized working capital is the product of working
capital investment and interest rate.
All costs are presented in Swedish kronor (SEK,
1 euro ≈ 10.5 SEK; US$ 1 ≈ 7.3 SEK). The purchase
price of enzymes is assumed to be 28.5 SEK/million
FPU, which was obtained by multiplying an old estimate
of cellulase price [33] by 1.5. The costs of raw material,
chemicals, utilities, labour, insurance and maintenance,
and the revenues from co-products have been reported
in recent studies [19,20]. The total cost of aerobic and
ozone treatment, the cost of biogas upgrading and the
selling price of upgraded biogas are assumed to be
0.5 SEK/kg COD, 100 and 600 SEK/MWh upgraded
biogas, respectively. Other costs comprise labour, insurance and maintenance.

Results and discussion
Process design and energy efficiency

Important process details of the scenarios are given in
Table 2. The largest biogas production was obtained in
scenario B, due to the increased flow of polysaccharides, soluble sugars and other degradable components.
In the reference case the organic matter fed to AD
consisted of only volatile substances originating from
the pretreatment, evaporation and drying steps. The
overall degradation factor - the COD removed divided
by the COD fed - including or excluding the waterinsoluble lignin, varied between 28% and 60% or
between 58% and 66%, respectively. The slight difference in the biogas production in scenarios A1 to A4
was due to the drying step, since the condensed outlet
steam from the dryer increased the COD flow of
others for scenarios A1 and A2.
Removing the evaporation step decreased the heat
duty of the process considerably, from 27.8 MW to
17.1-17.9 MW. The ethanol production was the same in
all scenarios (6177 L/h); hence the specific heat
demands were reduced from 16.2 to 9.9-10.4 MJ/L ethanol. The minor increase in the overall heat duty
obtained by removing the drying step from the process
(scenarios A3 and A4 compared with scenarios A1 and
A2) is not inconsistent. On the one hand, it is due to
the different heat-exchanger networks with or without
drying. On the other hand, the superheated steam drying produces almost as much heat as it requires (data
not shown) and the secondary steam leaving the drying
step can be utilized at other stages in the process.
The electricity produced on-site varied considerably,
unlike the total power requirement of the process. The
highest electricity production was obtained for scenario
A4, where both the biogas and the solid residue are
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Table 2 Process details of the various scenarios
Reference

A1

A2

A3

A4

B

t COD/h

1.9

9.7

9.7

9.5

9.5

30.9

Polysaccharides

t COD/h

-

0.1

0.1

0.1

0.1

2.4

Soluble sugars

t COD/h

-

2.2

2.2

2.2

2.2

2.4

WIL

t COD/h

-

0.9

0.9

0.9

0.9

17.8

Organic matter to anaerobic digestion

Others*

t COD/h

1.9

6.5

6.5

6.3

6.3

8.2

t COD/h

1.1

5.8

5.8

5.7

5.7

8.5

COD removed/COD fed incl. WIL

%

58

60

60

60

60

28

COD removed/COD fed excl. WIL
Energy flow† of raw biogas

%
MW

58
3.8

66
19.9

66
19.9

66
19.5

66
19.5

65
29.4

Energy flow† of upgraded biogas

MW

-

18.9

-

18.5

-

27.9

Overall heat duty of the process

MW

27.8

17.6

17.6

17.9

17.9

17.1

Total power demand of the process

MW

4.1

4.4

4.5

3.8

4.0

4.5

Electricity produced in CHP

MW

5.9

3.0

4.0

11.7

17.1

9.8

District heat

MW

-

-

4.7

34.1

48.9

31.1

Energy flow† of pellets‡

MW

48.5

39.3

56.2

-

-

-

Organic matter removed

The following input energy flows (in MW, based on lower heating values) were the same in all the scenarios: raw material 105.1; molasses 1.7; and enzymes 0.7.
The positive and negative differences between power demand and electricity produced indicate purchasing or selling of electricity, respectively. A summary of
the scenarios is given in Table 1.
* Includes organic acids, ethanol, glycerol, enzyme, yeast, extractives, degradation products and water-soluble lignin, depending on the scenario.
†
Based on lower heating values.
‡
Only the fraction of the solid fuel sold is given here, i.e. the fraction incinerated on-site is excluded.
CHP: combined heat and power production; COD: chemical oxygen demand; WIL: water-insoluble lignin.

burnt in the CHP plant. In scenarios A1 and A2 the
power produced was lower than the power demand in
the process, thus requiring the purchase of electricity,
while in all other scenarios a surplus of electricity was
produced that could be sold. The largest pellet production was obtained for scenario A2, where, unlike other
scenarios, the entire solid residue was pelletized. In the
case of district heating, the more heat that can be delivered, the more difficult it is to find an appropriate plant
location. There are currently less than 10 district heating systems in Sweden [20] that match the district heat
duty for scenario A4 (48.9 MW). Scenarios with district
heat production of around 30 MW may be easier to
implement as there are more systems operating on this
scale.
The reference case had significantly lower overall
energy efficiency (81%) than the alternative stillage treatment scenarios (87-92%), see Figure 3. This was due to
the difference in the overall heat demand, since the
reduction in the heat demand of the ethanol process
increased the energy output in the co-products. The
energy efficiency obtained for ethanol varied between
33% and 34%, which emphasizes the importance of coproducts in an energy-efficient process. If the upgraded
biogas was used as a fuel as well as the ethanol, 51%58% of the energy input would be recovered as transportation fuel.

All the scenarios including district heating (A2 to A4,
B) had a higher overall efficiency than scenarios without
district heating (reference case and A1). Concordant
results were obtained in a similar previous study, in
which various process configurations for ethanol production from spruce, based on evaporation of the liquid
fraction of stillage, were investigated [20]. The overall
energy efficiency of the scenarios including district heating varied only slightly (89%-92%), whereas the energy
efficiency would differ significantly (46%-85%) if the district heating was excluded from these scenarios (for
example, during the summer, when the released heat
has to be removed by cooling water).
Capital investment and ethanol production costs

The lowest and highest total capital investment costs
were obtained for scenarios A1 (1199 million SEK) and
A4 (1360 million SEK), respectively (Table 3). The main
contributors to the total direct cost were the pretreatment unit, the fermentation stage (yeast cultivation and
SSF) and the CHP plant. The highest cost for CHP was
obtained in scenario A4, where it constituted 44% of the
total direct cost. Anaerobic digestion had the highest
direct cost in scenario B, where the whole stillage
stream was anaerobically digested. When the COD flow
of lignin was included in the COD flow used to design
AD, the direct cost of AD increased to 225 million SEK
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Figure 3 Overall energy efficiency, based on lower heating values (LHV), expressed as percentage of the input. A summary of the
scenarios is given in Table 1. REF: reference case.

Table 3 Breakdown of the total capital investment cost
in million Swedish Kronor (SEK)
Reference
Raw material handling

A1

A2

A3

A4

B

10

10

10

10

10

10

Pretreatment

115

115

115

115

115

115

Yeast cultivation and SSF

119

119

119

119

119

119

Distillation
Separation1

47
26

47
26

47
26

47
26

47
26

47
25

Evaporation

47

-

-

-

-

-

Drying and pellet
production

42

45

47

-

-

248

CHP2

155

110

136

266

343

Storage

33

28

28

28

28

29

Heat exchanger network

18

11

11

11

11

12

AD

15

75

75

74

74

111

Total direct cost

628

586

613

696

773

716

Total indirect cost

578

551

557

539

556

557

Fixed capital investment
Working capital
Total capital investment

1206 1137 1170 1236 1329 1273
69

62

75

32

32

32

1275 1199 1246 1268 1360 1305

1
Refers to stillage separation in the reference case and in scenarios A1-A4
and to separation of the effluent of AD in scenario B.
2
Includes the flue gas condenser for scenarios with district heating (A2-A4
and B).
A summary of the scenarios is given in Table 1.
AD: anaerobic digestion; CHP: combined heat and power production; SSF:
simultaneous saccharification and fermentation.

in scenario B. The ratio of working capital to fixed capital varied between 2.4% and 6.4% in the scenarios
investigated.
The major contributors to ethanol production cost
were the cost of capital, raw material and chemicals, in
descending order (Figure 4), whereas the utilities and
other costs made minor contributions. The alternative
stillage treatment increased the cost of capital, chemicals
and other costs compared with the reference case. The
highest cost of utilities was obtained for scenarios
A1 and A2, where electricity had to be purchased.
The favourable combinations for the co-products of
the alternative stillage treatment scenarios were:
(i) upgraded biogas and pellets (scenario A1); and (ii)
upgraded biogas, electricity and district heat (scenarios
A3 and B). However, the combination of (a) pellets and
district heat (scenario A2) and (b) electricity and district
heat (scenario A4) resulted in lower co-product income.
With respect to the production cost of ethanol, the alternative stillage treatment configurations proved to be good
options in some cases. Scenarios A1, A3 and B resulted in
low ethanol production costs (4.00-4.24 SEK/L), while
scenarios A2 and A4 were less economical (5.27 and 5.02
SEK/L, respectively). Scenario A2 had an even higher ethanol production cost than the reference case (5.14 SEK/L).
Scenarios A1 and A2 had almost the same costs. However,
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Figure 4 Breakdown of ethanol production cost in SEK/L. Chemicals include enzymes. ‘Others’ refers to the cost of labour, insurance and
maintenance. The cost of aerobic and ozone treatment was added to the capital cost: the cost of upgrading was taken into account by
reducing the income of upgraded biogas. A summary of the scenarios is given in Table 1. REF: reference case; SEK: Swedish kronor; Upgr:
upgraded.

they differed greatly in their co-product incomes. Producing 4.7 MW district heat at a price of 280 SEK/MWh and
56.2 MW pellets at 195 SEK/MWh (scenario A2) resulted
in much less income than producing 18.9 MW upgraded
biogas with a selling price of 600 SEK/MWh and an
upgrading cost of 100 SEK/MWh together with 39.3 MW
pellets (scenario A1; Table 2).
The performance of the AD step is very uncertain due
to a lack of experimental data on the continuous treatment of stillage from a wood-based ethanol process.
Therefore two sub-scenarios were developed from
scenario B and the ethanol production cost was determined. In one sub-scenario the COD flow of waterinsoluble lignin was included in the COD flow used to
design the anaerobic digesters and for calculating the
demand of chemicals in AD (however, the conversion of
water-insoluble lignin was maintained at 0%) and the
ethanol production cost increased to 4.71 SEK/L, compared with 4.00 SEK/L in scenario B. In the other subscenario it was assumed that the polysaccharides in the
solid fraction were not converted to biogas - their
degradation factors were set to 0%. Since the COD flow
into AD was the same as that in scenario B, the design
of the AD step remained unaltered. Although the biogas
production decreased by 4%, the electricity generated

and the district heat produced increased by 14% and
12%, respectively, which resulted in the same overall
energy efficiency as for scenario B and an ethanol production cost of 4.28 SEK/L. Although the ethanol production cost in the two sub-scenarios increased
compared with scenario B, it did not exceed the ethanol
production cost in the reference case (5.14 SEK/L).
Sensitivity to co-product prices

The sensitivity of ethanol production cost to changes in
the prices of the co-products was monitored by changing the price of one co-product at a time from -40% to
+40%. The results are shown in Figure 5. The effect of
changing price of the co-products depends on the share
of the given co-product with regard to the total income:
the higher the share the greater the effect. The electricity price had the highest impact on scenario A4, followed by scenarios A3 and B. However, scenarios A3
and B had the lowest ethanol production cost in almost
the whole range investigated. Without selling electricity
certificates (200 SEK/MWh) scenario A1 would be the
most profitable if the spot price of electricity decreased
below 260 SEK/MWh. Scenario B was that most affected
by the price of biogas. Even with a 40% lower price of
biogas the scenarios including biogas upgrading (A1,
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Figure 5 Ethanol production cost (SEK/L) as a function of co-product prices. Co-products: (A) electricity, (B) upgraded biogas, (C) pellets
and (D) district heat. A summary of the scenarios is given in Table 1. REF: reference case; SEK: Swedish kronor.

A3, B) resulted in lower ethanol production costs than
the scenarios including biogas burning (reference case,
A2, A4), although the difference was much smaller. The
income from biogas could also decrease due to a lower
production of biogas than that assumed. However, as
long as the product of the amount of biogas produced
and the price does not decrease by more than 40%, the
scenarios with biogas upgrading are more favourable
from an economic point of view. However, there is
nothing to suggest that the raw biogas production
assumed in scenarios A1 to A4 is overestimated. In scenario B, it has also been shown that assuming zero
degradation of the polysaccharides in AD resulted in a
slight decrease in biogas production.
The pellet price had the highest impact on scenario
A2. For a pellet price higher than 235 SEK/MWh scenario A1 would result in a lower ethanol production
cost than any of the other scenarios. Finally, the district
heat price had a considerable influence on scenarios A4,

A3 and B, in descending order. Scenarios A3 and B had
the lowest ethanol production cost when the price of
district heat was higher than 195 SEK/MWh, whereas
below this value scenario A1 became the most economical. Hence, scenario A1 would have the lowest ethanol
production cost, in the case where there was no income
from district heating - for example, the plant location
would not be appropriate for district heating.

Conclusions
A techno-economic model of anaerobic digestion of the
stillage stream has been developed based on the individual degradation of each component and was used to
study different process configurations with various coproduct combinations in a spruce-to-ethanol process. In
concordance with the results obtained by Wingren et al.
[21], the heat demand of the scenarios with alternative
stillage treatment (with anaerobic digestion of the stillage) was significantly lower than that for the reference
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case, which included evaporation of the liquid fraction
of the stillage. Due to the reduced process heat demand,
the overall energy efficiency was improved in the alternative stillage treatment scenarios compared with the
reference case. The highest energy efficiencies were
obtained in the scenarios including district heating.
Although the energy efficiencies of these scenarios varied slightly, their ethanol production cost differed significantly. Hence, it can be concluded that high energy
efficiency does not necessarily result in improved economics. The implementation of district heating enables
high energy efficiency by utilizing the heat available at
low temperatures. However, it restricts the location of
the plant as there must be a demand for the heat
available.
The prices of co-products may vary considerably and,
therefore, sensitivity analyses were performed in order
to monitor the change in ethanol production cost. Two
of the scenarios, which had the same co-product combination (upgraded biogas, electricity and district heat),
but different feeds to the AD (only the liquid fraction of
the stillage or the whole stillage stream), resulted in the
lowest ethanol production cost over a wide range of coproduct prices. These scenarios responded very similarly
to changes in the co-product prices, resulting in almost
identical ethanol production costs - with this combination of co-products the feed to AD does not influence
the process economics significantly. If the price of pellets is increased to a certain level, or district heating can
not be implemented, the scenario including the production of pellets and upgraded biogas becomes the most
profitable. Hence, it can be concluded that alternative
stillage treatment with biogas upgrading proved to be a
favourable option in many respects.
There is still a need for the further development of
the model regarding the wastewater treatment stage in
both AD and the following aerobic step. It would be
useful to implement the management of the inorganic
compounds that originate from the raw material or
which are added for pH adjustment. This is essential
for the recirculation of the process water in order to
avoid the accumulation of these compounds in the
process.
Abbreviations
AD: anaerobic digestion; CHP: combined heat and power; COD: chemical
oxygen demand; DM: dry matter: FPU: filter paper unit; SEK: Swedish kronor;
SSF: simultaneous saccharification and fermentation; WIS: water-insoluble
solid.
Acknowledgements
The authors gratefully acknowledge the 6th Framework Programme of the
European Commission (NILE project, contract No. 019882) and the National
Research Fund of Hungary (OTKA K72710) for their financial support.

Page 10 of 11

Author details
1
Department of Applied Biotechnology and Food Science, Budapest
University of Technology and Economics, Szt Gellért tér 4, H 1111 Budapest,
Hungary. 2Department of Chemical Engineering, Lund University, PO Box
124, S 221 00 Lund, Sweden.
Authors’ contributions
ZB carried out the process simulations and economic evaluation and wrote
the paper. ZB and GZ designed the study and analysed the results. GZ and
KR reviewed the manuscript. All authors read and approved the final
manuscript.
Competing interests
The authors declare that they have no competing interests.
Received: 13 June 2010 Accepted: 15 September 2010
Published: 15 September 2010
References
1. Gray KA, Zhao LS, Emptage M: Bioethanol. Curr Opin Chem Biol 2006,
2:141-146.
2. Farrell AE, Plevin RJ, Turner BT: Ethanol can contribute to energy and
environmental goals. Science 2006, 5760:506-509.
3. Lignocellulosic ethanol pilot plant in Salamanca, Spain (Abengoa
Bioenergy Inc). 2010 [http://www.abengoabioenergy.com/corp/web/en/
acerca_de/oficinas_e_instalaciones/bioetanol/europa/
biocarburantes_cast_leon/index.html].
4. Lignocellulosic ethanol pilot plant in Ottawa, Canada (Iogen Inc). 2010
[http://www.iogen.ca/company/facilities/index.html].
5. Lignocellulosic ethanol pilot plant in Örnsköldsvik, Sweden (SEKAB ETechnology AB). 2010 [http://www.sekab.com/default.asp?
id=2018&refid=2030].
6. Galbe M, Zacchi G: A review of the production of ethanol from softwood.
Appl Microbiol Biotechnol 2002, 6:618-628.
7. Lenihan P, Orozco A, O’Neill E, Ahmad MNM, Rooney DW, Walker GM:
Dilute acid hydrolysis of lignocellulosic biomass. Chem Eng J 2010,
2:395-403.
8. von Sivers M, Zacchi G: A techno-economical comparison of three
processes for the production of ethanol from pine. Bioresour Technol
1995, 1:43-52.
9. Wooley R, Ruth M, Glassner D, Sheehan J: Process design and costing of
bioethanol technology: a tool for determining the status and direction
of research and development. Biotechnol Prog 1999, 5:794-803.
10. Soderstrom J, Galbe M, Zacchi G: Separate versus simultaneous
saccharification and fermentation of two-step steam pretreated
softwood for ethanol production. J Wood Chem Technol 2005, 3:187-202.
11. Wingren A, Galbe M, Zacchi G: Techno-economic evaluation of producing
ethanol from softwood: Comparison of SSF and SHF and identification
of bottlenecks. Biotechnol Prog 2003, 4:1109-1117.
12. Tomas-Pejo E, Oliva JM, Ballesteros M: Realistic approach for full-scale
bioethanol production from lignocellulose: a review. J Sci Ind Res 2008,
11:874-884.
13. Alvira P, Tomas-Pejo E, Ballesteros M, Negro MJ: Pretreatment technologies
for an efficient bioethanol production process based on enzymatic
hydrolysis: a review. Bioresour Technol 2010, 13:4851-4861.
14. Ohgren K, Zacchi G, Galbe M: Optimization of steam pretreatment of
SO2-impregnated corn stover for fuel ethanol production. Appl Biochem
Biotechnol 2005, 121:1055-1067.
15. Cara C, Ruiz E, Ballesteros M, Manzanares P, Negro MJ, Castro E: Production
of fuel ethanol from steam-explosion pretreated olive tree pruning. Fuel
2008, 6:692-700.
16. Sipos B, Reczey J, Somorai Z, Kadar Z, Dienes D, Reczey K: Sweet sorghum
as feedstock for ethanol production: enzymatic hydrolysis of steampretreated bagasse. Appl Biochem Biotechnol 2009, 1:151-162.
17. Barta Z, Oliva JM, Ballesteros I, Dienes D, Ballesteros M, Reczey K: Refining
hemp hurds into fermentable sugars or ethanol. Chem Biochem Eng Q
2010, 3:301-309.
18. Barta Z, Kovacs K, Reczey K, Zacchi G: Process design and economics of
on-site cellulase production on various carbon sources in a softwoodbased ethanol plant. Enzyme Res 2010.

Barta et al. Biotechnology for Biofuels 2010, 3:21
http://www.biotechnologyforbiofuels.com/content/3/1/21

Page 11 of 11

19. Sassner P, Galbe M, Zacchi G: Techno-economic evaluation of bioethanol
production from three different lignocellulosic materials. Biomass
Bioenergy 2008, 5:422-430.
20. Sassner P, Zacchi G: Integration options for high energy efficiency and
improved economics in a wood-to-ethanol process. Biotechnol Biofuels
2008, 1:4-4.
21. Wingren A, Galbe M, Zacchi G: Energy considerations for a SSF-based
softwood ethanol plant. Bioresour Technol 2008, 7:2121-2131.
22. Wilkie AC, Riedesel KJ, Owens JM: Stillage characterization and anaerobic
treatment of ethanol stillage from conventional and cellulosic
feedstocks. Biomass Bioenerg 2000, 2:63-102.
23. Abatzoglou N, Boivin S: A review of biogas purification processes. Biofuel
Bioprod Bior 2009, 1:42-71.
24. Greer D: Fundamentals of biogas conditioning and upgrading. BioCycle
2010, 2:27-30.
25. Tengborg C, Stenberg K, Galbe M, Zacchi G, Larsson S, Palmqvist E, HahnHagerdal B: Comparison of SO2 and H2SO4 impregnation of softwood
prior to steam pretreatment on ethanol production. Appl Biochem
Biotechnol 1998, 70-72:3-15.
26. Soderstrom J, Pilcher L, Galbe M, Zacchi G: Combined use of H2SO4 and
SO2 impregnation for steam pretreatment of spruce in ethanol
production. Appl Biochem Biotechnol 2003, 105:127-140.
27. Sluiter A, Hames B, Ruiz R, Scarlata C, Sluiter J, Templeton D: Determination
of structural carbohydrates and lignin in biomass. Laboratory Analytical
Procedure Colorado: National Renewable Energy Laboratory 2004.
28. Larsson M, Galbe M, Zacchi G: Recirculation of process water in the
production of ethanol from softwood. Bioresour Technol 1997, 2:143-151.
29. Olsson J, Zacchi G: Simulation of the condensate treatment process in a
kraft pulp mill. Chem Eng Technol 2001, 2:195-203.
30. Wooley R, Putsche V: Development of an ASPEN PLUS physical property
database for biofuel components. Technical Report Colorado: National
renewable Energy Laboratory 1996.
31. Peters MS, Timmerhaus KD: Plant Design and Economics for Chemical
Engineers. New York: McGraw-Hill 1980.
32. Levin HM, McEvan PJ: Cost-effectiveness Analysis: Methods and
Applications. CA: Sage 2000.
33. von Sivers M, Zacchi G: Ethanol from wood - A techno - Economic
evaluation of the enzymatic hydrolysis process. LUTKDH/(TKKA-7006) 1993,
1-27.
doi:10.1186/1754-6834-3-21
Cite this article as: Barta et al.: Techno-economic evaluation of stillage
treatment with anaerobic digestion in a softwood-to-ethanol process.
Biotechnology for Biofuels 2010 3:21.

Submit your next manuscript to BioMed Central
and take full advantage of:
• Convenient online submission
• Thorough peer review
• No space constraints or color figure charges
• Immediate publication on acceptance
• Inclusion in PubMed, CAS, Scopus and Google Scholar
• Research which is freely available for redistribution
Submit your manuscript at
www.biomedcentral.com/submit

